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Efficiency Comparison of Large-Scale Standalone,
Centralized, and Distributed Thermochemical Biorefineries

Alberto Alamia,*/ Stefania Osk Gardarsdottir,/) Anton Larsson,'® Fredrik Normann,®

and Henrik Thunman!®

We present a comparison of three strategies for the introduc-
tion of new biorefineries: standalone and centralized drop-in,
which are placed within a cluster of chemical industries, and
distributed drop-in, which is connected to other plants by
a pipeline. The aim was to quantify the efficiencies and the
production ranges to support local transition to a circular
economy based on biomass usage. The products considered
are biomethane (standalone) and hydrogen/biomethane and
sustainable town gas (centralized drop-in and distributed
drop-in). The analysis is based on a flow-sheet simulation of
different process designs at the 100 MWy, Scale and in-
cludes the following aspects: advanced drying systems, the

Introduction

The transition towards a circular economy that is based on
biomass products requires the introduction of new biorefiner-
ies that respect the targets set in terms of sustainability and
economic growth. In particular, thermochemical biorefineries
based on the gasification of lignocellulosic biomass and
waste can combine a large-scale production with a high con-
version efficiency.'™! The development of gasification tech-
nology over the last few decades has resulted in several dem-
onstration plants (1-32 MWy;om.)!"” with efficiencies from
biomass to final product in the range of 50-65 % lower heat-
ing value dry ash-free (LHV,). However, to propel the de-
sired breakthrough of biomass-based products it is necessary
to improve the profitability levels of these plants, through
the increase of the plant size and efficiency and by identify-
ing economically viable opportunities for the chemical, trans-
port, and energy sectors.

The strategies to be used for the introduction of new
gasification plants are not only influenced by the local
energy market (prices of feedstock and products) but also by
the inherent trade-off between the economy of scale and the
logistics of biomass for the plant. In particular, the invest-
ment cost for the handling and preparation (which includes
drying) of the feedstock is considerable because of the low
energy density and high moisture content of the fresh bio-
mass.'" 2l Therefore, the profitability of new plants is affect-
ed by the availability of existing infrastructure for biomass
handling and of other heat sources for drying, for example,
waste heat from existing industrial sites.

The strategies to be applied for the introduction of bio-
mass gasification plants, which are highly dependent upon re-

coproduction of ethanol, and power-to-gas conversion by
direct heating or water electrolysis. For the standalone plant,
the chemical efficiency was in the range of 78-82.8%
LHV,. 5 (lower heating value of the as-received biomass
with 50% wet basis moisture), with a maximum production
of 72 MWy,, and for the centralized drop-in and distributed
drop-in plants, the chemical efficiency was in the range of
82.8-98.5 % LHV,,5s With maximum production levels of
85.6 MWy and 22.5 MWy, /51 MWy, respectively. It is
concluded that standalone plants offer no substantial advan-
tages over distributed drop-in or centralized drop-in plants
unless methane is the desired product.

gional conditions, fall into three main groups: standalone,
which produces biofuel or chemicals; centralized drop-in, for
a cluster of chemical industries; and distributed drop-in,
which involves a connection to a network of chemical plants
(Figure 1). Standalone plants'>'® have their own biomass
handling and product distribution facilities, which entail
either a pipeline (e.g., biomethane) or a truck/ship (other
biochemicals). In contrast to the standalone plants, central-
ized drop-in plants'""! serve a low number of customers lo-
cated closely (i.e., a cluster of industries) with an intermedi-
ate product, which can substitute a fossil equivalent at the
customer’s site directly. Typically, this intermediate is a nitro-
gen-free gas with a composition that varies from pure H,,
which is highly desirable for chemical plants based on oil, to
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Figure 1. Differences between the three different implementation strategies
for biomass gasification, that is, the standalone, centralized drop-in, and dis-
tributed drop-in gasification plants.

a mixture of H, and CO, and CO,, which may also include
significant amounts of CH, and other hydrocarbons. The dis-
tribution pressure is moderate (10-20 bar) so that gases with
high dew-points and a significant fraction of CO, can be
transported. This reduces the complexity of the centralized
drop-in gasification plant compared to that of a standalone
plant as the final product upgrade is performed by the exist-
ing equipment at the premises of the costumer. Further syn-
ergies can be achieved by, for example, integrating the steam
cycle or utilizing existing methane reformers. However, an
infrastructure for biomass handling (storage, drying, trans-
port terminal, etc.) is often missing and needs to be built on
an ad hoc basis. Distributed drop-in gasification plants are
not integrated physically with the synthesis process at the
customer’s site but instead produce a nitrogen-free, inter-
mediate product for distribution through a regional pipeline
(Figure 1), herein termed “sustainable town gas” (STG). The
main advantage of distributed drop-in plants is the possibility
to build them at locations favorable for biomass logistics,
that is, easily accessible by road, railway, and ship. In particu-
lar, existing biomass boilers and pulp mills have the required
infrastructures (biomass handling, steam cycles, heat recov-
ery network, and in many cases even dryers) to achieve
a high performance through retrofitting or upgrading to
gasification plants, although they lack a pipeline connection
to the customers’ plants. Another potential advantage of de-
centralization is the redundancy of the regional STG/H,
pipelines with respect to the national gas grid, which offers
flexibility to consumers in terms of seasonal variations of
prices and the production of gasification-based products.

We present an analysis of proposed process designs for
standalone, centralized drop-in, and distributed drop-in
plants with the aim to quantify their efficiencies and produc-
tion ranges. The results are intended to support the formula-
tion of local strategies for the introduction of gasification
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processes as part of the transition to a circular economy. The
evaluation was performed using process simulations in
Aspen Plus based on the design of the GoBiGas plant,”**
which produces biomethane (also referred to as synthetic
natural gas, substitute natural gas, or SNG) from biomass on
a commercial scale and represents the state-of-the-art tech-
nology for highly efficient gasification.

Methodology

We focus initially on the evaluation of the state-of-the-art
standalone biomethane plant operated on a commercial
scale, with the introduction of a series of proposed improve-
ments to the process. In the second phase of the study, pro-
cess designs for distributed drop-in and centralized drop-in
plants are analyzed and compared to those for standalone
plants with a focus on the achievable efficiencies and product
ranges. The process design for the standalone plant was
based on that of the GoBiGas plant”?*?*%! in Gothenburg,
Sweden, which is currently the largest plant in the world that
combines biomass gasification technology and methane syn-
thesis. The GoBiGas plant was constructed in 2014 as a
demonstration plant with a capacity of 32 MWy
(20 MW iomemane) Dased on the lower heating value (LHV) of
dry ash-free biomass and it uses predried feedstock.”” The
biomethane produced has a methane content >96 %,, which
is injected into the national natural gas grid. In this investiga-
tion, a plant size of 100 MW ;. 1S Used as the reference, in
which 100-300 MWy, Would be considered optimal for
commercial gasification plants.”**! The feedstock has a mois-
ture content of 40% on a wet basis (w.b.) and the effects of
dryers (not included in the GoBiGas design) that are inte-
grated with the heat recovery network and steam cycle are
analyzed.

Other aspects investigated for the standalone strategy
were: (i) the possibility to introduce power-to-gas technolo-
gies to increase the production of methane; and (ii) the cop-
roduction of methane and ethanol. Power-to-gas technologies
are of interest because electricity can be added intermittently
to a continuous production process, which thereby enables
conversion from intermittent renewable energy sources.

Furthermore, the surplus of electricity generated from the
excess heat in the process can be converted to methane to re-
circulate energy in the process. Two power-to-gas technolo-
gies were investigated: a traditional process based on the
electrolysis of water and the direct heating of the gasifier to
reduce char combustion.”” The coproduction of methane
and ethanol was considered as ethanol is the main drop-in al-
ternative to gasoline on the market. The biochemical path-
way (syngas fermentation) to ethanol was selected as it
offers a high efficiency, tolerates sulfur impurities in the
syngas (in contrast to metallic catalysts), and is less affected
by inert gases, such as methane. Furthermore, the production
technology has recently reached the stage of maturity neces-
sary for industrial applications.*?"]

The high-energy demand for distillation is a key issue to
achieve a high efficiency for ethanol production, and the
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direct integration of the distillation process into the rest of
the plant would lead to an overall low efficiency as extensive
streams with high exergy would be used to meet a demand
that could instead be achieved using a low-exergy stream.
However, the water/ethanol mixture can be stored in regular
tanks, which provides an opportunity to use the distillation
process to balance the load of other low-temperature heat
sources, for example, a district heating plant, or to balance
the electricity demand within the grid. This confers advantag-
es upon the local/regional energy system that can motivate
the production of ethanol.

In the investigation of centralized drop-in and distributed
drop-in plants, two possible nitrogen-free intermediate prod-
ucts are considered: STG, that is, upgraded syngas from bio-
mass gasification, and hydrogen. The major difference be-
tween the two intermediates is the presence in the STG of
CH, (5-15%,), which is a typical product of biomass gasifica-
tion. As chemical factories reform CH, to syngas, its produc-
tion during gasification is rather a penalty than a benefit,
contrary to that in the biomethane process. However, the re-
forming of renewable methane is questionable as it is a valua-
ble product on the biofuel market. Therefore, the two inter-
mediates taken into consideration represent two extreme
choices: (i) STG for supply to industries already equipped
with a natural gas reformer and (ii) hydrogen obtained by
separation (coproduction) in the biomethane process. The
separation of hydrogen in the biomethane process was inves-
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tigated by using vacuum pressure swing adsorption (VPSA).
Both intermediate products can be produced by distributed
drop-in and centralized drop-in plants, although STG is con-
sidered more suitable for distributed production and distribu-
tion because of its lower energy demand for compression.

Investigated designs and system boundaries

We focus on four design classes (Figure 2 and Table 1). The
classification is based on the final product of the process. De-
signs of class A produce biomethane, class B designs produce
methane and ethanol, class C designs produce methane and/
or STG, and class D designs produce biomethane and hydro-
gen. The process analysis includes the gasification and gas
synthesis as well as the steam cycle for heat recovery and
electricity production, which is not included in the current
GoBiGas process. The outline of the gasification plant and
methane synthesis are common to all the designs and are
based on the layout of the GoBiGas plant (outlined in black
in Figure 2 and described in greater detail in a later section).
Briefly, the gasification plant includes a gasification section
that is based on dual fluidized bed (DFB) technology and tar
removal stages, and the produced syngas is subsequently
compressed and delivered to the premethanation section or
to the STG grid (Figure 2¢). In the premethanation section,
the gas undergoes further cleaning steps (hydrogenation of
olefins, removal of H,S and CO,), a water gas shift (WGS)
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Figure 2. a,b) Designs A.1-5 for a standalone biomethane plant and design B for a plant with the coproduction of ethanol. ¢,d) Designs C and D for the copro-
duction of STG/biomethane and H,/biomethane, respectively, in a distributed/centralized drop-in plant.
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Table 1. Designs of the plants used in the present investigation.

Design Product 1 Product 2 Strategy Networks Power-to-gas Drying

Al biomethane - standalone NGE!, electricity no none

A2 biomethane - standalone NG, electricity no single-stagel®
A3 biomethane - standalone NG, electricity no double-stagelc]
A4 biomethane - standalone NG, electricity electrolysis double-stage!®
A5 biomethane - standalone NG, electricity direct heating double-stage!
B biomethane ethanol standalone NG, electricity, ethanol no double-stage!
C STG biomethanel? centralized/ distributed STG, electricity, NG no double-stage!®
D hydrogen biomethane centralized/distributed hydrogen, NG, electricity no double-stage!

[a] NG: natural gas. [b] Air-drying. [c] Air- and steam-drying with moisture recovery as the gasification agent. [d] Optional.

reaction, and an initial premethanation reaction. In the final
methanation section, the syngas is converted fully to meth-
ane in a four-stage direct methanation process and then
dried to achieve a methane content >96 %,. The modifica-
tions made to the other designs are highlighted in color (Fig-
ure 2a—d).

A detailed list of the investigated designs is given in
Table 1. Compared to the GoBiGas design A.1, design A.2
includes additional air-drying of the fuel® in which the
moisture content is reduced from 40 to 20% w.b. Design A.3
includes additional air-drying, complemented with a steam
dryer that recovers the evaporated water as a gasification
agent (which thereby reduces the steam demand for the gas-
ifier). Design A.3 is used as the base case for the standalone
biomethane plant and for the distributed/centralized drop-in
plants. Designs A.4 and A.5 evaluate two power-to-gas con-
cepts. The first concept includes an electrolyzer that feeds
hydrogen to the syngas in the premethanation section (A.4).
In the second design concept, the gasifier is heated electrical-
ly (A.5). The power-to-gas designs can use both the electrici-
ty produced from the excess heat in the plant and electricity
derived from intermittent energy sources (wind and solar)
and drawn from the grid.

The maximum production level of ethanol is obtained by
considering the entire syngas flow, although the production
can be shifted towards methane, which thereby bypasses the
fermentation plant. A similar approach is applied in de-
sign C, in which STG is produced in a distributed/centralized
drop-in plant (Figure 2¢). Design D is used to investigate the
coproduction of biomethane and hydrogen by the VPSA sep-
aration upstream of the final methanation step. In this case,
an additional WGS reactor is introduced at high temperature
(400°C) to maximize the production of hydrogen.

Process layout and modeling

The process simulations were performed by using Aspen
Plus using hierarchy blocks with submodels of different pro-
cess equipment and Fortran routines. The flow-sheet model
has been validated against data from the GoBiGas plant!’-?
(Table 2), together with additional measurements brought
forward to this work (see later, Table 4). The heat integration
in the plant is evaluated and optimized by applying a pinch
analysis,®” in which the heat recovery network is comple-

Energy Technol. 2017, 5, 14351448
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Table 2. Experimental data from the GoBiGas plant (gasification section).

DFB gasifier HT LT
gasifier bed temperature [°C] 870 820
raw gas temperature [°C] 815 800
combustor temperature [°C] 920 870
max. steam temperature [°C] 550 550
maximum air temperature [°C] 550 550
flue gas temperature [°C] 140 140
fluidization steam [kg kga,r '] 0.5 0.5
stoichiometric ratio combustor 1.2 1.2
purge gas (CO,) flow [kgkgu.s '] 0.1 0.1
gas composition HT LT
H, [vol %4, 42.1 39.9
CO [vol %4, 24.1 24.0
CO, [vol %y, 23.51 25.31
CH, [vol %4, 8.6 7.7
C,H, [vol %4, 0.13 0.13
CyH, [vol %y, 2.0 1.9
CyHg [vol %y, 0.19 0.19
C3Hg [vol %4, 0.001 0.001
H,O [vol %] 6.3 6.3
total tar [gNm ™ 10 20.5
BTX [gNm ™’ 3 7

[a] net of the purge gas; [b] saturated

mented with biomass dryers and a steam cycle for the pro-
duction of electricity. The overall property method used,
unless stated otherwise, is the Peng—Robinson equation of
state with Boston—-Mathias modification.

Process design based on GoBiGas

The layout of design A.1 (GoBiGas) is presented in Figure 3,
and all the experimental data used in the simulations are re-
ported in Figure 3 and Tables 2 and 3. The submodel used
for the DFB gasifier is based on a previous study®® in which
experimental data (Table 3) were used to calculate a set of
fuel conversion variables that describe the gasification and
combustion processes. The experimental data are taken from
a previous evaluation of the GoBiGas gasifier™ with full
closure of the mass balance, and with an operation range
that varies between two operating conditions: high-tempera-
ture (HT) operation with gasification at 870°C and a tar con-
tent of 10 gNm*; and low-temperature (LT) operation with
gasification at 820°C and a tar content of 20.5 gNm™. The
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Figure 3. Process flow-sheet of the GoBiGas design at 100 MW,,,...... Designations: 1 gasifier (separate DFB submodel)"®; 2 combustor (separate DFB submo-
del); 3 cyclone; 4 postcombustion chamber; 5 raw gas cooler; 6 raw gas filter; 7 RME scrubber; 8 carbon beds; 9 flue gas train; 10 fuel feeding system;
11 product gas compressor; 12 olefins hydrogenator; 13 COS hydrolyzer; 14 H,S removal (separate submodel); 15 guard bed; 16 WGS; 17 premethanation;

18 CO, removal (separate sub-model); 19 methanation; 20 TSA drying.

fuel conversion variables include char gasification X,, oxygen
transport, and the fraction of volatile matter that is convert-
ed to each of the energy-carrying compounds of the raw gas.
One advantage of this approach is that the heat balance can
be extrapolated for different conditions.”* This method en-
ables the transfer of experimental knowledge from smaller
facilities to a larger plant, which can differ with respect to
heat losses, preheating of ingoing streams, moisture content
of the feedstock, and other parameters that affect the effi-
ciency of the process. Compared to the GoBiGas plant
(32 MWiomass)s the heat balance in the flow-sheet
(100 MW igmase design A1) is modified to account for the
preheating of the steam and air to a higher temperature
(550°C instead of the 350°C used in the current operation)
and reduced heat losses, from 5.2% of the energy in the
fuel® (current design) to 0.5-2.5%, compared to the heat
losses of the circulating fluidized bed (CFB) boilers of a rele-
vant size.*!!

The flue gas from the combustion side of the DFB gasifier
is directed to a postcombustion chamber (4 in Figure 3),
which is then used to combust the off-gases and slipstreams.
The sensible heat in the flue gases is then recovered through
heat exchange (9). The raw gas produced is cooled (5), and
any particles are removed by passing through a textile-bag
filter (6), before it enters the tar scrubber (7). A continuous

Energy Technol. 2017, 5, 14351448
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flow of rape methyl esters (RME) is fed into the scrubber to
avoid saturation by naphthalene, which is the main tar com-
ponent removed in this stage. The used RME and the ex-
tracted tar are fed to the combustor to provide additional
heat to the gasification process.

Downstream of the scrubber, a fan controls the gas flow
through the gasifier and enables the recirculation of raw gas
to the combustor, which thereby provides extra heat to the
gasification process if necessary. A minimum level of recircu-
lation of the raw gas is required to stabilize the temperature
in the gasification system and to cope with fluctuations in the
moisture content of the fuel. Light cyclic hydrocarbons,
mainly benzene and small fractions of toluene and xylene
(referred to as BTX) remain in the gas at this point and they
are removed in the subsequent section through a series of
three fixed beds that are filled with active carbon. The plant
has four active carbon beds (8), which enable the steam re-
generation of one bed at all times. The off-gases from the re-
generation are condensed to recover heat, and the extracted
tar compounds are fed to the combustor. Notably, for large
plants, a scrubber might be a suitable alternative to the
carbon beds, although this issue is outside the scope of the
present study.

The syngas derived from the gasification requires further
cleaning and shift stages to achieve the level of purity and
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Table 3. Data from GoBiGas plant (tar removal and H,S and CO, removal

sections).

Tar cleaning

cooler temperature [°C] 160

maximum tar content in raw gas [gNm ] 25

fresh RME flow [MWgye/MWi,el 3.0

temperature of RME scrubber [°C] 35

average flow of steam to carbon 9.2

bed [kg kgemc ']

temperature of steam to carbon beds [°C] 250

pressure of steam to carbon beds [bar] 3.8

amine processes H,S re- CO, removal
moval

absorber pressure [bar] 13.7 11.3

stripper pressure [bar] 1.2 1.3

solvent concentration in CO,-unloaded 37.5/0 35.2/6.3

solution, MDEA/PZ [wt %]

lean solvent loading [molco, MOlsgyen '] 0.02 0.28

heat requirement for solvent regener- 2.24 0.83

ation [M] kgco, ']

electricity requirement [MW] 0.05 0.09

cooling requirement [MW] 4.09 2.37

H,S removal rate [%] 59 -

H,S concentration in clean gas [ppm] 0.01 -

CO, removal rate [%] 56 95

CO, concentration in clean gas [%,] 13.8 2.5

CO, final pressure [bar] 1.2 7

composition required for the final synthesis of methane. The
pressure in the premethanation section is increased to 16 bar
through a six-stage intercooled compressor to meet the re-
quirements for the hydration of olefins and COS (carbonyl
sulfide) in reactors 12 and 13. Notably, the pressure level is
not set by the methanation stages, as assumed in some previ-
ous studies. The subsequent cleaning steps include the H,S
(14) and CO, (18) separation processes, which rely on selec-
tive chemical absorption using amines under pressurized con-
ditions, in which methyl diethanolamine (MDEA) is used in
the former process and a MDEA + piperazine (MDEA +PZ)
mixture is used in the latter.

The high pressure in the premethanation section is de-
creased partially in the CO, separation stage (Figure 4) to
reduce the heat consumption in the reboiler significantly
(Table 3).The simulation of the H,S and CO, separation pro-
cesses is performed separately in two submodels using a rate-
based approach, the Aspen Plus built-in electrolyte NRTL
method and the Redlich—-Kwong equation of state to com-
pute liquid- and vapor-phase properties, respectively. The ab-
sorption and stripper columns are modeled as multistage
packed columns that use the IMTP™ packing material. The
compositions of the solvents and the energy input for solvent
regeneration are based on data obtained from the GoBiGas
plant.

The removal of the H,S is modeled according to the work
of Bolhar-Nordenkampf et al.*®) who used a standard absorb-
er—desorber setup with a lean-rich solvent heat exchanger
between the columns. The submodel for CO, removal
(Figure 4) is based on the layout of the GoBiGas plant and
includes standard process units as well as additional two-
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CO, product gas

CO, lean
process gas

CO, compressor
Flash gas Condenser CO, p

CO, rich
process gas Reboiler
I
CO, rich Cco,
absorber HP flash  LP flash stripper

MDEA+PZ based solvent

Salvent cooler

Figure 4. Submodel for the separation of CO,.

stage flashing of the CO,-rich solvent between the absorber
and the cross-heat exchanger. The CO, removed in the first
scrubber-absorber is contaminated with H,S, whereas that re-
moved during the second process is of higher purity and is
compressed to 7 bar for use as a purge gas. Both CO,-con-
taining streams are suitable for use in carbon capture and
storage (CCS), which would create a negative CO, impact
for the use of this biomass.

The gasification plant has the potential to become
a carbon-negative facility by combining bioenergy with
carbon capture and storage (BECCS).’®! BECCS requires
additional on-site compression to 70-110 bar for the trans-
portation and storage of the CO,.**! CO, storage for climate
mitigation is a clear use for the separated CO,, so the con-
cept of BECCS has been discussed as a promising tool to
attain stringent climate mitigation targets.

A guard bed (15) is located upstream of the reactors with
a sulfur-sensitive catalyst to protect it from possible contami-
nation. The WGS reactor (16) is operated at approximately
300°C, and the H,/CO ratio is increased from the original
value of approximately 1.7 to the optimal value for the syn-
thesis of methane of >3. Thereafter, the syngas is directed to
a premethanation reactor, in which some of the CO and CO,
is converted to CH, (17) and the C, and C; hydrocarbons are
cracked; as these reactions are strongly endothermic, and the
temperature increases to around 680°C. The methanation
process (19) is a proprietary Haldor Topsge technology
named TREMP,® which is based on the MCR methanation
catalyst. The main characteristic of this system is the high
temperature increase allowed in a single reactor (up to
500°CP), which results in a very low (or zero) recycle ratio.
The fixed-bed design of the reactors enables the recovery of
excess heat in the form of high-pressure superheated steam.
In the GoBiGas plant (Figure 3), four methanation reactors
without recycling are applied, followed by a final drying
stage based on temperature swing adsorption (TSA), which
then meets the purity target (>96 %, methane, <0.5%, CO,
<1%, H,). The methanation reactors are simulated as Gibbs
reactors with a maximum temperature in the first stage of
<680°C. Steam is added before the first methanation stage
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to avoid carbon formation on the catalyst. The final product
is delivered at 6.0-6.5 bar to the compression station (not in-
cluded in the process analysis), in which the pressure is once
again increased to 30 bar to enable injection into the natural
gas network.

Additional modeling of process equipment
Dryers

The modeling of the air dryer is based on the work conduct-
ed by Holmberg and Ahtila,® which involves single-stage
drying without recycling, and the modeling of the steam
dryer follows the work of Alamia et al.’”! The steam-drying
is divided into three stages with steam temperatures of 150,
120, and 150°C to dry and preheat the biomass. The concept
enables a moisture content of <5% w.b. with the extraction
of the evaporated moisture in the final two stages to yield
a final moisture temperature of around 150°C. The moisture
recovery corresponds to a saving of 0.2-0.25 kgy o kgg. ' of
the gasification steam (drying from 20 to 3-5% w.b.), which
represents approximately half of the steam used in the DFB
gasifier. The specific work consumption is calculated from
the results of the CFD and Aspen simulations of the dryer,
as presented previously®”! (Table 4).

Power-to-gas

Power-to-gas processes based on electrolysis are commercial-
ly available.”®*" In a biomethane plant, electrolysis is oper-
ated at 10 bar, and the hydrogen is injected after the WGS
reactor to adjust the H,/CO ratio before methanation. Com-
pared to the standalone electrolysis processes, integration in
a biomethane plant is particularly favorable because of the
existing methanation reactor and the renewable CO and CO,
already present in the syngas, which otherwise would have to
be obtained from other processes. Furthermore, the oxygen
can be used in the combustor to reduce the inlet air flow, so
the only equipment required is the electrolyzer. In the flow-
sheet model, the electrolyzer is simulated from data obtained
previously with regard to the alkaline electrolyzer'*'! module
of 3.5 MW,, electrical capacity, based on the original Lurgi
technology.””! This represents the state of the art in large-
scale alkaline electrolyzers and it is currently used in several
plants. The input data used in the simulations are summar-
ized in Table 4. The heat released during the electrolysis pro-
cess is not accounted for in the pinch analysis because of the
low outlet temperature of the cooling stream (<50°C) asso-
ciated with the current design of the unit. A retrofit of the
current design of the electrolyzer is outside the scope of this
work. To calculate the range of operation of the electrolysis
process, two cases are investigated: zerog, in which only the
electricity produced in the plant is converted; and the maxi-
mum electricity case (maxg), in which electricity from the
grid is used to achieve the H,/CO ratio for methanation with-
out a WGS reactor.

Energy Technol. 2017, 5, 14351448
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Table 4. Literature data for modeling.

System and parameters Data

air dryer?®

air temperature [°C] 95
specific heat consumption [k} kgy,o '] 2900-2750
specific work consumption [k) kg0 ] 20-150
recirculation rate [%] 0-15
steam dryer: three stages®”

steam temperatures [°C] 150, 120, 150
specific heat consumption [k} kgy,o '] 2310
specific work consumption [k) kg0 ] 352

final biomass temperature [°C] 112
recovered moisture temperature [°C] 150

syngas fermentationl?®2 444l

inlet pressure [bar] 1.8
makeup process water [tt., '] 8.5/
overall CO conversion [%] 5014480l
overall H, conversion [%] 45144750
char gasification

char gasification range [%)] 40-70
electrolyzer!*"

pressure [bar] 10
electricity consumption [kWh Nmy, ~°] 45
VPSAH

syngas inlet pressure [bar] 13.2
pressure drop of H, [bar] 0.1
pressure ratio of CH,-rich gas 16.5
compression of CH,-rich gas [bar] 7.5

H, recovery [%)] 75-95 (max)
high-temperature WGS [°C] 400

steam cycle

steam pressure [bar] 100

steam temperature [°C] 580

cold utility temperature [°C] 15
minimum vapor fraction in turbine 0.88
number of pressure levels in the plant 2-5
AT, [°C] 5-10
turbine isentropic efficiency 0.78-0.93

Power-to-gas conversion through the direct heating of the
DFB gasifier can be achieved by introducing a resistance
heater into the DFB gasifier or by further preheating the
inlet gases.””! The effect is a reduction of the internal heat
demand of the gasifier, which thereby reduces char combus-
tion and increases char gasification. The main advantage of
this process over electrolysis is its higher efficiency as almost
all the electricity provided is stored in the forms of gasifica-
tion products and it has lower investment costs. A technical
limitation of this technology is the maximum gasification of
char that results from the conversion of biomass in the gasifi-
er. This is limited arbitrarily to 70 % in the simulations based
on the current gasification level in the GoBiGas plant
(~54%?) with the assumption that it can be increased by
optimizing the reactor design, the catalytic effects of the ash
compounds,?*! and the heat balance in the DFB reactors.
The range of operation is calculated by investigating the
zerog, case and the maximum gasification case maxg,.
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Ethanol fermentation

Ethanol can be produced by syngas fermentation!**#%]
that uses fermenting organisms that have high tolerances for
contaminants, such as sulfur and some tar compounds. The
modeling of the fermentation process is based on the Lanza-
Tech design for the steel-manufacturing industry as it cur-
rently is the most advanced design in terms of scale reported
previously and is already in production in two plants in
China,?**! with an output capacity of 300 tonnes per year
(0.35 MW).1“l The technology used for fermentation to pro-
duce syngas from gasification was recently (May 2016) ac-
quired by Aemetis, which is planning the construction of
a plant with a capacity of 24 tonnes per year, to be complet-
ed in 2017, followed by expansion to 96 tonnes per year.™”
In the LanzaTech process, the syngas is introduced into the
bioreactor and mixed with the liquid medium that contains
the biocatalyst (the bacterium Clostridium autoethanoge-
num), which is consumed throughout the reactor. The prod-
uct at the outlet of the reactor is directed to the steadfast
separation system (which includes distillation), which recy-
cles the liquid that contains the microorganisms to the bio-
reactor and separates the main product from the byprod-
ucts.”! As the information available from the process manu-
facturers is limited, the flow-sheet simulation (Figure5) is
modeled by introducing data from other studies [Egs. (1)-

)]

4CO +2H,0 — CH,COOH +2CO, (1)
4H, +2CO, — CH,COOH +2H,0 2)
6CO +3H,0 — C,H,OH + 4 CO, (3)
6H, +2C0O, — C,H;OH +3H,0 (4)

The fermentation process is simulated with a stoichiometric
reactor using reactions (1)—(4). The conversion rates of CO

H2S & CO2
CO2
WGS CO:z
removal

Syngas s H.S

HT removal LT

‘-D Off-gas

(to methanation)
VPSA

compressor

> Hydrogen

VPSA
units

e
—

Figure 5. VPSA design scheme (syngas from the COS reactor and heat ex-
changers and condensers not included).
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and H, in the process are set at 50 and 45 %, respectively, ac-
cording to previous data from studies with a gas that has
a similar Hy/CO ratio.””-*%2l However, higher conversion
rates (c; for CO, 80%; and for H,, 75%) can be achieved
through extensive recycling.”*! As a result of a lack of pub-
lished data, two cases are simulated (cgyy, and csyq, in the re-
sults) to cover the whole range. The concentration of ethanol
in the outlet liquid has not been reported for the demonstra-
tion units, which creates uncertainty with regard to the esti-
mate of the distillation energy. Here, the final concentration
of ethanol is set within the range of values reported previ-
ously: from 0.5%7 to 48 g L"1.% The distillation energy is not
accounted for in the analysis of the plant as other low-tem-
perature energy sources can be involved and this would re-
quire a dynamic analysis of the local/regional system, which
is outside the scope of this work. For this reason, the results
for the ethanol process are presented based on the ethanol/
water mixture that exits the fermentation reactor.

Vacuum pressure swing adsorption (VPSA)

A VPSA®> unit for hydrogen separation is selected to min-
imize electricity consumption, if we consider the pressure
levels in the process. The hydrogen stream is delivered at
13.1 bar without supplementary compression. Instead, the re-
maining methane-rich gas is recompressed from 0.8 to
7.5 bar before the final methanation stages.

The VPSA is controlled to allow separation of 75-95 %7
of the hydrogen in the syngas stream and to have a H,/CO
ratio in the remaining gas stream that matches the require-
ment for methanation. In the coproduction of hydrogen and
methane, the electricity demand in the plant can be a limiting
factor because of the increased consumption by the VPSA
compressor and the different heat releases in the methana-
tion reactors. Therefore, for design D, we investigated two
cases, zerog and maxy,, in which H, production is controlled
so as to have a zero consumption of electricity in the plant in
the first case, and in the second case, electricity from the grid
is used to maximize H, production. The maximum hydrogen
production level is obtained by increasing the WGS and the
hydrogen separation in the VPSA system up to the maxi-
mum level of 95%.

STG and methane coproduction

During the production of STG, the excess heat in the process
may be insufficient to cover the heat demand of the dryers
and for the generation of electricity because of the absence
or reduction of the methanation reaction. Therefore, the sim-
ulation was performed for two cases: (i) zerog, in which com-
bustion is increased to provide heat for the steam cycle to
cover the internal electricity demand of the plant and (ii)
maxgrg, in which the DFB gasifier is operated as shown in
design A.3 LT and electricity is bought from the grid.
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Heat integration and steam cycle

Here, the ideal heat recovery targets are estimated from the
analysis of the thermal cascade of the process by setting
a minimum temperature difference (AT,,;,) for heat exchange
and by applying the pinch analysis in line with previous stud-
ies.?*>! The grand composite curves (GCC) are used to rep-
resent the heat cascade graphically, which shows the amounts
of heat available in the process at the different temperature
levels for conditions of ideal heat recovery. To investigate
the integration of the steam cycle in the process, the GCC of
the process and the steam cycle are plotted against each
other by applying the principles of split-GCC graphical anal-
ysis.P!

To optimize the steam cycle steam temperature and pres-
sure levels, the optimal mass flows to maximize the power
production are predefined. In the steam cycle, the steam
data at the first stage of the turbine are set as constant for all
the designs, whereas the other pressure levels are varied de-
pending on the temperature levels in the heat cascade. Dis-
trict heating is not included in the study, and a water stream
at 15°C is used as the cold utility. The isentropic efficiency of
the turbine 7y is in the range of 0.78-0.93 and is estimated
as a function of mass flow and pressure [Egs. (5)—(7)], based
on previous work.” The data used in the steam cycle are
summarized in Table 4.

Nris = 0.0517In(x) + 0.515 for x < 500 (5)
N1 = 0.035In(x) + 0.622 for x < 500 6)
m Ah,
=5 7
R @

Process indicators

The performance analysis of a multiproduct plant requires
the monitoring of several streams and it can be evaluated by
different efficiencies. The evaluation of the outlet streams in
this work includes all the chemical products (biomethane,
STG, hydrogen, and ethanol) as well as the CO, streams for
potential carbon storage or other applications. The chemical
efficiency 7, (Table 5) is calculated from the yields of chemi-
cal products based on the sole biomass energy input. Nota-
bly, the efficiency of ethanol production is given on a dry
basis and the energy penalty for the distillation is not consid-
ered, as discussed above. The electricity in the plant can be
produced and delivered to the grid or consumed from the
grid; in the definitions of the efficiencies, this is described by
the net electricity consumption El, and the net production
of electricity El,,. The performance of the gasification sec-
tion is evaluated by the cold gas efficiency 7, calculated as
the energy content in the product gas compared to the
energy in the dry as free biomass.

The chemical and total efficiencies (Table 5) can be calcu-
lated from the energy input of the biomass (7., #i,) Or the
total energy input that includes the RME flow (3, 7). In
the results, the efficiencies are calculated from the lower

Energy Technol. 2017, 5, 14351448

FULL PAPER

Table 5. Efficiency definitions.

Efficiency Definition
based on biomass input

cold gas efficiency Neg = Ees.

Ebiom
chemical efficiency Nen = Een, + EST“E+ Eu, + Eethan

biom

total efficiency Mot = Bon, + ESIGE:nmE: Elf“h“" + Blou

Ecy, — E'cn,

power-to-gas efficiency Mo = F |

based on all energy inputs
Ecu, + Est + En, + Eegan

out

chemical efficiency nh =

Evjom + Erve
total efficiency Ny = Ean, +§:_TG igil i g::;: Pl
om in :

[ '] Reference process, as in equations.

heating value of the as-received biomass (LHV,,) with 50 %
w.b. moisture, which corresponds to the average moisture
content after harvesting in the northern hemisphere. This
biomass is of the lowest market value, which is critical for
the economic viability of the plant; further drying to 40%
moisture is assumed to occur naturally if sufficient storage
time is allowed before delivery. The results based on the
LHV,, are reported for comparison with other studies and
are comparable with the efficiencies calculated from the
higher heating value (HHV).

The power-to-gas conversion is assessed based on the effi-
ciency 7pyg, Which is a marginal efficiency that compares the
increment of biomethane production from a reference case
with the amount of electricity consumed to obtain that incre-
ment. This is not an absolute value as it depends on the ref-
erence process.

Results and Discussion

The gas compositions calculated for different stages of the
process and the error levels compared to the data obtained
from the GoBiGas plant are given in Table 6. The calculation

Table 6. Validation of the model versus measurements from the GoBiGas
plant (A.1 HT design). The equipment numbers refer to Figure 3.

Outlet reactor 6 7 11 13 15 17 18  Final
H, [%,] 41.8 41.8 41.8 405 479 353 483 1.9
CO [%,] 23.7 23.7 237 243 285 115 144 =0
CO, [%)] 24.9 249 249 253 120 264 1.7 1.1
CH, [%.] 7.6 7.6 7.6 7.8 9.2 26.8 356 97
CH, [%.)] 2.0 20 20 0 0 O 0 0
C,He [%.] ~ ~0 ~0 0 0 0 0 0
CHe [%.] 0 0 0 21 24 ~0 ~0 ~0
CHg [%) 0 0 0 ~0 ~0 =0 =0 0
H,S [ppm] ~100 =100 <5 <5 0 0 0 0
BTX [gNm | 7 7 0 0 0 0O 0 0
CHplgNm™?® 135 0o 0o 0 o0 0 0 o0
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Table 7. Results of the simulated designs for a biomass input of 100 MW,,; and RME input of 3.3 MWgy. The designs and cases are described in the Meth-
odology and Process layout and modeling sections.
Material products Design A.1 Design A2 Design A3  Design A4 (LT) Design A5 (LT) Design B (LT)  Design C (LT)  Design D (LT)

no drying air-drying base case  electrolysis direct heating  ethanol+CH, STG H,+CH,

HT LT 750°C HT LT HT LT zZerog  Mmaxg Zerog  maxg  Cgoy Cso9 Zerog  Maxsyg Zerog — maxy,
biomethane [MWcy, | 56.8 57.6 61.3 67 679 712 720 72.8 80.4 73.4 77.2 42.5 49.1 0 0 51 35.6
ethanol [th™ "] 0 0 0 0 0 0 0 0 3.41 269 0 0 0 0
STG [MW]® 0 0 0 0 0 0 0 0 0 0 0 85.6 91.6 0 0
hydrogen [MW, ] 0 0o 0 o 0 0 0 0 0 0 0 0 225 424
separated CO, [th™"]“Y 14.3 154 16.0 159 163 164 16.4 16.3 15.4 16.5 17 10.1 10.8 7.1 7.1 20.0 233
electricity balance
Elu—Eliy [MW,] 62 47 30 32 24 16 12 =~ ~128 =0 34 =~ ~ ~0 38 ~ —6.1
Elgormang [MW,] 41 41 43 48 47 54 53 71 205 70 105 43 47 45 48 62 121
compressor [MW,] 29 29 3.0 3.2 3.2 3.4 3.4 3.4 3.5 35 3.8 1.6 2.6 3.2 3.4 33 3.4
dryers [MW,] 035 035 08 038 0.8 0.8 0.8 0.8 0.8 0.8 0.80 080 028 0.8
Elpe MW, 12 15 12 438
LT heat demands
Orevariors [MW] 52 56 58 58 60 61 6.1 6.0 56 60 63 519 520 2 2.1 73 100
Qdryers MW] 6.1 6.1 8.9 8.9 8.9 8.9 8.9 8.9 89 8.9 8.9 8.9 8.9 8.9
fuel conversion
char gasification 04 04 04 0.45 053 056 0.61 0.61 0.61 0.6 0.7 0.61 0.61 0.48 0.61 0.58 0.61
recirc. of raw gas [MW] 10.1 4.4 0.9 09 09 09 09 0.9 0.9 0.9 0.9 0.9 0.9 0.9 0.9 0.9 0.9
efficiencies
Nee [% LHV,y] 674 68.1 723 792 79.8 840 848 857 947 867 910 848 848 848 848 848 848
Nen [% LHV gu] 56.8 57.6 613 67 679 712 72 72.8 80.4 73.4 77.2 67.9 69.1 85.6 91.6 73.5 78
Mot [%6 LHVya] 63 623 643 70.2 703 728 732 72.8 70.5 73.4 73.8 69.7 711 85.6 88.2 73.5 73.6
Nen [% LHV, 10 653 663 705 771 78 819 828 838 925 844 888 781 795 985 1054 846 89.7
Mot [96 LHV, ] 725 717 73.6 808 809 838 842 838  81.1 844 850 802 81.8 985 101.5 84.6 84.7
Meac [%] 65 60 118 114l 1 sg[h] 740
[a] In solution with water ~5 gL™. [b] After H,S removal. [c] Net of the purge gas. [d] Contains H,S. [e] No distillation. [f] Based on 50% w.b. moisture bio-
mass. [g] Reference design A.3 LT. [h] Reference design C zerog,. [i| Reference design D zerog,.

shows a deviation from the measurements made at the plant
in the range of £10%. Therefore, the flow-sheet model is
considered to be reliable for simulations. The results for each
design are presented in Table 7, and the production and effi-
ciency ranges and the rates of conversion of electricity to bi-
ofuels are compared in Figures 6 and 7.

=100 e A1 (no drying) 1009e

o A.2 (single drying) TS

3 4 o A3 (double drying) [ ==
% 80 o Adzero 80
E e A5 zerog, -
§ 60 o C zerog ¢ 60
g e D zerog, §
E 40 ;5 40
8
c 20 20
@
£
o 9 0

0 20 40 60 80 100 0 50 100

Biomethane / MWCHA

Biomethane / MWCH4

Figure 6. Production ranges of the investigated plant designs.

Influences of drying and operational conditions of the gasifier

The evaluation of the standalone biomethane designs A.1-
A.3 was performed with high-temperature (HT) and low-
temperature (LT) operational conditions (Table 7). A com-
parison of designs A.1, A.2, and A.3 shows that the integra-
tion of a drying system in the plant is the parameter that
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Figure 7. Chemical production versus electricity consumption for plant de-
signs that involve the conversion of electricity to bioproducts. The filled sym-
bols indicate net electricity production level equal to or higher than zero.

exerts the strongest effect on the chemical efficiency and bio-
methane production as the variation of the moisture content
of the fuel affects the heat balance of the DFB gasifier di-
rectly. A major improvement is achieved if we move from
design A.1 to design A.2, that is, if we introduce an air dryer
(to reduce the moisture content from 40 to 20% w.b.), which
corresponds to an increase in cold gas efficiency of the gasifi-
er of around 12 percentage points (pp) and of the chemical
efficiency of around 10 pp to reach 78 % LHYV,,. The higher
level of methane production is counterbalanced by the slight-
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ly lower production of electricity. The increment in produc-
tion related to the presence of a first drying stage would jus-
tify its introduction in any new plant. The introduction of
a steam dryer with moisture recovery is more susceptible to
the high cost of installation, whereas the advantage on 7, is
quantified to be approximately 4% to achieve a chemical ef-
ficiency of 82.8% LHYV,, for design A.3 LT.

The improvements in relation to the GoBiGas demonstra-
tion plant (3, estimated at 57.4% LHV,, ) if different
drying strategies are introduced are shown in Figure 6. Here,
the gap between designs A.2 and A.3 could be considered as
the performance expected for a large-scale standalone plant.

The decrease of the gasification temperature from the HT
to the LT case would increase the chemical efficiency of the
plant by around 0.8 %, which corresponds roughly to the de-
crease in the internal heat demand of the gasifier. Ongoing
research on the catalytic effects of the ash compounds on tar
chemistry has revealed the potential to decrease the temper-
ature in the DFB reactor even further.’”) An extrapolation
exercise with a gasification temperature of 750°C and with
the same tar content as that under LT conditions but with
a decrease of the char gasification to 40 % was performed for
design A.1 and showed a further improvement in 7. of
3.7%. However, lower temperatures in the reactor are unfav-
orable for char gasification, which could lead to a level of
char conversion that is not feasible for a real process.

Coproduction of biomethane and ethanol

The results obtained for the coproduction of ethanol and bio-
methane are shown in Table 7 and Figures 6 and 7, in which
cg00, and csq, indicate the cases with rates of conversion of
CO up to 80 and 50 %, respectively. The yield of ethanol is
reported as a mixture with water (with a concentration of
~5gL™"). However, a strategy for distillation that involves
other low-temperature sources should be incorporated to
make this design interesting, otherwise the heat demand for
distillation will decrease the chemical efficiency of the plant
considerably. The values reported in Table 7 represent the
maximum levels of ethanol production achieved by operating
the ethanol plant upstream of the methanation section. The
maximum production of ethanol is estimated to range from
3.41 (cgy, case) to 2.69 th™' (cspe, case) with coproduction
levels of 42.5 and 49.1 MWy, respectively. The production
of biomethane can be increased by using a partial bypass of
the ethanol plant to achieve up to 100% biomethane
(Figure 6).

Drop-in gasification plants for STG and hydrogen production

The simulation of design C is performed for two separate
cases: the first, zerog, with a STG production of
85.6 MWy ; and the second, maxgpg, with a maximum pro-
duction of 91.6 MWy and an electrical consumption of
3.8 MW,,. The composition of the STG resembles that of the
raw gas (and is, therefore, dependent upon the operation of
the gasifier), with a H,/CO ratio of approximately 2, meth-
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ane content if 8 %,, and CO, content of approximately 12 %..
The production of STG has the advantage that it retains the
high efficiency of the gasification process because of the min-
imum requirement of conditioning the gas products. The
chemical efficiency of the zerog case is 98% LHV,, and it
increases to 105.4% LHYV,, for the maxg;g case with a total
efficiency of 101.5% LHV,, (El,=3.8 MW,)).

In addition, the coproduction of hydrogen and methane
(design D) is investigated for two cases: zerog, and maxy,, in
which electricity obtained from the grid is used to maximize
H, production. In the zerog, case, the production levels of H,
and CH, are 22.5 MWy, and 51 MWy, and the chemical effi-
ciency is 84.6% LHV,,. In the maxy, case, H, production is
increased to 42.4 MWy, with a methane production level of
35.6 MWy, and an electricity consumption of 6.1 MW,,. The
chemical efficiency of the plant increases if it changes from
exclusively CH, production to H,, although it does not reach
the efficiency level seen for STG production (Figure 6b).

Comparison of power-to-gas concepts

Direct heating and electrolysis power-to-gas technologies are
investigated in designs A.5 and A.4 based on design A.3. For
both A.5 and A.4, two cases are investigated: a zerog, case
and a maximum electricity case maxg,. The power-to-gas effi-
ciency is higher for direct heating (7p,g~115%), whereas
electrolysis achieves an efficiency of #p,g =63 %. However,
the two power-to-gas technologies exhibit different ranges of
operation, which depend on the initial design of the plant. In
particular, the application of direct heating is quite limited in
design A.3 (maxg, case: El,=3.4 MW, and Elp,;=4.8 MW,,)
as char gasification is already close to the maximum value;
instead, electrolysis is favored by the high carbon yield in the
raw gas and the conversion range was higher (maxg, case:
EL,=15 MW, and Elp,;=12.8 MW,,). This trend is reversed
if these power-to-gas technologies are applied to design A.1,
in which direct heating first reduces the product gas recircu-
lation and then leads to an increase in char gasification.

The electricity demand/production and the chemical pro-
duction of the plants for the two power-to-gas technologies
and the other designs that offer the possibility to convert
electricity into bioproducts are shown in Figure 7, as in de-
sign C (maxgrg case) and design D (maxy, case). In particu-
lar, the power-to-gas efficiency of the overall STG process
(calculated using the zerog, case as a reference) is even
higher than that of direct heating (Table 7), as obtaining the
electricity from the grid avoids the combustion of char or
product gas for electricity generation, which thereby increas-
es the production of STG. Therefore, electricity can be con-
verted to bioproducts in standalone biomethane plants or
distributed drop-in STG plants with similar performance
levels. Notably, the maximum chemical efficiency for a stand-
alone plant is achieved for designs A.4 zerog at 84.4%
LHYV,,, which represents the maximum efficiency for a con-
version of 50 % w.b. moisture biomass to biomethane.
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Aspects of heat integration

The heat integration in the plant is crucial to achieve high ef-
ficiencies. In particular, the use of medium-/low-temperature
heat in the dryers and high-temperature heat in the preheat-
ers is important to optimize the heat balance of the DFB
gasifier to achieve a high conversion efficiency. In general,
the process can be optimized to become self-sus-
taining by using excess heat from the exothermic
steps to maximize the syngas production (chemical
efficiency) and to produce some electricity (designs
A.1-5, C zerog, D zerog).

However, all the designs exhibit a heavy demand
for low-temperature heat because of the drying
step, and the reboilers connected to the H,S and
CO, separation steps and the process could benefit
from external low-temperature heat sources, such
as industrial processes in the vicinity or pulp mills
and existing (CHP) plants (local heat integration).

The effect of other low-temperature heat sources
can be quantified as an increase in electricity pro-

-
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o
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©
o
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o
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CO, as a product

The amounts of CO, separated for the investigated plant de-
signs are shown in Figure 9. As expected, design D stands
out as having a strong potential to separate the used carbon
on-site. Designs A.1-A.3 have similar potentials in which the
CO, production that increases linearly leads towards higher

X4

® A1 (nodrying)
A.2 (single drying)
A3 (double drying)
A4 zerog,

AS zero,

B Choq

B Cop

C zerog,

D zero,

e o0 0 0 0

Total chemical production / MWCHA | STG, H,, ethanol

o

duction as shown in Figure 8, in which the GCC for
the A.3 (LT) design are plotted together with the
corresponding curve obtained after removing the
heat demands below 160°C (x22.5 MW,,).

1000 r r . .

= =A3LT, no heat<160°C
— 3 LT

800

600 r

400 ¢

200

Shifted Temperature / °C

50
Heat Load / MW

Figure 8. GCC for design A.3 that shows the integration of the steam cycle
and biomethane process (which includes cold utility).

The effect is an increase in electricity production in the
steam cycle from 6.5 to 9.4 MW,,. For ethanol coproduction,
the opportunity to use excess heat from other processes is
crucial to ensure the profitably of the plant as it can be used
for distillation, which preserves the high efficiency of the
gasification process.
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Figure 9. Production ranges of CO, as a function of chemical production in the investigat-
ed plant designs.

yields of CH,. The amount of CO, produced at the gasifica-
tion plant (in the range of 57-186 ktyr'; cf. Figure 9) is at
the low end of what is generally considered feasible for
CCS.* However, the geographical location of the plant, spe-
cifically if it is in proximity to a coastline as well as a harbor
and if it is part of an industrial cluster, facilitates the imple-
mentation of CCS at the gasification plant.

Conclusions

The production ranges and efficiencies are compared be-
tween distributed drop-in and centralized drop-in plants and
standalone plants for biomass gasification based on dual flu-
idized bed (DFB) technology. Two intermediate semiprod-
ucts for distribution from distributed drop-in and centralized
drop-in plants are considered: sustainable town gas (STG;
a mixture of CO, H,, CO,, and CH,) and pure H, in combi-
nation with pure biomethane. The investigation uses the
32 MWiomass Standalone GoBiGas plant as reference to con-
sider the scale-up of the technology to 100 MWy, . Meas-
ures to improve the efficiency that become feasible at larger
scales are investigated, which includes an advanced drying
system for the biomass, different operation of the gasifier,
and power-to-gas strategies. The considered feedstock is bio-
mass 50 % wet basis (w.b.) moisture, which is dried naturally
to 40 % w.b. before it undergoes conversion in the plant.

Our results show that it is possible for standalone plants to
increase the chemical efficiency from the current level of
57.4 lower heating value of the as-received biomass (%
LHV,,)* to levels within the range of 78-82.8% LHV,, .
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With large-scale deployment, distributed drop-in and central-
ized drop-in plants can achieve chemical efficiencies in the
ranges of 82.8-98.5% LHYV,, for STG/biomethane and 82.8—
84.6% LHYV,, for H,/biomethane. The production range for
STG/biomethane production ranges from 85.6 MWqr (de-
sign C zerog) to 72 MWcy, (design A.3) and for Hy/biome-
thane it ranges from 22.5 MWy, and 51 MWy, (design D
zerog) to 72 MWy, (design A.3). As a result of the high ef-
ficiency levels and the extended range of convenient loca-
tions for distributed drop-in and centralized drop-in plants,
there is no substantial advantage associated with standalone
plants that produce biomethane, unless methane is the de-
sired final product.

The potential of power-to-gas technologies in gasification
plants was investigated for standalone plants and compared
with the use of electricity to increase production levels in dis-
tributed and centralized drop-in plants. The results for the
standalone plants show that the direct heating of the DFB
gasifier gives a higher conversion efficiency than an electrol-
ysis process, that is, approximately 115% compared to ap-
proximately 63%. However, the amount of electricity that
can be converted into energy bound chemically by direct
heating is limited by the rate of char gasification in the gasifi-
er. Thus, in process designs that involve extensive drying
(design A.3), the range of applications of direct heating is
more limited than electrolysis, and the opposite holds true
for designs with low (or zero) drying (design A.1). In distrib-
uted drop-in plants, electricity from the grid can be used to
boost the chemical production process, which increases the
maximum production of STG to 91.6 MWy (design C
maxgrg) and of H, to 42.4 MWy, (design D maxy,), with
power-to-gas efficiencies comparable to or higher than the
power-to-gas technologies in standalone plants.

Overall, DFB gasification plants show good flexibility in
relation to product output and retain a high efficiency if
drying is implemented and heat integration in the plant is op-
timized. Further economic investigations of the local context
are necessary to define introduction strategies for new gasifi-
cation plants. However, the results of the present study show
that distributed and centralized drop-in strategies can be as
profitable as or more profitable than standalone biomethane
plants, such that they should be considered in an analysis of
the local energy system.
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