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Abstract

The catalytic conversion of waste CO, into light olefins offers a sustainable pathway for green chemicals
production in the future. Over a tandem catalyst with the bifunctional active sites for methanol synthesis
(CTM) and methanol to olefins (MTO), CO> can be efficiently converted via intermediate methanol into
amixture of light olefins (ethylene, propene, butene). In the study of CO, hydrogenation, the moderately
acidic SAPO-34 molecular sieve is often used as the MTO catalyst component. SAPO-34 performs well
for the formation of C-C bonds without fast coking, and minimal further hydrogenation of olefins. These
qualities give the catalyst a long lifetime and high selectivity for light olefins. Unfortunately, under high-
pressure hydrothermal conditions, it easily suffers structural damage.

In this context, the SSZ-13 zeolite, an alternative MTO catalyst with higher hydrothermal stability, but
also stronger acidity, was systematically investigated and modulated with the aim to achieve high
selectivity for light olefins and high stability during CO- hydrogenation. Firstly, in order to identify the
effect of zeolite acidity on product distribution and coke deposition, two types of SSZ-13 zeolites with
similar bulk composition, but different protonic acid site distributions, were synthesized. They were
combined with a stable CTM catalyst (bulk indium oxide, In,O3) as a tandem catalyst and were evaluated
in CO; hydrogenation. The SSZ-13 with isolated acid sites had a lower Brensted acid site (BAS) density
and exhibited a higher selectivity for light olefins compared with the one with paired protonic acid sites.
By exchanging Na* cations to tailor the BAS density of SSZ-13 zeolite, the comparative experiments
further indicated that the BAS density, rather than BAS distribution, had a high correlation with the
selectivity for light olefins, which proved that the BAS density had the primary impact on the product
distribution. The high BAS density promoted hydrogenation which reduced the selectivity for light
olefins, while low BAS density tended to accumulate excessive coke leading to catalyst deactivation,
but with improved selectivity for olefins. Thereafter, over the tandem catalysts with the optimized BAS
density, a transient experiment with varying reaction conditions was carried out to investigate the coke
evolution during CO; hydrogenation. The results indicated that the coking behavior of SSZ-13 zeolite
was significantly affected by reaction conditions. By manipulating the reaction temperature and
pressure, the active coke species, or so-called hydrocarbon pool species (HCPs), can be deposited inside
the zeolite in a targeted manner, thereby modifying the catalyst to achieve a higher MTO activity and
lower olefin hydrogenation activity. Continuous transient experiments further revealed a dynamic
equilibrium between the formation and degradation of coke inside SSZ-13 zeolite. This balance is
established under the appropriate BAS density and optimized reaction temperature and pressure. Using
the conditions of 20 bar and 375 °C, with a H, to CO, mole ratio of 3, the results obtained for the pre-
coked tandem catalysts of In,O; and SSZ-13 (BAS density = 0.23 mmol*g™') exhibited very stable
activity, with selectivity for light olefins around 70% = 2% (among hydrocarbon products), and low
average coke deposition rate of 0.016 wt.%*h' over 100 h time-on-stream. This result also
experimentally confirmed the success of pre-coking modification and verified the balance mechanism
of coke accumulation.

Keywords: CO; hydrogenation, methanol-intermediate, light olefins, tandem catalysts, MTO reaction,
SSZ-13 zeolite, Bronsted acid density, Al distribution, pre-coking, HCPs
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1 Introduction

1.1 Reducing CO:2 emissions

The surge in global energy demand, combined with an overreliance on fossil fuels, has led to a dramatic
surge in the emissions of harmful greenhouse gases (GHGs), especially carbon dioxide, over the past
hundred years. In 2021, the Global CO, emissions from the combustion of fossil fuels and industrial
processes reached the highest level ever of 36.3 gigatons (Gt) (seen in Figure 1), which led the
concentration of CO» in the atmosphere to be as high as 417.19 ppm, which is 1.5 times what it was at
the beginning of the pre-industrial revolution era (in 1750) [1]. The consequences of these anthropogenic
emissions are far-reaching, disrupting the Earth’s natural carbon cycle and causing global warming,
ocean acidification, sea-level rise, and other harmful impacts, including climate change. Aiming to
tackle the climate crisis, world leaders reached a consensus via the Paris Agreement in 2015 and pledged
to limit the global temperature increase during this century to 2 °C, while continuing efforts to limit the
increase even further to 1.5 °C [2]. As per the Paris Agreement, more stringent restrictions on emission
levels of GHGs were recommended across the globe, and by the end of 2020, the world's major
economies and countries have given the promise to achieve net-zero CO, emissions by mid-century [2].
In view of its commitment to the Paris Agreement, the European Union (EU) is taking a leading role to
achieve higher emission reduction targets than the current ones [3]. In the "European Green Deal"
communication, the European community proposed to increase the GHGs emission reduction target for
2030 to at least 50%, and towards 55% compared with 1990, in order to achieve net zero GHGs
emissions by 2050, and thereby become the world's first major economy to achieve climate neutrality
by mid-century [4]. However, the actions required to achieve this goal are far more difficult than
realized. As there is no silver bullet for net-zero emissions, achieving this grand "blue map" requires a
combination of a series of efforts, not only including the upgrading of energy-saving policies and
consumption technologies, the adoption of alternative energy (e.g., nuclear, renewable energy), but also
the contribution from carbon capture and storage (CCS) and carbon capture and utilization (CCU) [4,5].
The McKinsey report estimated the global CCS potential at 3.6 Gt, and Europe at 0.4 Gt — roughly 20%
of the total European emissions reduction potential in 2030 [6]. This means that a large amount of CO;
will become gradually available for permanent storage or use in the future. Considering the high
economic cost, and the potential geological and ecological risks of storage by CCS [1,5,6], a more
pragmatic method is to convert CO; into carbon-based materials and fuels by using chemical methods
in order, to realize sustainable utilization of carbon resources. From this perspective, CO, will be
regarded as a raw carbon-based material rather than a waste.
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Figure 1 CO; emissions and their annual change from 1900 to 2021. Reprinted from ref. [1]. MDPI
Open Access License.
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Until now, the utilization of CO, remains small compared to global anthropogenic CO, emissions. The
use of COy; is estimated from 200 Mt to 500 Mt per year [3], Although 150 known chemicals can be
obtained by converting CO; [7], most of which are limited to a few industry processes, such as food,
agrochemicals (urea and carbonate fertilizer), welding, foaming, fire extinguishers, propellants, etc.
[1]. Due to the high thermodynamic stability of CO, molecules, the conversion of CO, requires high
energy and technical input [7]. In addition, other factors such as environmental (carbon tax) and
economic indicators (CO; capture cost and product value) also may discourage the use of CO». In
recent years, with the large-scale application of renewable resources to produce carbon-free energy
and green hydrogen, the conversion of emitted CO, by hydrogenation is ushering in major
opportunities [8]. More and more attention has been paid to conversion of CO; to high value-added
products, such as fuels and light olefins.

1.2 Green light olefin production from CO2 hydrogenation

Light olefins (Ethylene, Propylene, and Butene) are the building blocks of the modern chemical industry.
Currently, most of the produced ethylene and propylene are used to produce polymers, such as
polyethylene (PE), polyvinyl chloride (PVC), ethylene glycol (EG), acrylonitrile, cumene, and acrylic
acid, widely used in packaging, textile, paint, and other industries. In addition, isobutylene is a basic
raw material for plastics, rubber, and pharmaceutical products [9]. By the end of 2022, global ethylene
consumption reached 177 million tons per year [10], and propylene consumption reached 125 million
tons per year [11]. Traditionally, most of the raw materials for the production of light olefins comes
from crude oil and natural gas (shown in Figure 2) [6], and more than 60% of the production capacity
comes from the steam cracking process [9]. However, this production is the most energy-consuming
process and one of the major contributors to the emissions of CO,. Steam cracking accounts for
approximately 3 EJ of primary energy use (due to the combustion of fossil fuels, excluding the energy
content of the product) and almost 200 Mt of CO; emissions (due to the combustion of fossil fuels). The
pyrolysis section of the Naphtha steam cracker alone consumes approximately 65% of the total process
energy and accounts for approximately 75% of the total energy losses [6]. In contrast, if the emitted CO-
is converted into low-carbon olefins with the help of green hydrogen produced by renewable energys, it
will not only effectively reduce the consumption of fossil energy, but also effectively store and transport
the renewable energy resources. Therefore, there is a tremendous benefit to producing green olefins
from CO; and green hydrogen in terms of mitigating climate change. The benefits include: (i) Avoidance
of the severe CO, emissions and fossil resource consumption during the current production processes;
(i1) Re-use of waste CO»; (iii) The ability to store CO; in the commodities made from olefins with
relatively long lifecycles, such as polymer products [6].
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Figure 2. Production routes for light olefins regarding various raw materials. The dashed lines indicate
processes under development. Reprinted with the permission from ref. [6]. Copyright (2011) WILEY-
VCH

Among the many methods of CO; valorization, thermochemical conversion of CO; with the aid of
heterogenous catalysts is considered to be the closest route to industrial application [12]. Specifically,
in the area of heterogeneous catalysis for CO, to light olefins (CTO), there are two accepted reaction
pathways: (1) the CO-intermediate pathway: hydrogenation of CO; to CO via a reverse water-gas shift
(RWGS) reaction, followed by hydrogenation of CO via the Fischer—Tropsch synthesis (FTS) reaction
to produce olefins; (2) the methanol-intermediate pathway: hydrogenation of CO, to methanol followed
by the dehydration of methanol to form light olefins [1,9,12-15]. These two routes involve two different
steps, the entire reactions can be either carried out in separate reactors (indirect route) or one reactor
(direct route). Usually, when the two steps are not mutually exclusive, conduction within a single reactor
(direct route) is feasible. Therefore, the direct catalytic hydrogenation to convert CO; to olefins in a
single reactor is of interest because it may be more economical and energy efficient, which is critical to
process viability.

1.3 Catalytic hydrogenation of CO: to light olefins over a tandem catalyst

Recent research has focused on optimizing single-step processes for the synthesis of olefins from CO,
as well as developing more efficient catalysts [9,12,15]. In a CO-intermediate pathway, the entire
reaction of CO to CO by RWGS and subsequent conversion of CO to hydrocarbons by FTS, can occur
simultaneously on a standalone Fischer-Tropsch (FT) catalyst. Therefore, this pathway is also referred
to as a CO, modified FT process. As the proliferation of hydrocarbon chains directly follows the
mechanism of the FTS reaction, in the FT process, the maximum selectivity of the light olefin products
is limited by the Anderson—Schulz—Flory (ASF) distribution. The maximum selectivity for C,-Cs
hydrocarbons is only 58% [16]. In contrast, in a methanol-intermediate pathway, CO is first converted
to methanol (CTM) over a CTM catalyst, followed by the transformation of methanol to olefins (MTO)
over a zeolite/zeotype catalyst. This sequence of processes can obtain a higher selectivity for light olefins
among hydrocarbon products, and it can also be achieved in a single reactor where a tandem catalyst
system is used exhibiting bifunctional properties (CTM and MTO) as discussed above. In a tandem
approach, the CTM and MTO catalysts are mixed to varying degrees of intimate contact, such as
granular and powder, to achieve maximum synergy [15]. The catalysts for the CTM have been
extensively reported, including industrial catalysts Cu/ZnO/Al,O; and newer catalysts such as In,O;
oxides and others [17-21]. The zeolite/zeotype catalysts, such as SAPO-34 molecular sieve and SSZ-13
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zeolite, have been widely addressed for C-C formation in MTO reaction due to their special CHA
topology that shape selectively prefers light olefin products [22-26]. However, since these CTM and
MTO reactions have their respective optimized reaction condition regimes, integrating them in one
reactor needs stringent requirements to be met, including the use of mutually suitable reaction conditions
that are also appropriate for the sensitive properties of the catalyst components [27]. For example, the
CO; molecule is relatively inert, and requires elevated temperatures to be activated during the
hydrogenation. The hydrogenation of CO; to methanol is also accompanied by the reverse water gas
shift (RWGS) reaction to form CO. Therefore, the high temperature in the CTM reaction increases the
conversion rate of CO,, which greatly favors the RWGS thermodynamically, giving a higher selectivity
for CO in the product [17-21]. In addition, in the MTO reactions with H, co-feeding (similar atmosphere
as the methanol-mediated CO, hydrogenation), higher temperatures tend to be favorable for good
stability of the zeolite/zeotype catalyst [28-29]. However, high temperatures also promote excessive
hydrogenation of olefin products, resulting in decreased selectivity for alkenes and increased selectivity
for alkanes, especially over strong acidic MTO catalysts, such as SSZ-13 zeolite [29]. Recently, some
new studies have found that the co-feeding of water and hydrogen with methanol can effectively
alleviate the quick coke deposition over SAPO-34 at high temperatures while maintaining high
selectivity for olefins. Unfortunately, under high-temperature hydrothermal conditions, the SAPO-34
catalyst experiences structural damage [30]. In contrast, the SSZ-13 zeolite has better hydrothermal
stability [31], and stronger BAS strength [29], resulting in an optimal production rate of olefins at a
lower temperature [32]. However, due to its strong acidity, SSZ-13 tends to have a quicker deactivation
under pure MTO reaction conditions, and exhibit high selectivity for paraffins during the hydrogenation
of CO or CO; [27]. So far, there are few studies on how to tailor SSZ-13 zeolites and apply them as
effective MTO catalysts in the CO, hydrogenation to light olefins process.

1.4 Objectives and scopes

The purpose of this work is to investigate an efficient and stable MTO catalyst component in the tandem
catalyst for CO; hydrogenation to light olefins. Specifically, the SSZ-13 zeolite, a zeolitic homologue
of the SAPO-34 molecular sieve with highly hydrothermal stability and varying acidity, was synthesized
and used as zeolite component of the tandem catalyst. Its catalytic performance was investigated for
light olefins production in CO; hydrogenation, and the mechanism related to olefins formation and coke
deposition was explored based on catalyst modification and process optimization.

In Paper 1, starting from the synthesis of SSZ-13 zeolites with varying acid densities and acid sites
distributions, the physicochemical properties of SSZ-13 zeolites were characterized, and their catalytic
performance was systematically investigated in catalyzing CO; hydrogenation to olefins. By correlating
the reactivity with the physicochemical properties of catalysts, before and after the reaction, it was
revealed that the Brensted acid density of zeolites was the main factor affecting product selectivity and
coke formation.

Then, in Paper II, taking the low acidic SSZ-13 catalyst as the research subject, a transient experiment
with varying reaction conditions was carried out to investigate the formation and degradation of trapped
coke within the catalysts during the hydrogenation of CO, to olefins, in combination with various
characterization techniques including N adsorption, DRIFTS, TGA, GC-MS, and TPO. A dynamic
balance mechanism between the formation and degradation of coke was disclosed, and a pre-coking
method was proposed for upgrading the fresh catalyst in order to improve the selectivity for product and
the stability of the catalyst. Finally, the balance mechanism was verified through a long-term (100 h)
stability test, and the pre-coking modification was also confirmed to be successful in improving the
reaction performance of SSZ-13 within the In,O3/SSZ-13 tandem catalyst.



1.5 Outline of thesis
The outline of this thesis is as follows:
Chapter 1: General introduction, motivation, and objectives.

Chapter 2: Introduction to the technical background, progress, and challenges of methanol-mediated
CO: hydrogenation to olefins.

Chapter 3: Description of the material synthesis and characterization methodology used in the
experiments.

Chapter 4: Key findings and associated interpretations in papers.
Chapter 5: Main conclusions.

Chapter 6: Future work.






2 Background

The Methanol-mediated synthesis of light olefins from CO, comprises two consecutive reactions: CO»-
to-MeOH (CTM) and MeOH-to-olefins (MTO) processes. In this chapter, the CTM and MTO reactions
as well as their catalyst components, will be introduced respectively. The synergy within the tandem
catalyst system will also be elaborated.

2.1 CO:2 to Methanol (CTM) catalyst

In the context of applying either CO or CO; as a feedstock in methanol synthesis, catalyst development
and mechanism research for methanol synthesis has continued uninterrupted for nearly one hundred
years. All catalysts developments are based on the following three main coupled equilibrium reactions
[18]:

COZ + 3H2 = CH30H + Hzo, AH298 50bar = —50k]mol -1 (1)
O, + H, = CO + H,0, AHsoax 10par = 41kjmol ~1 2
co + 2H2 = CH30H, AH298K,50bar = _91k]mol -1 (3)

From the above reactions, it can be seen that methanol formation and the reverse water-gas shift (RWGS)
reaction compete with each other [Egs. (1) and (2)]. According to the results of isotope labeling and
kinetic experiments, it has been proven that CO; is the predominant carbon source for methanol
synthesis, and CO, can be directly converted to methanol without a preliminary reduction to CO. In
view of thermodynamics, since the methanol formations [Egs. (1) and (3)] are exothermic while the
RWGS reaction is endothermic, a low reaction temperature and high reaction pressure are more
favorable for methanol synthesis. However, a higher temperature is helpful for CO, activation from a
kinetic aspect. Therefore, a compromise is usually made, where a moderate reaction temperature is used
(at ~ 230 °C) to achieve a high yield (~ 30% at 50 bar) of methanol from CO;[33]. In general, low
temperatures, high pressures, and high H,: COy ratios are beneficial for high methanol yields. In
addition, the ratio of CO/CO; is another key factor affecting the methanol yield. Under conditions
applying CO-rich syngas (CO + H>) as feedstock, the water-gas shift reaction [WGS, reverse of Egs.
(2)] is prevalent. Adding a certain amount of CO; in the CO/H; feed can drastically improve the yield
of methanol and the energy balance. So far, in industrial applications, the amount of CO, added has
reached as high as 30% of the total carbon in the syngas [17]. While, under CO,-enriched feed
conditions, the RWGS reaction is dominant, and strongly affects the equilibrium yield of methanol due
to the formation of additional water and CO in this parallel reaction. As the result, the thermodynamics
for methanol production from CO, are lower than those for the production of methanol from CO. For
example, the equilibrium yield of methanol from COx is less than 40% at 200 °C and 50 bar, whereas
the yield from CO is greater than 80% at the same conditions [17]. In industrial production, in order to
obtain a higher methanol yield and CO; conversion rate as close to the equilibrium as possible, the CO
product would be separated from the liquid products (water, methanol, and other high alcohols) and
recycled back to the reactor inlet, mixed with fresh CO, and reacted again in the reactor at an optimized
CO/CO; ratio [19]. Fornero et al. performed a process simulation for the hydrogenation of CO; to
produce methanol in a reaction system with recycling non-condensable gas, it was found that a complete
conversion of CO; over a process could be achieved using a recycle ratio (the ratio of the molar flow
rate of the recycle gases to that of the fresh feed gases) of 5 at T=250 °C (P>40 bar), or at T=235 °C
(P>30 bar) [34].



The commercial CuO/ZnO/Al,O5 catalysts, widely used in the production of methanol from syngas,
present poor performance for CO, hydrogenation at high temperatures [18-21]. The increased
temperature can facilitate CO, activation, however, the undesirable CO and H,O are formed by RWGS,
reducing methanol selectivity. Moreover, a large amount of water generated during CO, hydrogenation
to methanol and RWGS reaction are adsorbed on the surface of the catalyst, which seriously decreases
the stability of the CuO/ZnO/Al,O; catalyst. Water is considered to accelerate the growth of copper
crystals at high temperatures, reduce the specific surface area, and cause sintering. At the same time,
water will also accelerate the separation of Cu and ZnO active components at high temperatures,
reducing their synergy and losing their activity [35]. Thus, at higher operation temperatures, the water
and strong reductive atmosphere can lead to the formation of inactive Cu’-Zn° bulk alloy, thereby
eventually causing complete deactivation.

To improve the reactivity and stability during CO, hydrogenation, alternative catalysts for
CuO/Zn/Al,0O3 have been extensively investigated, and most of them can be divided into three
categories. One category involves improved Cu-based catalysts, and the other is noble metal-based
catalysts and a third is novel oxides catalysts [18-21]. In modified copper-based catalysts, most of the
work attempts to enhance or maintain the Cu-ZnO binary core active components by introducing
promoters or alternative supports. For example, the addition of noble metal promoters (such as Pt, Au,
Rh, and Pd, et .al) are used to improve the low-temperature activity of the Cu-Zn catalyst. The promoters
of Zr, Ga, and F were reported to modify the basicity /acidity and physiochemical properties of Al,O3
supports, which can enhance the activity or increase the selectivity towards methanol. In addition to
being used a dopant, zirconia is often used to replace alumina as a support of Cu-Zn catalysts, and
demonstrated a beneficial effect on CO; hydrogenation, where the enhanced activity and increased
selectivity to methanol was assigned to the stabilization of highly dispersed Cu nanoparticles on the
surface, and additional CO; adsorption on its basic sites, followed by hydrogenation on the adjacent Cu-
ZnO active sites. The enhanced stability was attributed to the weak hydrophilic character of ZrO,, which
alleviates the strong adsorption of water on the catalyst surface [21]. In addition to the above-mentioned
copper-based catalysts, noble metal catalysts, represented by Pd and Au, have also been widely reported.
Supported on CeO,, ZnO, Ga,03, and In,Os, Pd-based catalysts exhibit good performance in CO,
hydrogenation to methanol, and especially demonstrate a high selectivity for methanol at low
temperatures (250 °C), but lower activity compared with copper-based catalysts [20]. In addition, noble
metal catalysts have higher sulfur tolerance than copper, which offers another advantage of noble metal
catalysts. However, at high temperatures (>300 °C), noble metal catalysts also exhibit strong activity
toward RWGS and methanation reactions, resulting in high selectivity for CO and CHj4 in the product
[20-21]. In recent years, the novel oxide catalysts represented by In,Os-based oxides and ZrO»-based
solid solutions M,ZrOy (Zn, Ga, Cd), are emerging as an effective catalyst for CO, hydrogenation to
methanol. Most typically, these are outstanding with a high selectivity for methanol and good stability
at high reaction temperatures (>300 °C). Unlike copper-based catalysts, the active centers in these In,O;-
based or ZrO,-based catalysts are derived from the oxygen vacancies generated by the partial reduction
of the surface. It is considered that the active oxygen vacancies provide a strong binding for adsorbed
species such as CO; and H, allowing hydrogenation at high reaction temperatures. Furthermore, the CO
formation via surface redox mechanisms is reduced due to slight surface reduction [20].

Since it was first reported in 2016, indium oxide (In,Os) has been regarded as a breakthrough system
due to its very high methanol selectivity [36]. The kinetic experiments by Pérez-Ramirez et al. found
that the apparent activation energy of CO, hydrogenation to methanol over a bulk In,Os catalyst was
lower than that of the RWGS reaction, which was consistent with the high selectivity for methanol in
experimental observation [37]. Some detailed mechanistic studies also indicated that the hydrogenation
of CO2 to HCOO was thermodynamically and kinetically favorable over the oxygen vacancies on the
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surface of In,O3(110), which can also stabilize the key intermediates involved in the formation of
methanol, including HCOO, H,COO, and H>CO. On the contrary, the H2CO and H.COO species were
not stable on the surface of Cu (111) [38-39]. In a related mechanism rooted in the creation and
elimination of oxygen vacancies (mark as V, sites as active sites) on In,O3; (110) (seen in Figure 3), the
hydrogenation of H,CO was proposed as the rate-determining step (RDS). In a whole reaction cycle
mechanism, the oxygen vacancies could be recovered during CO; hydrogenation [39].
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Figure 3. The Mechanism for the Hydrogenation of CO; to Methanol on Vo Sites of In,O3. Reprinted
with the permission from ref. [39]. Copyright (2019) American Chemical Society

In the study of CO; hydrogenation, a high-performance In,O3-ZrO- catalyst has been developed by using
monoclinic zirconia (m-ZrO;) as support, compared with bulk In,Os catalysts or In,Osz-based catalysts
with other carriers. In,03-ZrO, achieved a great improvement in reactivity (5.2% of CO, conversion,
99.8% of methanol selectivity) and ensured stability for over 1000 h time-on-stream (T=300 °C, P = 5.0
MPa, H,: CO, =4:1, and GHSV = 16000 h''). These results were attributed to the formation of
epitaxially-grown In,Os or solid In,O3-ZrO, solutions, providing the additional and/or super oxygen
vacancies and thereby promoting CO; activation [36]. Later, Akkharaphatthawona et al. reported that
incorporation of Ga into the crystalline lattice of In,O3 at x = 0.4 (Gag4In; ¢O3) remarkably boosted the
methanol yield at higher reaction temperatures (340 °C —360 °C), which was related to an increase in
the binding energy of the adsorbed intermediate molecules on the surface of the catalyst [40]. In order
to overcome the rate-limiting of H, splitting on bulk In,O3 and further improve the reactivity, some
hydrogenation metals (Pd, Au, Rh, Pt, Co, Ni) were also added as promoters into In,Os-based catalysts.
Among many dopants, the Pd was embedded into the In,O3 with a low-nuclearity cluster form, that
boosted the productivity of methanol without displaying the RWGS activity [41]. Considering that the
CO could be present in the feedstock of CO, as an impurity or recycled byproduct from CO;
hydrogenation in industry, the sensitivity of the In,Os-based catalyst to CO was also investigated in
many reports [36, 42]. Co-feeding of CO seems to be beneficial to generating more oxygen vacancies
in situ and significantly increasing the methanol yield. However, in the atmosphere of only H, and CO,
the indium oxide catalyst will be completely reduced to metallic indium, resulting in complete
deactivation [36]. When CO co-feeding, reached an equimolar CO to CO: ratio during CO;
hydrogenation, Pérez-Ramirez et al reported that In,Os/m-ZrO, experienced an increase in methanol
productivity, bulk In,O; remained almost unaffected, but nickel-or palladium-promoted In,Os, In,Os/t-
Zr0Os, and In203/AL,0; experienced moderate to substantial deactivation. It was noted that controlling
the formation of oxygen vacancies and sintering prevention are helpful for indium-based catalysts,
whereas CO/H,0O-induced sintering and CO inhibition can attenuate the activity [42].
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In summary, the methanol-mediated synthesis of light olefins from CO, combines two core reactions in
one tandem system, which include the CO»-to-MeOH (CTM) and the MeOH-to-olefins (MTO) process.
The MTO reaction must be operated at >300 °C due to kinetic predisposition for C-C coupling.
However, the CTM reaction is not thermodynamically favored at this high temperature. Increasing the
temperature promotes the RWGS reaction, resulting in a large amount of water and CO, which not only
reduces the yield of methanol, but also seriously affects the stability of the catalysts. Although the classic
Cu/ZnO/AlL>Os3 catalyst has been efficiently used for methanol synthesis from syngas, it is not suitable
as a methanol catalyst component for the direct CO conversion to light olefins at an elevated
temperature. The performance of Cu/ZnO/Al,O; and other alternative catalysts have been summarized
for hydrogenation of CO; to methanol (citation shown in Table 1), and it is clear that the In,Os-based
catalysts are the most promising catalysts for CTM in the catalytic CO; hydrogenation to olefins system
at high temperature, due to their higher methanol selectivity and stability. In this thesis, the research
focuses on the activity and stability of MTO catalysts, in order to avoid the impact of the performance
fluctuation of varying CTM catalysts on MTO systems, the stable bulk indium oxide catalyst was used
as a fixed component to perform the CTM reaction.

Table 1. Qualitative comparison of different catalyst families for CO, hydrogenation to methanol.
Reprinted with the permission from ref. [19]. Copyright (2022) Elsevier.

Cu/ZnO/AlLLO3 Other Cu-based In,Os-based Noble metal

catalyst catalysts catalysts catalysts
Temperature/°C 240-260 240-280 250-300 250-300
Pressure/bar 30-80 20-80 30-60 20-50
Activity High High Medium Medium
RWGS activity High Medium Low High
By-product formation
(other than CO) Low N/A N/A High
Thermal stability Medium Medium High N/A
Poisoning Resistance Low N/A Low Medium

2.2 Methanol to olefins (MTO) catalyst

The methanol-to-olefins (MTO) reaction catalyzed by zeolites or zeotype catalysts is a classical process
to produce light olefins in C; chemistry. The catalysts used for the MTO reaction are typically acidic
zeolites (aluminosilicates) and SAPOs (silicoaluminophosphate) molecular sieves. In addition to the
Bronsted acid center, co-catalytic organic substances are produced in their inorganic structure as the
reaction progresses [43]. These organic substances are made of polymethylbenzenes and the attached
carbenium ion, confined inside the cages of zeolites, and commonly called hydrocarbon pool species
(HCPs). The corresponding reaction mechanism of methanol to olefins is called the hydrocarbon pool
mechanism or double cycle mechanism (shown in Figure 4), which mainly includes an olefins cycle and
an aromatics cycle [25, 26, 43, 44]. In the olefin cycle, the ethylene produced by the initial dehydration
reaction is methylated to propylene and butene, then continues to grow into Cs+ chain hydrocarbons,
which are finally cracked back to Cs to Cs olefins. In this olefin-based route, higher olefins are mainly
cracked into propylene and butene, however, ethylene is only a minor cracking product of higher olefins.
In addition to the olefin cycle route, the olefins can form dienes through hydrogen transfer reactions, or
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olefin disproportionation reactions, or formaldehyde-assisted pathways, followed by cyclization of
dienes to form aromatic species. These aromatics (HCPs) can undergo isomerization and dealkylation
to further co-catalyze the formation of olefins in an aromatics cycle. It has been recognized that
methylbenzenes with two or three methyl groups predominantly deliver ethylene, while higher
polymethylbenzenes favor the generation of propylene and butylene [44]. The types of formed
polymethylbenzenes (HCPs) are strongly dependent on zeolite topology, acidity, and reaction condition
[43,25, 26]. Moreover, as the reaction proceeds, the active HCPs will eventually form inactive heavy
aromatics through polymerization and cyclization. These heavy polycyclic aromatics are inert, and act
as coke precursors to block pores and cavities leading to catalyst deactivation. In industry applications,
a SAPO-34 molecular sieve with medium acid strength is the optimal catalyst for C,-C4 olefins
production, which typically is operated at 400-450 °C and 1 bar, giving high selectivity for accumulated
light olefins of up to 80% in the methanol to olefins (MTO) process [25]. In order to remove the coke
and recover the activity of the catalyst, a circulating fluidized bed reactor is often used to conduct
continuous regeneration of the deactivated catalysts [25-26].
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Figure 4. Dual Cycle Mechanism of MTO Chemistry. Reprinted with the permission from ref. [44].
Copyright (2020) American Chemical Society.

The topology and acidity of zeolites are two main important factors for the MTO reaction [26,45]. The
shape/size/reactivity of HCP active intermediates are limited by the channel and cavity structures of
zeolites. Through this space limitation, the MTO reaction exhibits different reaction routes and product
selectivity on zeolites with different topological structures. Brensted acidic sites are an important driving
force for the MTO reaction. The acid strength, density, and their distribution in zeolites are closely
related to the formation and evolution of reactive intermediates (HCPs). Therefore, the choice of
topology and the adjustment of acidity are paramount to optimal catalyst performance.

Among all molecular sieve materials, zeolite/zeotype molecular sieves (SSZ-13, SAPO-34) with CHA
topology have received special attention due to their high selectivity to light olefins [25,26,43,45]. These
CHA zeolitic materials with elliptical cavities (10.4 x 12.0 A) interconnected by 8-membered ring pore
(3.8 x 3.8 A) openings cause the aromatic cycle to prevail and allow only small products (3.8 A) to
escape through the pores while retaining the bulky reaction intermediates (hydrocarbon pool). Therefore,
they have high selectivity to light olefins, such as ethylene and propylene [29, 43,45]. The medium-pore
zeolite ZSM-5 (MFI topology, 10-membered ring) with channel dimensions of 5.3 x 5.6 A (straight)
and 5.1 x 5.5 A (sinusoidal) allows free diffusion of larger molecules. In ZSM-5, both olefins and
aromatic cycles contribute equally to olefin production. Therefore, it can produce both lower olefins and
gasoline-range olefins [46]. The large-pore zeolite BEA (7.7 x 6.6 A, 12-membered ring) can
accommodate larger and more complex HCPs, which is beneficial to the propagation of both the olefin

11



cycle and aromatic cycle, as well as the effusion of C4+ hydrocarbons outside the pore. Thus, its products
range from C, alkanes or alkenes to C;, aromatics, without product shape selectivity [47].

There have been many reports on the influence of acidity on the catalytic performance of zeolites
[25,26,45]. It is known that an excess of Bransted acid sites (BAS) can increase the probability of
continuous reaction of products, and that high Brensted acid strength would increase the secondary
reaction rate of olefins and aromatics, further exacerbating the retention of coke precursors. Both of
these conditions would accelerate coke formation, shorten the catalyst lifetime, and reduce the
selectivity for light olefins. Therefore, zeolites with mild acid strength and relatively low acid density
are preferred in the MTO reaction [26,45]. In a comparison of a silicoaluminophosphate molecular sieve
(SAPO-34) and its aluminosilicate homologue (SSZ-13) with the same CHA topology, it has been
shown that the SSZ-13 displays higher acid strength than SAPO-34. The high strength acidity has a
significant influence on the reaction rates, enhancing the rate of olefin production and deposition of
aromatics inside the pores of catalysts. Thus, SSZ-13 has a lower optimum operating temperature, but
has a lower coking resistance compared with its SAPO-34 counterpart [32]. In addition, the BAS density
and strength also affects the reaction routes [26]. For a nonacidic AIPO-18 catalyst, the methanol
conversion was very low, and the reaction mainly followed the olefinic route. After the introduction of
Si to generate Bronsted acid centers, the aromatics cycle pathway began to appear over SAPO-18. The
higher BAS density of the catalyst, the aromatics route is more dominant in the MTO reaction to produce
olefins [48]. Similar results were also confirmed in the MTO reaction catalyzed by SAPO-34. Over the
low-silicon SAPO-34 with lower BAS density, the olefin route was dominant, and the ratio of propylene
to ethylene was high. When the BAS density was increased, the proportion of ethylene increased. Further
increasing BAS density accelerated the formation of coke species, such as polycyclic aromatics, thereby
shortening the life of the catalyst. [49].

Simultaneous changes in the structure and acidic properties have also been reported to lead to different
product distributions and preferential reaction routes, such as pre-coking [50], metal ion exchange [51-
53], or by isomorphic substitution of T atoms in the framework [53]. SAPO-34, with a certain amount
of coke deposition, exhibits a more obvious product shape selectivity than compared to when it is fresh,
and displays an increasing ethylene selectivity with increased TOS (time-on-stream) due to enhanced
aromatic cycle routes and shape selectivity [25,50]. Incorporation of Zn*" ions into the cation position
of the framework of SAPO-34 by ion exchange, can decrease the BAS density and create extra diffusion
limitations for hydrocarbons. It has resulted in higher ethylene selectivity and a higher ethylene-to-
propene ratio than its un-exchanged counterpart [51-52]. However, the modification of the ZSM-5
zeolite by alkali metal ions had the opposite effect, where the modified ZSM-5 gave an increased
selectivity for propene and decreased selectivity for alkanes and aromatics. This can be attributed to the
depression of the H-transfer reaction, which decreased the aromatic cycle, and improved the olefin-
based route to produce propene and higher olefins [53]. In addition to the topology and acidity of zeolite,
lattice defects, and crystal size/morphology also affect the performance of MTO catalysts [54].
Moreover, reaction conditions such as reaction temperature [25], methanol partial pressure, and contact
time [55] are also crucial for catalytic performance.

At approximately the same time as the development of catalysts for hydrogenation of CO, or CO to
light olefins, a breakthrough in the MTO process was the discovery of the effect of co-feeding high-
pressure hydrogen with methanol for improving the stability of MTO catalysts [28-29]. It was believed
that the hydrogen participated in the hydrogen transfer reaction, blocking the pathways for formation of
coke inside the zeolite cavities. The hydrogenation of coke precursors such as formaldehyde and 1,3
butadiene can suppress the formation of non-reactive polycyclic aromatics, thereby improving catalyst
lifetime [44]. In the case of co-feeding methanol with hydrogen (0.13 bar CH3OH, 4-30 bar H,, 400 °C),
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using a similar environment as methanol conversion in the CO, hydrogenation process, it has been
reported that the lifetime (measured by turnover number) of SAPO-34 was improved by 3 to 70 times,
without significantly decreasing the selectivity for light olefins [28]. Shi and colleagues studied the
effect of acid strength on the MTO reaction, or on the hydrogen co-feeding MTO reaction, with the
comparison of SSZ-13 and SAPO-34. It was found that the acid strength of the proton plays a key role
in affecting catalyst lifetime and product selectivity in the MTO process. The shorter lifetime and lower
olefin-to-paraffin ratio over SSZ-13 zeolite were attributed to its faster formaldehyde formation,
hydrogen transfer, and subsequent alkylation reactions to form inert polycyclic aromatics on the high-
strength Brensted acidic sites. However, compared with SAPO-34, SSZ-13 achieved a longer lifetime
and higher alkane selectivity in the reaction of co-feeding with MTO due to the faster hydrogenation
rate of formaldehyde, dienes, and alkenes on the same Bronsted acidic sites [29]. The observed increases
in the selectivity for C,-C4 alkane are also dependent on the zeolite typology. Alkane selectivity
increased equally among zeolites with CHA, BEA, and FER topology, however, the zeolite with AEI
structure exhibited a higher selectivity for propane than selectivity for C, or Cs alkanes. This indicates
that the zeolite topology also plays a role in the hydrogenation [44,56]. Catalyst life can be further
improved by combining co-feeding of high-pressure water and H»,. Zhao et al. reported a synergistic
effect of water and hydrogen in improving the lifetime of SAPO-34. Compared with co-feeding high-
pressure hydrogen (4.2 bar CH3OH, 35.7 bar Hz, 450 °C), co-feeding the medial pressure of hydrogen
and water (4.2 bar CH3OH, 12.8 bar H», 22.8 bar H,0O, 450 °C) is more conducive to prolonging the
catalyst life and improving the selectivity for light olefins (propylene). Unfortunately, under high-
pressure conditions, either in H, or H> and H2O co-feeding, the framework of SAPO-34 suffers from
damage due to steam dealumination [30].

Currently, more than 90% of proposed tandem catalysts [22,23,57-65] (shown in Table 2) use SAPO-
34 as an effective component for converting methanol to olefins in the CO; to olefins process. However,
due to its severe instability in hydrothermal environments, there is an urgent need to explore an
alternative catalyst component with high hydrothermal stability to conduct the MTO reaction during
CO; hydrogenation. SSZ-13, a zeolitic homologue of the SAPO-34 molecular sieve with attractive
hydrothermal stability and strong acidity, has been widely used for the selective reduction of
NOx(deNOx) [31]. With the same topology and similar pore size as SAPO-34, SSZ-13 was considered
the best potential substitute for a SAPO-34 zeolite among all catalysts for the MTO reaction [25,26, 32,
45]. However, in a pure MTO reaction it has exhibited low coking resistance and a fast deactivation rate,
due to the higher hydrogen transfer activity on its strong acidic sites, compared with its SAPO-34
counterpart [32, 66]. It has also performed poorly in early reports regarding the tandem catalytic system
for CO, hydrogenation, because its strong acidity enabled further hydrogenation of olefins, leading to
higher selectivity for paraffins in the products [56,67].

The acidic strength is broadly defined as the ease with which an acid loses H' to a base. Previous
theoretical simulations indicated that proton affinity of an SSZ-13 zeolite is independent of either acid
amount or location of tetrahedral Al in the zeolite framework, within a certain Si/Al range. Thus, even
dealumination was not useful to alleviate its rapid deactivation in the MTO reaction [68]. However, lots
of recent reports have confirmed that the proximity of the protonic acid (proton location) affects the
performance of the MTO reaction over the SSZ-13 zeolite [69-70]. R. Gounder et al. confirmed that the
rate of constant methanol dehydration for paired proton sites was 10 times higher than for isolated proton
sites [69]. Davis, M.E. et al. found that the higher proportion of paired Al sites in the framework of SSZ-
13 was responsible for hydrogen transfer reaction in pure MTO reactions. Neutralizing these paired
proton sites by an ion exchange of Cu®* ions or reducing the pair proton sites by increasing the Si/Al
ratio, the hydrogen transfer reaction can be significantly suppressed, and the lifetime of the SSZ-13 can
be improved [66]. Similar reports also found that the SSZ-13 zeolite with a low proportion of Q*(2Al)
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[Si (OSi)2(OAl),] structure in the framework showed a longer catalytic life in MTO reactions [70]. Over
the ZnCrOx/SSZ13 tandem catalyst, Huang et al. found that increasing the Si/Al ratio of SSZ-13 can
increase the selectivity for light olefins during the hydrogenation of syngas [71].

So far, in the practice of CO, hydrogenation to light olefins via methanol routes, the ideal zeolite
component for high-performance tandem catalysts has not been found. How to develop a zeolite with
high selectivity toward light olefins, while maintaining high stability, is an urgent task to be solved.
Furthermore, in a tandem system, the MTO reaction is carried out under the co-feeding of methanol,
hydrogen, water, carbon monoxide, and carbon dioxide. The effects of zeolite acid properties (acid
density, acid strength, and acid distribution) on the selectivity of light olefins and coke deposition
become more complicated. It is also necessary to distinguish which type of acid properties has the most
significant influence.
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Table 2. Catalytic Performance towards CO; hydrogenation to lower olefins (Tandem Catalysts).

Temp Press GHSV Xco2  Hydrocarbon product distribution (mol%)  Sel.CO Sel,CH TOS Ref.

Catalysts
/°C /bar  /mL*g'*h! /% CH4 C-C  C-Cy Cs+ /% /% /h

ZnZrO/SAPO-34 380 20 3600 12.6 3 14 80 3 47 NA 50 [22]
ZnGA,04/SAPO-34 370 30 5400 13.6 NA 8 88 2 49 51 10 [23]
ZnAlOx/HZSM-5 320 30 2000 9.1 0.5 6.7 10.7 80.3 574 42.6 NA [57]
ZnZrO/HZSM-5 320 40 1200 NA 0.3 14.5 4.9 80.3 43.7 57.3 NA [58]
NiCu/Ce0,-SAPO-34 375 20 12000 17 2.1 16.7 78 3.2 64.2 35.8 10 [59]
In,O3/SAPO-34 360 25 6000 28.2 5 18 70 2.3 NA NA NA [60]
In,O3/SAPO-34 380 30 9000 15.3 2.7 13.7 81.9 1.7 68.3 31.7 10 [61]
In-Zr(4:1)/SAPO-34 380 30 9000 26.2 2 21.5 74.5 2 63.9 36.1 10 [61]
In;03-ZnZr-SAPO-34-S-a 380 30 9000 17 1.6 11.1 85 2.3 55.8 NA 50 [61]
ZnAl,04/SAPO-34 370 30 5400 15 0.7 10 87 22 49 51 10 [62]
MgAlL:04/SAPO-34 370 30 5400 8.7 1.9 25 65 8 96 4 10 [62]
(CuO-Zn0O)-Kaolin/SAPO-34 400 30 1800 50.4 13.6 15.8 70.6 0 7.5 NA NA [63]
CuO-Zn0O-AlLO3/SAPO 400 30 1800 NA 10 25 62 na 3 NA NA [64]
CuZnZr@Zn-SAPO-34 400 20 3000 19.4 14.6 20.2 60.5 4.8 58.6 414 24 [65]
CuZnZr-SAPO-34 400 20 3000 12.6 8.8 45.7 42.5 na 56.7 433 24 [65]

Note: H»/CO> = 3; NA = not available; TOS = Time-on-stream. Hydrocarbon production distribution doesn’t take into account of CO, methanol and dimethyl
ether.
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2.3 The synergy between CTM and MTO catalysts

As mentioned above, the In;Os-based CMT catalyst can exhibit excellent performance for methanol
synthesis in the temperature range of 250-300 °C. The higher temperature is more favorable for the
RWGS reaction, resulting in higher CO selectivity [17-21]. However, the optimum reaction temperature
for the conventional MTO reaction is between 400-450 °C, based on the SAPO-34 zeolite [25]. It has
been found that the formation of C-C bonds is favored at high temperatures: when the MTO reaction is
carried out at 250 °C, no methanol conversion occurs, only methanol and dimethyl ether appear in the
effluent until the temperature gradually increases to 300 °C. In addition, the higher (>500 °C) and lower
temperature (< 400 °C) reactions also present higher coking rates than the reactions performed under
mild reaction conditions (400—450 °C). The extremely high coking rate at low reaction temperatures
corresponds to rapid deactivation during methanol conversion, which is mainly due to the formation and
accommodation of inert adamantanes in the catalyst [25,72]. A similar result was found in the MTO
reaction with co-feeding of H, (4.0 MPa, Ho/MEOH/H>O/N; = 3/1/2.67/2.66, SAPO-34). The reactions
at 375 °C and 400 °C displayed an extremely short lifetime of less than 1 h, and many adamantanes
were found in the spent catalysts, which block the channels, increase mass transfer resistance, and thus,
cause fast deactivation [30]. In addition to temperature, pressure is also an important process parameter
affecting product distribution and catalyst stability. High pressure facilitates the synthesis of methanol
in the CTM reaction. However, high methanol partial pressure enhances the relative rate of methanol
disproportionation to release formaldehyde, the concentration of which can accelerate the deactivation
of the hydrocarbon pool and shorten the lifetime of SSZ-13 zeolite during the MTO reaction [54].
Nieskens et al. compared the deposition of coke with the lifetime between methanol-mediated syngas to
hydrocarbon and the MTO process. The result indicated that the lower hydrogen pressure and higher
methanol partial pressure can contribute to the formation of coke, which, in turn, causes catalysts to
deactivate severely [73]. Therefore, the coupling of the CTM and MTO processes, so that good product
selectivity and lifetime can be achieved under common conditions, is a notable challenge.

Although it is difficult to reconcile the optimal conditions required for these two reactions, there is a
synergy between them. After mixing the two catalysts (CTM and MTO catalysts) into a tandem catalyst,
these bifunctional tandem catalysts exhibited reduced selectivity for CO and increased conversion of
CO,. When compared to the sole CTM catalyst, the rapid conversion of methanol/DME to form lower
olefins, was deemed to be the thermodynamic driving force to shift the methanol synthesis equilibrium
towards products, and thus, suppress the parallel RWGS reaction [27]. In order to reduce the mass
transfer resistance and further enhance the synergistic effect of the two catalysts, the integration of two
catalyst components with different proximity has been extensively investigated, including a double bed
mode, granule mixing (500-800 pm) mode, and powder mixing (0.5-1um) modes [24]. Recent studies
have found that too close contact (powder mixture) leads to the migration of some metal ions, from the
CTM catalyst (oxides) to the MTO catalyst (ZSM-5 zeolites or SAPO-34), through solid-state ion
exchange during CO; hydrogenation. Thereby, the performance of the zeolite catalyst is affected, and
can even experience deactivation. Among these active metal oxide catalysts, indium oxide-based and
zinc oxide-based catalysts are included [74-75].

In this work, indium oxide has been used as the CTM catalyst. In order to avoid the migration of indium
ions into the zeolite catalyst, thereby reducing the interference of indium ions on the performance test
of zeolites, the indium oxide and zeolite catalyst are combined in a tandem system by granular mixing.
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3 Experimental

In this chapter, the techniques and methodologies related to the synthesis, characterization, and activity
testing of catalysts are introduced.

3.1 Catalyst preparation
3.1.1 Synthesis of bulk In203

The CTM (CO:; to methanol) catalyst used in Paper I and Paper II was bulk In,O3, which was prepared
using the conventional co-precipitation method [76]. A 6.5 wt. % of indium (III) nitrate aqueous solution
was used as the metal source, and a sodium carbonate solution (9.1 wt.% of Na,COs in water) was used
as a precipitant. The precipitant was gradually added dropwise to the indium nitrate solution, under
magnetic stirring, and at room temperature until the pH reached 9.2. After aging for 1 hour, the resulting
mixture was filtered and subsequently washed with deionized water to dispose of Na®. The final
precipitate was dried in a vacuum oven overnight at 60 °C, then calcined at 400 °C for 3 h to obtain the
bulk In,Os catalyst.

3.1.2 Synthesis of SSZ-13 zeolite with different Al distributions

As the key catalyst for the MTO reaction in the CO; hydrogenation to olefins process, SSZ-13 zeolites
with different Al distributions were synthesized and studied in detail in Paper I. These zeolite samples,
with paired Al or isolated Al distributions, were synthesized under hydrothermal conditions. The
difference between them were the different compositions of gel precursors, silicon sources, and
crystallization time, as shown in Table 3.

Table 3. Precursors, silicon sources, and crystallization conditions of synthesized zeolite samples

Sample name Si/Al'in Gel precursors composition Silicon sources Cry;tallization

gel  (8i0,/ALOy/TMAdaOH/Na,0/H,0) time (h)
H-PAR-15 15 100: 3.3: 20: 10: 4000 fumed silica 96[66]
H-PAR-20 20 100: 2.5: 20: 10: 4000 fumed silica 96[66]
H-PAR-25 25 100: 2.0: 20: 10: 4000 fumed silica 96[66]
H-ISO-15 15 100: 3.3: 20: 0: 4000 silica sol 144[77]
H-ISO-20 20 100: 2.5: 20: 0: 4000 silica sol 144[77]
H-ISO-25 25 100: 2.0: 20: 0: 4000 silica sol 144[77]

The N, N, N-trimethyl-1-adamantylammonium hydroxide (TMAdaOH, 25 wt.%, Tokyo Chemical
Industry Co. Ltd.) was used as the organic structure-directing agent (SDA) during the hydrothermal
crystallization. The fumed silica (fumed powder, 99.8% of SiO,, Sigma-Aldrich), or silica sol
(LUDOX® AS-40, 40 wt.% of Si0O,), were utilized as the precursors of Si. The aluminum hydroxide
(Sigma Aldrich, Al (OH)3> 99%) was used as the Al source. The SSZ-13 zeolite with an isolated Al
distribution was prepared by using only the organic SDA (TMAda™) [77], while the SSZ-13 zeolite with
a paired Al distribution was synthesized in a hydroxide media from a gel precursor, which includes both
organic (TMAda") and inorganic cations (Na*) as SDAs [66].

Specifically, in the synthetic procedure of SSZ-13 with paired Al sites, a gel precursor was first prepared
according to the detailed composition (Table 3). Next, the gel was transferred to a Teflon-lined stainless-
steel autoclave and kept at 160 °C for 96 h under rotation. After crystallization, washing, and drying,
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the calcination occurred at 600 °C for 8 h under flowing air. Then, the sodium type SSZ-13 was obtained
and named as Na-PAR-x, where ‘x’ represents the molar ratio of Si/Al derived from the designed
formulation. Afterward, the ion exchange treatment of Na-PAR-x was carried out at 80 °C, by using 2.5
M NH4NOs aqueous solution, and repeated twice in order to obtain the NHy-typed SSZ-13 zeolite
samples. After drying and calcination at 550 °C for 4 h in static air, the final proton-typed SSZ-13 zeolite
with paired Al distribution was obtained, and designated as H-PAR-x. In the synthesis of SSZ-13 zeolite
with only isolated Al sites, the pre-prepared gel was placed in a 160 mL Teflon-lined stainless-steel
autoclave and heated at 160 °C for 6 d of crystallization, with constant rotation. The resulting zeolite
was filtered, washed, and then dried at 110 °C overnight. After subsequent calcination at 600 °C for 8 h
under flowing air to remove the residual SDA, the protonated SSZ-13 zeolite with an isolated Al
distribution was denoted as H-ISO-x, where ‘x’ represents the molar ratio of Si/Al from the designated
formulation. The as-synthesized fresh zeolite, before the removal of SDA, was named as TEA-ISO-x.

The Co?" cation exchange experiments and associated characterization (Ultraviolet-visible
spectroscopy) were used to identify whether there are paired Al sites (proton pairs) inside the two proton-
types SSZ-13 zeolites, and the saturated Co?* exchange capacity was used to quantify the content of Al
sites (proton pairs) [77-79]. Before characterization, the proton-type zeolite samples were subjected to
Co*" ion exchange followed by rehydration [78]. Firstly, 1g of proton-type SSZ-13 zeolite powder was
mixed with 150 ml of 0.5 M cobalt (II) nitrate (Sigma Aldrich, >98%) solution under stirring. After
sufficient ion exchange at 80 °C for 48 h, the solid was collected and washed 4 times with deionized
water, then the resulting sample was dried overnight at 110 °C and calcined at 500 °C for 1 h in static
air. After that, the sample was immersed in an equal volume of deionized water for 1 h, and then dried
at 100 °C for 3 h to achieve rehydration. The final obtained sample was denoted as Co-ISO-x or Co-
PAR-x respectively, where ‘X’ represents the molar ratio of Si/Al derived from the designated
formulation, as above.

The Cobalt cation exchange capacity was calculated based on the mole ratio of Co to 2Al (nce/n2ai)
inside the Co-exchanged samples. The concentration of Co and Al was obtained from the elemental
analysis results.

3.1.3 Synthesis of Na*-exchanged SSZ-13 zeolite

In Paper I, to study the effect of the acid density of SSZ-13 zeolite on the catalytic performance, based
on sample H-ISO-15 as the parent material, lower acidic samples with varying acid densities were
prepared by sodium ion exchange. Specifically, 3 g of H-ISO-15 zeolite sample was ion-exchanged with
300 ml of NaNOs (Sigma Aldrich, > 99%) solution for 24 h at 25 °C, under stirring. The ion exchange
treatment was carried out once without controlling the pH of the solution. The degree of ion exchange
was controlled by changing the concentration of the sodium ions in the solution (molarity of sodium ion
ranges from 0.033 to 2 mol/L) with other parameters fixed. After ion-exchange, the zeolite slurry was
filtered, washed three times with deionized water, and subsequently dried at 110 °C overnight. After
calcination at 550 °C for 4 h in static air, the obtained sample was denoted as Na-y-ISO-15, where ‘ISO-
15’ represents the parent material, ‘y%’ indicates the degree of exchange by Na, which was determined
from the molar ratio of incorporated Na to Al from composition analysis.

3.1.4 Preparation of tandem catalysts

The powders of In,O3; and SSZ-13 samples were pressed into large pellets (20 mm pellet die, 2.5 tons
of pressure), then crushed, and sieved into granules using the size 250 pm-500 pm. Thereafter, the
tandem catalysts were prepared by physically mixing granules of the In,Os3 oxide and SSZ-13 zeolite.
these two granular components were mixed homogeneously by being shaken in a glass vessel. The
weight ratio of the In,Os oxide and SSZ-13 zeolite components was fixed at 2:1.
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In Paper I, the tandem catalysts denoted as M / H-ISO-x, M / H-PAR-x, or M / Na-y-ISO-15 were
composed of bulk In,O3 (M), and the samples H-ISO-x, H-PAR-x, or Na-y-ISO-15 respectively. In order
to be compared with the tandem catalysts, the same amount of indium oxide catalyst was mixed with
inert silicon carbide to form the pure indium oxide catalyst, denoted as M(In;O3). In Paper II, the
tandem catalysts named as In,O3/ SSZ-13-x, were made of bulk In,O3; and H-ISO-x. In this thesis, In,O3/
SSZ-13-x will be represented by M/H-ISO-x (Paper I notation) to maintain a consistent narrative.

3.2 Characterization of fresh catalysts and individual components
3.2.1 Powder diffraction (XRD)

The X-ray diffraction pattern of zeolite and oxide samples were measured by using a Bruker D8 X-ray
diffractometer with a CuKa (A=1.54A) radiation source. The diffraction angles (20) were scanned from
5 to 55°, with a step size of 0 to 029°, and dwell time of 1s. Relative crystallinity (RC) was calculated
using the equation : RC, = Y. I,/ Y. I, X 100%, where ), I, is the sum of the XRD diffraction peak
intensities of sample x, at 20 =9.6°, and 20.9°; and where . I, is the sum of the XRD diffraction peak
intensities of sample H-PAR-15, at 20 =9.6°, and 20.9°.

3.2.2 Elemental analysis (ICP&XRF)

The elemental composition (Si, Al, and Na) of all samples was measured on an Axios wavelength
dispersive X-ray fluorescence (XRF) spectrometer (Zetium, Malvern-Panalytical), employing an Rh
anode as the X-ray source. The cobalt loading in the Co®"-exchanged sample was determined via
inductively coupled plasma sector filed mass spectrometry (ICP-SFMS), in the lab of ALS Scandinavia
AB (Luled, Sweden).

3.2.3 Scanning electron Microscope (SEM)

The scanning electron microscope (SEM) was employed to identify the crystal morphology of zeolite
samples. The instrument used was a JEOL JSM-7800F scanning electron microscope with an energy
dispersive X-ray system.

3.2.4 N2 adsorption

The textural properties (specific surface area and pore volume) of samples were determined by N,
adsorption at -196 °C on a Micromeritics Tri-Star 3000 instrument. Samples were degassed at 300 °C
for 6 h prior to measurements. The total surface area was determined using the Brunauer-Emmett-Teller
(BET) equation, based on fitting the data in the relative pressure (P/Py) range from 0.005 to 0.05. The
micropore and mesopore volumes were measured from the N, adsorption isotherm using the t-plot and
the BJH methods respectively.

3.2.5 Magic angle spinning nuclear magnetic resonance (MAS NMR)

To investigate the information related to the framework of the zeolite samples, the 2’Al and 2°Si magic
angle spinning nuclear magnetic resonance (MAS NMR) experiments were carried out on a Bruker
Avance 111 500MHZ magnet spectrometer equipped with a 4 mm double-resonance MAS probe. The
A1 MAS NMR single pulse spectra with high power decoupling spectra (hpdec) were recorded at 130.3
MHz with a MAS spinning rate of 11 kHz. The single pulse ¥Si MAS NMR spectra were acquired at
99.4 MHz with a MAS spinning rate of 11 kHz. The ?°Si cross-polarization (CP) MAS NMR spectra
were collected by employing a cross-polarization pulse sequence with 5 ms of contact time and 2 s of
recycle delay. All chemical shifts were referenced externally to the methylene (—CH>—) group of
adamantane set to 38.48 ppm (with sr=0). The framework Si/Al ratio of the zeolite sample was estimated
by using the reported equation [71, 78]:
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Si Y2 loanan
Al IQ4-(4AZ) + 0.75 * IQ4-(3AI) + 0.5 * IQ4-(2Al) + 0.25 % IQ4-(1AI)

Where n is the number of O-Al binding with Si, and the Iy4(nap) is the integrated peak area from the 2

Si MAS NMR spectra, corresponding to each Si with different Q*(nAl) [Si (OSi)an(OAl)n]
coordinations.

3.2.6 Ultraviolet-visible spectroscopy (UV-Vis)

Ultraviolet-visible spectroscopy (UV-Vis) was used to determine the chemical state of Co?", and to
detect the presence of Co®" on paired Al sites of Co-exchanged SSZ-13 zeolite samples. The UV-Vis
diffuse reflectance (DRS UV-vis) spectra were collected on a LAMBDA 365 UV-Vis
Spectrophotometer (PerkinElmer), attached with an integrating reflectance sphere accessory (50 mm).
The baseline of the spectra was recorded by using the BaSO4 (Sigma Aldrich, >98%) as a 100%
reference. Then, the sample spectra were collected from 10000 to 40000 cm™' at a scan rate of 240 cm
!/s. The diffuse reflectance was transformed into absorption intensity by using the Schuster-Kubelka-
Munk equation [79]: F(Rs) = (1 — Re)?/2R4, where R, is the diffuse reflectance from a semi-
infinite layer.

3.2.7 Diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS)

Diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS) was employed to investigate the
acid properties (information on acidic hydroxyl groups, and chemisorbed species on the surface) of
zeolite samples. The DRIFTS spectra were acquired on an FT-IR spectrometer (Vertex 70, Bruker)
equipped with a diffuse reflectance accessory (Thermo Scientific™). Before measurement, the sample
surface was cleaned by pretreating at 550 °C for 60 min under 100 Nml/min of Ar flow, then cooled
down to 30 °C under Ar flow for spectra acquisition. After obtaining the spectra of the surface hydroxyl
groups, the baseline spectra were collected based on the clean surface, thereafter, 1000 ppm of
continuous NH3/Ar flow (100 NmL/min) was then dosed gradually into the cell while the synchronous
adsorption spectra were recorded in the range of 4000-1000 cm™ with a resolution of 4 cm™! until the
sample reached saturation. the outlet streams were recorded by an on-line mass spectrometer (Hiden
HR20). After adsorption at 30 °C, the sample was heated to 200 °C under Ar flow for desorption and
then cooled down to 30 °C for spectra collection.

3.2.8 Temperature-programmed desorption of ammonia (NH3-TPD)

A temperature-programmed desorption of ammonia (NH3;-TPD) experiment was carried out to quantify
the acidity of zeolite samples. On a calorimeter (Sensys DSC, SETARAM), coupled with a mass
spectrometer (HPR-20 QUI, Hiden), 30 mg of a granular sample (250 -500 um) was pretreated at 550
°C for 1 h, followed by cooling to 100 °C in flowing Ar (500 Nml/min). Then, the sample was exposed
to a 2000 ppm of NHs/Ar gas flow (20 Nml/min) for 2 h until the sample was saturated with NH3, after
which it was flushed with Ar (20 Nml/min) for 4 h to remove the physisorbed NHs. Finally, the
desorption of NH3 was carried out by increasing the temperature from 100 °C to 700 °C with a ramping
rate of 10 °C/min under a pure Ar (20 Nml/min) flow. The desorbed NH3 was monitored by an online
mass spectrometry, where the concentration of NH; was recorded at the characteristic mass to charge
ratio (m/z) of 17. The MS signals were calibrated prior to the experiment using gas mixtures of known
composition. The Brensted acid density assessed from the deconvolution peaks of the NH3- TPD curve
with centers ranging from 300 °C to 700 °C.

20



3.3 Catalytic performance test and in situ pre-coking treatment
3.3.1 Catalytic performance test

The catalytic reaction test and the in situ pre-coking treatments were carried out in a stainless-steel fixed
bed reactor (VINCI Technologies, France) with an inner diameter of 8.3 mm and a length of 215 mm.
Before reaction, 1 g of well-mixed tandem catalyst was placed in the isothermal zone of the reactor tube.
The empty volumes at the top and bottom of the reactor tube were filled with silicon carbide (Sigma
Aldrich, 500 um), and the interfaces between the silicon carbide and catalyst were separated by quartz
wool plugs. The reaction temperature was monitored by a K-type thermocouple with its tips positioned
in the center of the catalyst bed. The reaction pressure was controlled automatically by a pneumatic back
pressure valve, and the feeds of reactant gases were precisely controlled by mass flow meters.

In Paper I, the catalytic performance of different catalysts was evaluated under fixed reaction
conditions. Specifically, the tandem catalysts were pretreated under Argon flow, (150 Nml/min) at 400
°C for 1 hour at ambient pressure prior to the reaction. After the catalysts were cooled down to 325 °C
in pure Ar, the Ar flow was stopped, and the reactant gases were introduced into the reactor with a
H,/CO; ratio of 6:1, and an hourly space velocity (GHSV) of 6400 mL*g'*h"!. When the reaction
pressure rose to 10 bar, the reaction started, and the online analysis of all gaseous products was carried
out simultaneously.

In Paper II, the reaction tests were investigated under varying reaction parameters. In the case of fresh
tandem catalysts, these were first pre-treated at 400 °C, for 1 hour, in a pure Ar flow (150 Nml/min),
then cooled down to the desired reaction temperature (325-400 °C). Thereafter, the reactant gases with
the set feed ratio of H»/CO; (2.5:1 to 6:1), were introduced into the reactor at a fixed total gas hourly
space velocity (GHSV) of 6400 mL*g'*h"!. The reaction results were recorded after the pressure
reached its setpoint value (10 bar to 40 bar). For the tandem catalysts, after in situ pre-coking, reaction
tests were switched directly to the target pressure and temperature without the need for argon pre-
treatment.

3.3.2 The in-situ pre-coking treatment

In Paper I1, the /n situ pre-coking refers to the modification of the catalyst, with coke, by applying a
transient temperature treatment of the catalyst. When the fresh tandem catalysts had reached 400 °C
under atmospheric pressure in Ar, a mixture of CO; (15.2 Nml/min) and Hz (91.4 Nml/min) gases were
fed into the reactor at a total pressure of 30 bar and kept constant during the whole treatment. Firstly,
the initial treatment (30 bar, 400 °C) was maintained for 0 or 5 h. Then the temperature was decreased
to 325 °C and a second stage treatment was conducted (30 bar, 325 °C) for 10 to 20 h. Finally, the
temperature was increased to 400 °C at 30 bar under the fixed reactants atmosphere, followed by 5 h
dwelling time to complete one cycle of a pre-coking treatment.

3.3.3 Product analysis

All gaseous products from the reaction were analyzed using an online gas chromatograph (GC-456,
Bruker). This GC was equipped with a thermal conductivity detector for the detection of permanent
gases and methanol, and a flame ionization detector for the analysis of hydrocarbons. The identification
of each gaseous compound (CO,, CO, CH4, CH30H, DME and C; to C; hydrocarbons) was performed
based on their retention times. The quantification was done by integrating the peak areas and using the
calibration factors acquired from gas calibration standards (Linde Gas). The CO: conversion, the
selectivity or yield of CO and methanol, and the selectivity of individual hydrocarbon products,
excluding CO, were calculated according to these equations:
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CO; conversion: Conv.CO, = (nco, in — Nco,0ut )/ Nco,in X 100%
CO selectivity: Sel.CO = n¢g / (nco,in — Nco,out ) X 100%
CH;OH selectivity: Sel. MeOH = nyeon / (Nco,,in — Nco,out ) X 100%
Dimethyl ether (DME) selectivity: Sel. DME = 2 * npyg / (nCOZ,in - nCOZ,out) x 100%
CiHn selectivity among hydrocarbons excluding CO, CH;OH and DME:
Sel. CyHm = n* nc p,. / (Nco,in — Ncogout = Nco — Mmeon — 2 X Npmg) X 100%
Yield of CH3OH in effluent: Yield MeOH = (nyeon /Mco,,in) X 100%
Yield of CyHm in effluent: Yield CoHpy, = n x (n¢ n,, /nco,,in) X 100%
where nco, in refers to the mole of CO; at the inlet, and nco, out » Ncos MMeoH, MDME » Uc, Hy, TEPTESENtS

the moles of the CO,, CO, CH30H, DME, and individual hydrocarbons at the outlet, respectively. Here
the ncy,, Ny, and nc indicates the moles of methane, paraffin, and olefin respectively.

3.4 Analysis of coke species inside the spent catalyst

After the reaction, the spent catalyst was purged using argon overnight, then taken out and ground into
a uniform powder for analysis.

3.4.1 Thermogravimetric analysis (TGA)

Thermogravimetric analysis (TGA) was conducted in order to obtain the content of the retained coke
inside the catalysts. On a Thermal Analysis System TGA/ DSC 3+ (Mettler Toledo), 10 mg of spent
catalyst was heated to 700 °C with a ramping rate of 10 °C/min, in an air flow of 100 mL/min. The
amount of coke was calculated from the weight loss between 300 °C and 700 °C, and the TGA patterns
of coke in all samples were normalized based on that, starting from 300 °C.

3.4.2 Gas chromatography/mass spectrometry (GC-MS)

The components of soluble coke were extracted by dichloromethane and analyzed by Gas
chromatography/mass spectrometry (GC-MS) [66]. 100 mg of the spent catalyst powders were firstly
digested in 2 ml of HF solution (48 wt.%) for 30 min to release the encapsulated hydrocarbons, then the
soluble organic species were extracted by 5 ml of dichloromethane (CH»Cl,). After filtering, 1 pl of the
obtained organic liquid mixtures were analysed by a gas chromatography/mass spectrometry system
(GC-MS, Agilent GC 7890B, Agilent 5977A mass) equipped with a moderately polar VF1701ms
column (30m x 0.25mm x 0.25um). The total ion current (TIC) chromatograms were obtained via
automatic scanning in the mass range of m/z from 40 to 300. For comparison, each sample was batch
injected through an autosampler, while maintaining the same injection temperature and the same
analysis method.

3.4.3 Temperature-programmed oxidation (TPO)

The temperature-programmed oxidation (TPO) experiment was used to investigate the types of coke by
continuously monitoring the consumption of O, as well as the emissions of CO, CO,, and H,O during
the oxidative decomposition of the coke inside the catalysts. 50 mg of spent catalyst sample was
pretreated at 110 °C for 1 h, then cooled down to 25 °C in flowing Ar (20 Nml/min). Thereafter, 5000
ppm of O2/Ar flow (20 Nml/min) was injected into sample tube and maintained until the baseline of the
oxygen MS signal (m/e = 32) was stable. Further, the sample was heated from 25 °C to 700 °C, with a
ramping rate of 10 °C/min and held at 700 °C for 2 h so that all the organic coke was fully decomposed.
The MS signals of outlet O, (m/z = 32), CO, (m/z = 44), CO (m/z = 28), and H,O (m/z = 18) were
monitored as a function of time-on-stream (TOS). The intensities of these signals were calibrated by
using a standard gas mixture with known concentration before the experiment.
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4 Main results and discussion

4.1 SSZ-13 zeolites with varying Al distribution and their catalytic performance
in bifunctional composite for conversion of CO: to light olefins

It has been shown that the SSZ-13 zeolite has the most potential as a substitute for the SAPO-34
molecular sieve catalyst in the MTO reaction since they have the same topology and pore structure. In
order to adjust its acidity, so that it can achieve a comparable performance to SAPO-34 in the reaction
of CO, hydrogenation to olefins, in Paper I, the SSZ-13 zeolites with isolated acid site distribution
(isolated Al distribution) and varying acid density were synthesized. Their performances were
investigated, and the main acid properties promoting high product selectivity and stability were sorted
out. For comparison, the SSZ-13 zeolites with the same bulk composition but containing paired acid
sites (Paired Al distribution), were synthesized and tested as a reference.

4.1.1 Catalytic performance of two types of SSZ-13 zeolites
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Figure 5. CO; hydrogenation over In,O; catalysts or over the tandem catalysts (In,O3 and SSZ-13). (a)
The conversion of CO; and selectivity for CO; (b) The selectivity for unconverted methanol and
selectivity for light olefins (C,~ to C47) among hydrocarbons. GHSV = 6400 mL*g!'*h"!, T=325 °C,
P=10 bar, H»/CO,= 6.

Figure 5 shows the CO- hydrogenation, over pure In,Ojs catalyst and the bifunctional tandem catalysts,
as a function of TOS). The pure In;O3 catalyst [M(In203), Figure 5a] exhibited a stable performance
over 12 h, where the selectivity for CO was approximately 90%, and the conversion of CO, was close
to 12.3%. However, over the bifunctional catalysts consisting of InOz and zeolite, the CO, conversion
was increased by approximately 2%, and the CO selectivity significantly decreased by approximately
25% to 30%, with the different zeolite compositions. The beneficial effect of the tandem catalyst for the
conversion of CO; to hydrocarbons has been reported to be due to the rapid conversion of
methanol/DME to lower olefins and other hydrocarbons, resulting a shift in the thermodynamic driving
force of the methanol synthesis equilibrium toward products [27,80]. Therefore, the conversion of CO;
to hydrocarbons via the methanol route is promoted, whereas the reverse water gas shift reaction
(RWGS) is inhibited causing the selectivity for CO to decrease. Over the tandem catalyst composed of
different SSZ-13 zeolite samples, but with the same In,O3, the reactivities of the SSZ-13 zeolite samples
were evaluated for olefin production. At 325 °C and 10 bar, all SSZ-13 zeolites had a strong MTO
reactivity with gradual coke accumulation. There was no apparent deactivation within the 12 h (indicated
by no methanol detected in effluent), and the selectivity of light olefins (C2™-Cs") increased as the
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reaction proceeded. Compared with H-PAR-x samples (x=15, 20, 25), the H-ISO-x samples exhibited a
higher selectivity for olefins. In particular, the tandem catalyst M/H-ISO-25 with the highest Si/Al ratio
provided 78% selectivity for light olefins at a TOS of 12 h. In contrast, over the M/H-PAR-25 catalyst,
the selectivity for olefins was only 60%. It is accepted that the MTO reaction and the hydrogenation
reactions proceed simultaneously on Brensted acid sites of the zeolites in the CO, hydrogenation
reaction [44]. Particularly, the different acid densities and acid distributions (Al distributions) of zeolites
may all affect the MTO reactions, hydrogenation reactions, and coke deposition, resulting in different
product selectivity. Therefore, it is necessary to determine which property plays a decisive role for the
whole process.

4.1.2 Characterization of two types of SSZ-13 zeolites
4.1.2.1 Bulk properties.
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Figure 6 XRD patterns (a) and N, adsorption-desorption isotherms (b) of synthesized H-ISO-x and H-
PAR-x samples (x=15, 20, 25).

In Figure 6, the results of XRD patterns (a) and N, adsorption isotherms (b) indicate that all samples
exhibited the pure CHA framework topology [81], and they clearly had micropore structures with typical
type I isotherms [66, 77]. The micropore volumes were very close to the theoretical pore volume of
CHA topology (0.24 cm’g™") [78], as shown in Table 4. The XRD patterns of all samples (Figure 6a)
had the same crystal plane orientation, except for sample H-ISO-25. In order to evaluate the crystallinity
of the samples, the intensities of two main peaks at 20 = 9.6° and 20.9° were integrated, and the sum of
the intensities of these corresponding peaks in Sample H-PAR-15 was assigned as 100% of relative
crystallinity. The relative crystallinities of other samples were calculated by comparing the
corresponding peaks’ intensity sums with that of H-PAR-15, and the results are summarized in Table 4.
The results of relative crystallinity and BET tests demonstrate that the sodium ions and the SAR of the
gel precursor have important effects on the crystallization of SSZ-13 zeolites. For the Sample H-PAR-
X, which utilized both Na* cations and TMAda* as SDASs in crystallization, good crystallinity and porous
structure were observed, that only decreased slightly with the increase of Si/Al. However, Sample H-
ISO-x synthesized by using TMAda" as the sole SDA had poor crystallinity at high Si/Al composition.
At a SAR (Si/Al ratio in the gel formula) of 15, the sample H-ISO-15 had a comparable crystallinity to
that of Sample H-PAR- 15. However, as the SAR decreased from 15 to 25, the crystallinity significantly
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declined, and the relative crystallinity dropped to 63%. The micropore volume also decreased to
0.22cm’*g™! and the BET surface area decreased to 514.8 m?*g!.

Table 4. Characterization results of two series of proton-type SSZ-13 zeolite samples with different
Si/Al ratios.

. . c . Crystal . Co?*
Si/Al*  Relative § v V. particle Particle h
Sample  ratio crystallinity ® 5. 3, -l N e f shape s ~ SXenanse
/m*g  Jem*g jem'*g s1ze capacity
/um
H-PAR-15 13.9 100.0% 622.3 0.042 0.28 0.84 cube 0.12
H-PAR-20 20.2 95.2% 581.0 0.025 0.27 3.93 cube 0.11
H-PAR-25 26.5 89.6% 556.1 0.033 0.26 4.19 cube 0.09
H-ISO-15 142 98.5% 617.7 0.056 0.26 2.73 pseudo-cube 0.02
H-ISO-20 20.3 72.3% 578.3 0.059 0.24 2.88 cube <0.01
H-ISO-25 273 63.0% 514.8 0.051 0.22 2.84 cube <0.01

2 Mole ratio was determined by XRF. ® Relative crystallinity (RC).© BET surface area. ¢ Mesopore
volume. ¢ Micropore volume. f Average crystal particle size and ¢ Crystal particle shape from SEM
micrographs. " Cobalt cation exchange capacity.

Figure 7. SEM images of two types of HSSZ-13 zeolites: (a) H-PAR-15, (b) H-PAR-20, (c) H-PAR-
25, (d) H-ISO-15, (e) H-ISO-20, (f) H-ISO-25.

In Figure 7, the H-PAR-x samples had the same cubic morphology in a SAR range from 15 to 25,
whereas the H-ISO-x samples exhibited diverse morphologies with changes in SAR. Sample H-ISO-15
presented pseudo-cubic crystal-particles, and macro-steps appeared on its crystal surface (Figure 7d,
inset), which appeared to be aggregates of small and layered crystal particles. As the SAR increased, the
crystal particles of the sample gradually transitioned to a cubic face profile, and sample H-ISO-25
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exhibited the positive facets of cubic crystals (Figure 7f). Notably, the morphology of H-ISO-x samples
was preserved well, there were no irregular silicon-aluminum oxides or worm-like amorphous
precursors on the crystal particle surface of sample H-ISO-20 (Figure 7e, inset) or H-ISO-25 (Figure 7f,
inset). Although the XRD and nitrogen adsorption experiments demonstrated that the crystallinity of the
sample decreased with increasing SAR.
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Figure 8 UV-Vis spectra of rehydrated Co-PAR-x and Co-ISO-x samples (x=15, 20, 25) at ambient
temperature.

In the framework of silica-alumina zeolite, the paired proton sites mainly originate from the proximity
of Al in the framework, such as the arrangement structure of Al-O-(-Si-O) -Al or AI-O-(-Si-O), -Al.
When the framework aluminum atoms are far apart (x >2 in the Al-O-(-Si-O) x -Al structure), they are
usually referred to as an isolated aluminum distribution, and the corresponding proton acid sites are also
termed isolated proton sites [77]. It is widely accepted that a pair of Al atoms (paired proton sites) in the
zeolite framework can accommodate a tetrahedrally coordinated bare Co*" cation under dehydration
conditions, and uptake an octahedrally coordinated Co*" hexahydrate complex under humid conditions
[77-78]. After cobalt ion exchange experiments, it was found that there were obvious Co species in H-
PAR-x, and the content increased with a decrease in SAR (as shown in Table 4). In order to further
distinguish the introduced Co*" ions, rather than cobalt oxides or cobalt silicate species, Ultraviolet-
visible (UV-Vis) spectroscopy was performed to identify the incorporated Co®>" on the paired proton
sites of SSZ-13 zeolites. In Figure 8 it is clear that a distinct adsorption spectrum centered at a
wavenumber of 19457 cm™ (513 nm of wavelength) was present in the rehydrated Co-PAR-x samples
(x =15, 20, 25), which was the characteristic absorption band of the d—d electronic transition of
octahedrally coordinated Co®" cations [77-79]. In contrast, the absorption band of the Co-ISO-x samples
was weak and almost negligible. The results of ICP further confirmed that the total cobalt contents were
also very low, which indicates that H-ISO-x samples only contained the isolated proton sites, whereas
the H-PAR-x samples included some portion of paired protons.

In the synthesis system of the H-ISO-x samples with TMAda™ as the only SDA, the bulky exogenous
TMAda* cation is enclosed in the cage of crystalline SSZ-13, and it can only balance the negative
charges generated by the nearby and isolated AlO4 tetrahedron during the crystallization process [77-
78]. According to the charge balance theory, when there is a lack of free small cations in the synthetic
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system, the successful crystallization of SSZ-13 is limited to an Si/Al ratio (SAR) ranging from 15 to
30, and miscellaneous crystals and defects will appear when the SAR of the feed is outside of this range
[77]. Here, the crystallization was carried out within the valid SAR range, it was also found that the
crystallinity decreased sharply with the increase in SAR. However, no miscellaneous crystals or
amorphous silicon-alumina were found in the results of XRD or SEM, which led to the conjecture that
there are some defects in its structure, which resulted in reduced crystallinity and porous properties.

4.1.2.2 Identification of Al sites inside zeolite structure
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Figure 9. >’Al MAS(a), ?° Si MAS (b, solid traces), and *Si CP-MAS NMR (b, dotted traces) of H-ISO-
x and H-PAR-x samples (x=15, 20, 25).

The ??’A1 MAS NMR spectra of sample H-PAR-x and sample H-ISO-x are shown in Figure 9a. The
resonance at approximately 60 ppm was assigned to the tetrahedrally coordinated Al atoms in the
framework, and the signal at 0 ppm was attributed to the extra-framework octahedral coordinated Al
atoms[71,77,78,82,83]. Nearly all of the aluminum atoms in the H-PAR-x samples were in the
framework. In contrast, some extra-framework aluminum species were formed in the H-ISO-x samples.

In Figure 9b the framework Si atoms with the Q*0Al) ( at -110 ppm) or Q*1Al) (-104ppm)
configurations were clearly observed from the *Si MAS NMR spectra (Figure 8b, solid traces) from all
samples. Because the replacement of one Si by one Al atom in the framework of zeolite causes a
downfield shift of approximately 5 ppm [78,82], with the help of cross-polarization spectra (*Si CP-
MAS in Figure 8b, dotted traces), the board peak at approximately —100 ppm was identified as the
resonance of Si atoms in the Q*(0Al) [ Si (OSi);(OH)] coordination, rather than in the Q*2Al) [Al-O-
Si (OSi),-O-Al] linkages [71,77]. Based on the identification of the above resonance peaks,
deconvolution and curve fitting was performed on the 2Si MS NMR spectrum, and the estimated value
of the Si/Al ratio (SAR) in the zeolite framework was calculated according to the relative peak area, as
shown in Table 5. It can be clearly seen that the framework SAR of the H-PAR-x samples, estimated by
the 2Si MAS spectra, was consistent with the SAR in the bulk phase. On the contrary, for the H-ISO-x
samples, the SAR in the framework was much higher than the SAR in the bulk phases. This result is
consistent with the results of A1 MAS NMR spectra, further confirming the presence of non-
framework aluminum species in H-ISO-x samples, whereas the Al in the H-PAR-x samples all existed
in the form of framework aluminum. For the H-PAR-x samples, The results of the 2°Si specta ruled out
the existence of linkages of Al-O-Si-O-Al [Q*(2Al)] in the structure. Combined with the UV-Vis results
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(Figure 8), it can be further noted that the paired Al (paired protons) mainly existed in Al-O-Si-O-Si-O-
Al, rather than in the Al-O-Si-O-Al structure.

Table 5. The deconvolution results of 2?Si MS NMR spectra of proton type SSZ-13 zeolite samples and
their corresponding acid amount from NH;-TPD results.

Si/AlR Proportion of Q*(nAl) and Q*(nAl) */% Si/Al° BAS
Samples density*
/100% — QYO0AI)  QI1AD) Q'Q2AD Q'0Al)  /100%  /mmol*g’
H-ISO-15 13.9 74.5 18.5 0 7.0 20.1 0.35
H-ISO-20 20.2 74.6 13.6 0 11.8 25.9 0.25
H-ISO-25 26.5 72.6 10.5 0 16.9 31.6 0.23
H-PAR-15 14.2 69.4 22.2 0 8.4 16.5 0.41
H-PAR-20 20.3 73.6 18.7 0 7.6 19.7 0.35
H-PAR-25 27.3 74.1 13.3 0 12.6 26.3 0.30
TEA-ISO-15 13.9 61.2 19.0 0 19.9 16.9 /
TEA-ISO-20 20.2 60.0 14.9 0 25.4 20.1 /

2 Si/Al ratio of bulk phase. ° Proportions of the different Si species with the Q*nAl) or Q*(nAl)
configuration. © The Si to Al ratio in the framework. ¢ Brensted acid density.
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Figure 10. 27Al MAS(a), 2 Si MAS (b, solid traces), and 2°Si CP-MAS NMR (b, dot traces) of TEA-
ISO-15 and TEA-ISO-20 samples.

Figure 10 further confirms the information about the framework structure of the H-ISO-x zeolite
precursors (TEA-ISO-15 and TEA-ISO-20) before calcination. In the 2’Al MAS NMR spectra (Figure
10a), there is no resonance peak of octahedrally coordinated non-framework aluminum (0 ppm), only
the signals of tetrahedrally coordinated framework aluminum (58.27 ppm) were present. The
deconvolution results of the 2Si MS NMR spectra (Figure 10b) also showed that the SAR in the
framework was close to the bulk SAR. This information proves that the precursors of the H-ISO-x
zeolite samples had a relatively complete framework before calcination, and that the framework
dealumination occurred during the process of calcination to remove the SDA. The dealumination,
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thereby produced octahedral non-framework aluminum species, leading to a decrease in crystallinities
and porous properties. It is particularly noteworthy that the resonance peaks related to the silanol
structure Q*(0Al) (-99.3ppm) decreased rapidly after calcination, which suggests that silanol species
were the potential defect sites leading to the framework dealumination during calcination.

4.1.2.3 Acidity characterization.
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Figure 11. The IR spectra of hydroxyl groups on the surface of proton-type samples (a), and the
corresponding hydroxyl bands after ammonia adsorption at 30 °C (b), or after ammonia adsorption at

200 °C (c).
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Figure 12. NH3-TPD profiles of proton-type zeolite samples (a), and the sodium-type samples prepared
by exchanging the H-ISO-15 sample with sodium nitrate (b).

Figure 11a exhibits the surface acidity of two types of protonic SSZ-13 zeolite samples. No vibration
signal of Al-OH bonds (3782cm™) of amorphous alumina was detected in any of the samples [84]. In
terms of the band intensity of the bridged hydroxyl groups (3612cm™, 3585¢cm™) [84-86], it was found
that the intensity in H-PAR-x (x=15, 20, 25) samples was higher than that in the H-ISO-x samples,
which indicates that there are more Breonsted acid sites in the H-PAR-x samples. In the same series of
samples as the SAR increases, the relative strength of the bridging hydroxyl groups decreased, which
also predicts a decline in its Brensted acidity. To identify the strength of the acid sites associated with
the surface hydroxyl groups, the adsorption spectra were collected after adsorbing NH3 at 30 °C (Figure
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11b) and 200 °C (Figure 11¢), where the positive bands (3500-3100 cm™ and 1800- 1350 cm™) indicate
the formation of adsorbed species, and negative bands (3700-3500 cm™) refer to the consumption of
nonacidic/acidic sites[84]. It was observed that almost all hydroxyl species can adsorb ammonia at these
low temperatures (30 °C), resulting in the decay of the hydroxyl vibrational band from the reference
zero to a negative value. When the adsorption temperature increased to 200 °C (Figure 11c¢), the NH;
desorbed from the weak acid sites, but remained adsorbed on strong acid sites, thus showing that there
are still negative bands in the bridging hydroxyl range (about 3600 cm™'). This result clearly indicates
that the acid sites associated with bridged hydroxyl groups (Brensted acid sites) are strong acidic sites,
compared to silanol groups (3733 cm™) and extra-framework Al hydroxyl groups (3665 ¢cm™!, 3640cm
1. For the NH; adsorption at 200 °C, it can still be observed that the negative intensities of the hydroxyl
bonds on the surface of the H-ISO-x samples were weaker than those of the H-PAR-x samples. This
result is consistent with the relative intensities of the surface hydroxyl groups, indicating that the
Brensted acidity of the H-ISO-x samples were weaker than the H-PAR-x samples. Although the
distribution of proton acid sites of samples H-PAR-x and H-ISO-x was different, there was no difference
in the produced hydroxyl groups. After the adsorption of ammonia, the vibrational bands of the hydroxyl
groups did not undergo any red-shift or blue-shift (see Figures 6b, 6¢). This means that these acid sites
exhibited the same acidic strength towards the adsorbate (NH3), regardless of the acid site distribution.

In the spectroscopic experiments it has been proven that the adsorption of ammonia at a high temperature
occurs mainly on the Brensted acid sites. Therefore, the precise quantification of acid sites of samples
was carried out with NH3-TPR measurements. In Figure 12a all samples presented two major desorption
peaks centered around ~200 °C and 450 °C, the amount of Brensted acid (BAS) density was calculated
by deconvolution and integration of the desorption peaks centered in the range 300 °C to 700 °C, and
recorded in Table 5. There is a strong correlation between the BAS density and the ratio of Si/Al in the
framework of the samples. Moreover, the additional sodium ion exchange experiments also confirm that
the neutralization of Brensted acid sites by sodium ions will reduce the high-temperature desorption
peak of NH; during the NH3-TPR experiment (Figure 12b). With the increase in Si/Al in the framework,
the BAS density gradually decreased, demonstrating the order of strength: H-PAR-15 > H-PAR-20 =H-
ISO-15 >H-PAR-25 > H-ISO-20> H-ISO-25. In examination of the results of the catalytic experiment
under the same reaction conditions and TOS, among the catalysts with different acidity, the selectivity
for light olefins exhibited an opposite, but highly correlated trend: M/H-ISO-25 > M/H-ISO-20 > M/H-
PAR-25 > M/H-ISO-15 > M/H-PAR-20 > M/H-PAR-15.
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4.1.3 Effect of Bronsted acid density on the reactivity of H-SSZ-13 zeolite
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Figure 13. CO, hydrogenation over the bifunctional catalysts of In,O; and SSZ-13 with varying
Brensted acid site densities. (a) The conversion of CO; and selectivity for CO; (b) The selectivity for
unconverted methanol and selectivity for light olefins (C,™ to C47) among hydrocarbons. GHSV = 6400
mL*g*h'!, T=325 °C, P=10 bar, Hy/CO»= 6.

Table 6. Physicochemical properties of sample H-ISO-15 before and after sodium ion exchange.

Sample Na?® Al*? Sper® Vmicro © Exchange BAS density ©
fwt.% Iwt% /m**g’! fem**g! degree ¢ /% /mmol*g!
H-ISO-15 / 2.79 619 0.26 / 0.35
Na-8-ISO-15 0.18 2.73 585 0.25 8% 0.26
Na-18-ISO-15 0.44 2.77 596 0.25 18% 0.23
Na-21-ISO-15 0.51 2.78 570 0.24 21% 0.21
Na-26-ISO-15 0.61 2.73 573 0.24 26% 0.17
Na-27-ISO-15 0.62 2.74 577 0.23 27% 0.15

2Concentrations of Na and Al. ® BET surface area. ¢ Micropore volume. ¢ Exchange degree. ¢ Bronsted
acid density.

In order to further distinguish the effect of BAS density, rather than that of others, on the distribution of
light olefin products over the tandem catalyst, the reactivities of tandem catalysts with varying BAS
density of zeolite components were tested and are shown in Figure 13. The detailed physicochemical
properties of zeolite components are shown in Table 6. By using the zeolite sample H-ISO-15 as parent
material, the Bronsted acidity of H-ISO-15 was modified by Na* ion exchange. The obtained Na-type
zeolite samples exhibited decreased BAS density without changing the porous properties.

It was found that the Bronsted acid site (BAS) density was the determining factor for product distribution
and stability of the catalyst. Catalysts with higher acid density demonstrated higher MTO and
hydrogenation activity, and the products were dominated by alkanes. As the BAS density of the catalyst
decreased, both the MTO reaction rate and the hydrogenation rate decreased simultaneously, and the
catalysts with lower BAS density gave higher selectivity of light olefins. However, when the BAS
density of the catalyst was too low, the selectivity of olefins could not be further improved, on the
contrary, its stability was severely weakened. Specifically, the catalysts with low BAS density showed
a low methanol conversion rate at the beginning of the reaction, where unreacted methanol appeared in
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the effluent. At the same time, the accumulation of methanol also caused a higher CO selectivity during
the initial stage. With the establishment of the organic co-catalyzing centers (hydrocarbon pool species,
HCPs), the conversion of methanol gradually increased, and the selectivity to CO decreased to its steady-
state value as the reaction proceeded. After the reaction continued for 12 h, the active sites of the catalyst
were covered or blocked due to the accumulation of coke deposition. The catalysts with the lowest BAS
density, therefore, exhibited quick deactivation, which was manifested by the reappearance of unreacted
methanol in the effluent, and the selectivity of CO increased again.

4.1.4 Effect of Bronsted acid density on the coking behavior

Figure 14 shows the coke deposition characteristics of tandem catalysts with different acidities. From
the result of TGA (Figure 14a), it is clear that the BAS density of the zeolite components affected the
coke deposition rate in the tandem catalyst. When the BAS density of the zeolites was higher than 0.25
mmol/g, the coke deposition was low, and the amount of coke on the catalysts with different BAS density
had few variations after 12 h of reaction. On the contrary, when the BAS density was lower than 0.25
mmol/g, the coke deposition rate increased rapidly. The TPO profiles found that the BAS density of the
catalyst also affected the type of deposited coke (Figure 14b). The high-temperature decomposed coke
dominated inside of catalysts with a BAS density higher than 0.23 mmol/g. When the BAS density of
the catalyst was reduced below 0.23 mmol/g, the low-temperature decomposed coke increased more
rapidly. The lower the BAS density, the higher proportion of the low-temperature decomposed coke.
The analysis of soluble coke in the spent catalyst by GC-MS further confirmed that the composition of
coke was closely associated with the BAS density. On catalysts with high BAS density, the deposited
coke was light methylbenzenes, mainly including toluene to tetra-methylbenzene. When the BAS
density gradually decreased, in addition to light methylbenzene, the penta-methylbenzene, hexa-
methylbenzene, and adamantane species appeared in large numbers on the spent catalyst. It is well
known that methylbenzenes are generally considered to be the hydrocarbon pool species (HCPs), which
catalyze the MTO reaction together with Brensted acid centers [25,26,45]. Whereas adamantane species
are generally considered as the main species that cause rapid deactivation of MTO at low temperatures
(300-400 °C) [25,72]. Therefore, it is reasonable to speculate that too low BAS density led to
deactivation of the catalyst, possibly due to the large amount of inactive adamantane species.
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Figure 14. The TGA patterns (a) and TPO profiles (b) of deposited coke on spent catalysts after CO;
hydrogenation reaction at temperature of 325 °C, 10 bar, H,/CO»= 6 and after TOS of 12 h.
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Figure 15. Effect of the Bronsted acid site (BAS) density of zeolite component on the catalytic
performance of the bifunctional In,Os/SSZ-13 catalysts. (1) The selectivity for light olefins (C,™-Cy"),
(2) coke deposition amount, (3) the selectivity for unreacted methanol at TOS of 0.5 h. Reaction
condition: catalyst weight = 1 g, the weight ratio of InoO3/SSZ-13 = 2 in granule mixture, GHSV = 6400
mL*g'*h!, T=325 °C, P=10 bar, H/CO,= 6. TOS=12 h.

In Figure 15 the effect of the BAS density on the selectivity for CO, the selectivity for light olefins
among hydrocarbons, and the selectivity for unreacted methanol during the initial period (0.5h), as well
as the coke deposition, has been summarized after the 12 h experiments. Among all the catalysts with
varying Al distributions and porous properties, it can be clearly seen that the BAS density exhibits a
good correlation with the selectivity for light olefins and coke deposition in CO; hydrogenation. This
further demonstrates that the BAS density of the zeolite component in the bifunctional catalysts is the
decisive factor for olefin production. In order to achieve both high selectivity of olefins and stability of
the catalyst, the BAS density of the catalyst must be optimized within a reasonable range. Under the
current reaction conditions (325 °C, 10 bar), the ideal BAS density of the zeolite was about 0.25 mmol/g.
Zeolite H-ISO-20 was suitable for such acidity when combined with an In,O3 catalyst as a bifunctional
tandem catalyst. Catalyst M/H-ISO-20 gave 70% selectivity for light olefins among hydrocarbons and
74% selectivity for CO with no deactivation after 12h of operation. It should be pointed out that over a
tandem catalyst with a fixed composition, the selectivity for olefins also gradually changes with the
progression of the reaction, here the continuous accumulation of coke may be the main reason for the
change in catalytic performance. Further investigation associated with coke accumulation during CO;
hydrogenation is discussed in Paper I1.
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4.2 Modulating the formation of coke to improve the production of light olefins
from CO2 hydrogenation over In203 & SSZ-13 catalysts

As described in section 4.1, the Bronsted acid (BAS) density of the zeolite component is an important
factor affecting product distribution and coking performance during CO; hydrogenation. However, over
tandem catalysts with a fixed zeolite component, as the reaction proceeds, the coke continues to deposit,
and the BAS density gradually decreases, leading to changes in the activity of the catalyst and the
selectivity for products [25]. Among many coke species the active hydrocarbon pool species (HCPs),
acting as co-catalyst centers for the MTO reaction, play a very important role in the formation of light
olefins, whereas inert coke, such as adamantanes or bulky polycyclic aromatic hydrocarbons, covers the
acid sites, blocks the pores, and leads to catalyst deactivation [72]. In order to improve the stability of
the catalyst, it is necessary to study and fine-tune the type of coke, while controlling the accumulation
rate of the coke. In Paper II, using the model tandem catalyst M/H-ISO-25 (including the In.O; and
zeolite sample H-ISO-25 as components) as the main reference catalyst, the type and accumulation rate
of deposited coke, under various temperatures and pressures, was studied through transient temperature
experiments. A dynamic balance mechanism between the coke formation and digestion was revealed,
and a pre-coking modification method to improve olefin selectivity was proposed. One-hundred hours
of testing was carried out under the optimal reaction conditions to verify the stability of the modified
catalysts.

4.2.1 The effect of temperature on reactivity and coke deposition

4.2.1.1 The effect of temperature on the product distribution
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Figure 16. Catalytic performance of CO, hydrogenation over M/H-ISO-25 tandem catalysts. (a)

Selectivity for light olefins (C,~, Cs~ and C47) with TOS during the constant temperature (T=325 °C, 350
°C 375 °C, 400 °C) experiments. Here, the selectivity for olefins is within the hydrocarbons, excluding
CO, CH30H and DME. (b) The yield of ethylene (C."), propene (Cs~), and methanol with TOS during
the transient temperature experiment. Temperature variation sequence: 5 h at 400 °C —20 h at 325
°C—5 h at 400 °C. Other conditions: catalyst weight = 1g, the weight ratio of In,Os/ H-ISO-25 =2 in
granule mixture, GHSV = 6400 mL*g'*h"!, P=30 bar, H»/CO,= 6.

Figure 16 presents the performance of the tandem catalyst in static and transient temperature
experiments. In Figure 16a, at a high temperature of 400 °C, the selectivity for olefins was low, without
deactivation after running for 20 h. As the reaction temperature decreased, or the reaction time
prolonged, the selectivity for olefins increased gradually, and the lower the reaction temperature, the
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higher the growth rate of olefins. At 325 °C at TOS of 4 h, the highest selectivity for light olefins was
70% (based on total HC, not including CO) was achieved. Thereafter, the selectivity for olefins
decreased rapidly as the reaction proceeded (TOS > 4 h) due to deactivation. Interestingly, from the CO;
hydrogenation in the transient temperature experiment (as shown in Figure 16b), it was found that after
the catalyst had been deactivated during 20 hours of reaction at 325 °C, it could recover its reactivity
when the reaction temperature was increased again to 400 °C. By comparing the performance of the
fresh catalyst and the regenerated one, under the same reaction conditions (400 °C, 30 bar), it was found
that the yield of ethylene and propene had increased, while the conversion of CO, remained the same.
The following experiments and discussions were carried out to answer in detail these questions: Why
did the increased temperature restore the activity of the catalyst deactivated at low temperature? Why
did the regenerated catalyst have improved performance?

4.2.1.2 The role of coke in the HMTO (MTO with co-feeding H:) process
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Figure 17. Distribution of products from CO; hydrogenation over M/H-ISO-25 tandem catalysts. (a)
The yield of major hydrocarbons with TOS at 325 °C, (b) The total yield of C; (propane and propene)
at different temperature conditions before deactivation. Other conditions: Catalyst weight = 1g, the
weight ratio of In,O3/ H-ISO-25 = 2 in granule mixture, GHSV = 6400 mL*g"!*h"!, P=30 bar, Hy/CO,=
6.

Figure 17 records the yields of olefin and alkane products as a function of reaction time at 325 °C over
the tandem catalysts during CO; hydrogenation. It is worth noting that the yields of ethylene and ethane
exhibited a similar trend over TOS, whereas the C»+alkenes (e.g. propene and butene) and corresponding
alkanes (e.g. propane and butane) demonstrated opposite trends before deactivation. But the sum of
propylene and propane, or the sum of butene and butane remained relatively constant as the reaction
proceeds. It has been generally accepted that the formation of ethylene is related closely to the aromatics
cycle, and that increasing the hydrocarbon pool species and steric hindrance would be of help to
improving the selectivity for ethylene [25-26, 45]. Therefore, the deposition of coke promoted the
formation of total C; products: higher quantities of coke deposition before deactivation contributed to a
higher selectivity towards C,. On the other hand, the deposition of coke also suppressed the
hydrogenation reaction of unsaturated hydrocarbons on the Brensted acid sites, giving the increased
yield of C,+ olefins and a decreased yield of their corresponding paraffins, as is evident in Figure 17b.
As the reaction proceeded (coke accumulation) before catalyst deactivation, the propene yield showed
an increasing trend, and the propane yield showed a decreasing trend. However, the total yield of
propene and propane was stable. DeLuca et al. claimed that the hydrogenation barrier of alkene
decreased as the chain length of the molecule increased and its corresponding carbonium species
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stabilized [44]. Compared with propylene and Cs.: olefins, it was difficult for ethylene to hydrogenate
over a weak acid site. Therefore, coke deposition-induced inhibition of hydrogenation has a weak effect
on ethylene selectivity, but it has a significant effect on increased selectivity for C+ olefins.

4.2.1.3 The effect of temperature on the evolution of coke
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Figure 18. The parallel experiments of CO; hydrogenation with varying TOS and temperature over
M/H-ISO-25 tandem catalysts. (a) The catalytic performance, (b) TPO profiles of coke in spent catalysts,
(c) Weight loss, oxygen consumption and composition analysis (C/H mole ratio) of coke from TGA and
TPO results. (d) GC-MS results of the soluble coke retained in spent catalysts. The specific compound
inside of coke 1: toluene; 2 & 3: xylene; 4 & 5: tri-methylbenzene; 6: butyl-adamantane; 7: dimethyl-
adamantane; 8 & 9: tetra-methylbenzene; 10&11: naphthalene; 12: penta-methylbenzene; 13: hexa-
methylbenzene; 14: methyl-diadamantane; 15: trimethyl-naphthalene; 16: tetramethyl-naphthalene; 17:
naphthalene; 18: 2.6-diisopropylnaphthalene; 19: dimethylphenanthrene. Reaction conditions: catalyst
weight = 1g, the weight ratio of In,O3/ H-ISO-25 = 2 in granule mixture, GHSV = 6400 mL*g!*h!,
P=30 bar, Ho/CO,= 6. T =325 °C from TOS of 0 to 20 h, T=400 °C from TOS of 20 h to 25 h.
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In order to study the deposition rate and the evolution of coke inside of catalysts, six parallel experiments
were carried out in the transient temperature experiment, the spent catalysts were taken out after various
reaction times (2 h, 4 h, 7 h,12 h, 20 h, 25 h). The reactivity of catalysts and characterization results of
spent catalysts are shown in Figure 18. For fresh tandem catalysts, the catalyst started to deactivate after
4 h TOS at 325 °C. After 20 hours of operation at 325°C followed by 5 hours at 400°C, the catalyst
regained its activity (as shown in Figure 18a).

From the results of TPO (Figure 18b) and TGA (Figure 18c), it can be seen that the rate of coke
accumulation inside the catalyst was the fastest at the initial stage of the reaction (0—4h). When the
catalyst was gradually deactivated, the coke deposition rate decreased, but the accumulated amount of
coke still increased slowly. At the TOS of 20 h, the accumulated coke reached the maximum value of
4.9 wt.%. However, after continuous high-temperature reaction at 400 for 5 h, the retained coke was
decreased to 2.8 wt.%. Moreover, the type of coke was also significantly altered after high-temperature
treatment. In the Figure 18b, after running at 325 °C, the spent catalyst contained two types of coke with
oxidative decomposition peaks, centered at low temperature (500 °C) and high temperature (700 °C),
and their amount increased but the composition did not change as the reaction proceeded. After
continuous reaction at 400 °C for 5 h, the TPO profile of the low-temperature oxidation decomposition
coke disappeared, and the amount of high-temperature oxidation decomposition coke also decreased. In
Figure 18c, the detailed elemental analysis of the coke decomposition products shows that the C/H ratio
of the residual coke increases after reaction at 400 °C for 5 h, which indicates decomposition of the light
coke.

In Figure 18d, the GC-MS analysis gives the qualitative results for all soluble coke from spent catalysts.
After the reaction at a low temperature of 325°C, the soluble coke in the spent catalyst mainly included
alkylbenzenes and adamantanes. As the reaction progressed, the concentrations of heavy alkylbenzenes
(Penta-methylbenzene, Hexa-methylbenzene) and adamantanes both increased gradually. The small
amounts of polycyclic aromatics were present in the spent catalyst after TOS of 20 h. However, after
continuous reaction at 400 °C for 5 h, almost all polycyclic aromatics, heavy alkylbenzenes, and
adamantane species disappeared inside the spent catalysts. The main residual coke species were tetra-
methylbenzene and other light methylbenzenes, which are generally considered as hydrocarbon pool
species. In Figure 18c, it is known that the lack of low-temperature oxidation decomposition coke
resulted in a higher C/H ratio of residual coke in the spent catalyst (TOS= 25 h). It is reasonable then to
speculate that the low-temperature oxidation decomposition coke species (light coke) in the TPO curves
are mainly associated with adamantane species. Since the adamantane species have a lower C/H ratio
composition compared to polycyclic aromatics and heavy alkylbenzenes, their decomposed products
should have lower C/H ratios. In the spent catalysts containing the adamantane species as coke, the C/H
ratio of the oxidative decomposition products was low (seen in Figure 18 ¢, TOS= 20 h), while in the
regenerated catalyst without the adamantane species, the TOP result of residual coke showed an
increased C/H ratio (seen in Figure 18 ¢, TOS=25 h).
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4.2.1.4 Effect of coke on the acidity and porous properties of catalysts

Table 7. Textural properties of spent and fresh catalysts and their fresh ingredients before and after
reaction.

Sample Seer*(M**g1) Ve " (em3*g)  Viiero € (cm**g?)
Fresh (H-ISO-25) 514.8 0.051 0.220
Fresh (In,O3) 95.9 0.310 0.022
Fresh (M/H-ISO-25) 197.7 0.120 0.073
Spent-20h (20h at 325 °C) 21.2 0.049 0.003
Spent-25h (20h at 325 °C, Sh at 400 °C) 98.8 0.047 0.039

2 BET surface area. ® Mesopore volume. ®Micropore volume.
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Figure 19. FTIR spectra of the adsorption of NH3 at 30 °C (a) and pore size distribution analysis (b) of
fresh and spent tandem catalysts. The ‘Fresh’ represents an unused catalyst (M/H-ISO-25), the H-ISO-
25 and In,0Os indicate the zeolite and oxide components, respectively in the inserted panel of Figure 19b.
‘Spent-20 h’ is the spent catalyst after 20 h at 325 °C, and ‘Spent-25h’ is the spent catalyst after 20 h at
325 °C followed by 5 h at 400 °C.

Using IR spectra of NH3 adsorption and the N, isothermal adsorption, the surface acidity and porous
information of fresh, deactivated (TOS=20 h), and regenerated catalysts (TOS=25 h) were analyzed,
and the results are shown in Table 7 and Figure 19. After 20 h of reaction at 325 °C, a large amount of
coke accumulated inside the spent catalyst, covering the active hydroxyl sites (acid centers) and
hindering the diffusion of products by blocking the micropore structure of the catalyst. This led to
significant deactivation of catalysts. However, after continued reaction at 400 °C, without any oxygen
combustion, the surface acidity and micropores were recovered to some extent. In Figure 19a, the
increased negative peak of hydroxyl groups (approximately 3711 cm™) and slightly increased vibrational
peak of adsorbed NH; (approximately 1484 cm™) indicate that accessible acid sites were restored [84-
86]. Figure 19b demonstrates that the increase in the specific surface area and micropore volume of the
catalyst supports the importance of high temperature for restoring the porosity of the catalyst.

In summary, the reaction temperature played an important role in affecting the selectivity of the target
product and the lifetime of the tandem catalyst. Under the high temperature conditions, the rate of coke
formation was slow, there were fewer hydrocarbon pool species, therefore the yield of light olefins was
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low. Low temperature promoted both the production of active hydrocarbon pool species and inactive
light coke (adamantane species), resulting in coverage of acid sites and blockage of pores, and eventually
catalyst deactivation. Following regeneration at high temperatures, the harmful light coke was
decomposed or transformed into polymethylbenzenes, thus allowing for the rapid build-up of the active
hydrocarbon pool species. This transient temperature treatment was shown to contribute to an increased
selectivity for light olefins.

4.2.2 The effect of pressure on reactivity and coke deposition
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Figure 20. The selectivity for light olefins (C;~ to C47) under various reaction pressures during CO;
hydrogenation over M/H-ISO-25 tandem catalyst (a), and TPO profiles of the coke in the corresponding
spent catalysts after 12 h of reaction (b). Here the selectivity of olefins is within the hydrocarbons,
excluding CO, CH3;0OH and DME. Reaction conditions: catalyst weight = 1g, weight ratio of In,Os/ H-
ISO-25 =2 in granule mixture, GHSV = 6400 mL*g"'*h"!, T=325 °C, H/CO,= 6, and TOS=12 h.

Figure 20 reveals the significant effect of reaction pressure on the selectivity for light olefins and the
stability of catalysts. In Figure 20a, when the reaction was carried out at the low temperature of 325 °C,
the higher reaction pressure had a negative impact on the stability of the catalyst. At 10 bar, the catalyst
had higher stability, and the selectivity for light olefins exceeded 80% after 12 h TOS without any
deactivation. As the reaction pressure increased from 10 bar to 40 bar, severe catalyst deactivation
occurred, manifested in an increase in the selectivity toward the methane and unreacted methanol in the
effluent. After 2.5 h of reaction at 40 bar, the catalyst began to deactivate. As mentioned earlier, when
the hydrogen-to-carbon ratio of the feed was fixed, increasing the total pressure increases the partial
pressure of both hydrogen and methanol simultaneously since the high pressure favors the methanol
synthesis. Increasing the hydrogen partial pressure has been widely reported to suppress the coke
deposition and improve the stability of catalysts. However, the increase of methanol partial pressure
promotes the disproportionation reaction of methanol, thereby producing coke precursors such as
formaldehyde and accelerating the deactivation of the catalyst [55]. It is apparent here that increasing
the partial pressure of methanol greatly weakened the effect of the hydrogen partial pressure, in order to
prolong catalyst lifetime [73]. More specifically, compared with the hydrogenation reaction, the
disproportionation reaction of methanol was dominant in this case, resulting in a large amount of
formaldehyde being generated and involved in the Prins reaction [55], which reacted with olefins to
form dienes, aromatics, and generate inert coke substances that eventually lead to catalyst deactivation.
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Figure 20b demonstrates an important correlation between reaction pressure and inert coke formation.
At a low temperature of 325 °C, a large amount of light coke (low-temperature oxidation decomposition
coke) was found in the deactivated catalyst after the high-pressure (40 bar) reaction. This result further
confirmed that the formation of light coke, and more specifically the formation of adamantane species,
was the main cause of catalyst deactivation at low temperatures. Previous studies have reported that the
formation of adamantane was mainly attributed to the cyclization of dienes to cycloalkanes, followed
by the subsequent isomerization of cycloalkanes to adamantanes at low temperatures under solely the
MTO reaction. There was not enough evidence here to identify from which pathway it was formed
during CO; hydrogenation. However, it is reasonable to speculate that formaldehyde played a key role
in adamantane formation. Low temperature and high pressure accelerate the formation of formaldehyde,
which forms inactive adamantane through oligomerization and cyclization, eventually leading to the
deactivation of the zeolite catalyst.

4.2.3 Pre-coking of the catalysts with varying acidity in transient experiment
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Figure 21. The continuous transient experiment over tandem catalyst M/H-ISO-25. Temperature
variation sequence: 5 h at 400 °C — 20 h at 325 °C — 5 h at 400 °C — 10 h at 325 °C — 5 h at 400°C.
Reaction conditions: catalyst weight = 1 g, the weight ratio of In,O3/ H-ISO-25 = 2 in granule mixture,
GHSV = 6400 mL*g'*h!, P=30 bar, Ho/CO»=6.
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Figure 22. Catalytic performance of M/H-ISO-15 (a), M/H-ISO-20 (b), and M/H-ISO-25 (c) at 400 °C
before and after coking treatment. The notations ‘First’, ‘Second’, and ‘Third’ refer to the reaction
performance for fresh catalyst (TOS=5 h), after the first cycle of coking treatment (TOS=30 h), and after
the second cycle of coking treatment (TOS=45 h), respectively in the continuous transient experiment.
Reaction conditions: catalyst weight =1 g, weight ratio of oxidate/ zeolite=2 in granule mixture, GHSV
= 6400 mL*g"*h"!, T=400 °C, P=30 bar and H»/CO,= 6.

Continuous transient experiments (400 °C 5h — 325°C20h —400°C5h — 325°C10h —400°C 5
h) were carried out to study the reactivity of catalysts with various acidities before and after pre-coking
treatments. Figure 21 shows the schematic diagram of the tandem catalyst M/H-ISO-25 after two rounds
of pre-coking treatment and the corresponding change in trend of olefin products. Here, the first round
of pre-coking refers to the treatment from TOS =5 h to TOS=30 h, and the second round of pre-coking
refers to the operation from TOS=30 h to TOS=45 h. In the initial stage at 400 °C, as the reaction
progressed, coke gradually accumulated and the selectivity for light olefins increased steadily. When
the reaction temperature was changed to 325 °C, the catalyst began to deactivate. Typically, the lower
the acid density of the catalyst, the faster the rate of deactivation. When the reaction conditions were
returned to the second 400 °C stage, the activity and performance of all catalysts were well recovered.
In the second pre-coking stage at 325 °C, the yield of light olefins again showed a volcanic curve
response. This demonstrates that the coking deactivation and de-coking regeneration of the catalyst can
be switched repeatedly.

To compare the performance of the catalysts before and after pre-coking, the steady-state results of TOS
at 5, 30, and 45 h are selected for comparison, which are denoted as “first, second and third,” respectively
in Figure 22. The results indicate that the M/H-ISO-25 catalyst with the lowest acid density the highest
selectivity for olefins after pre-coking treatments is reached. In addition, regarding the same catalyst,
the yield of olefins after the second round of pre-coking treatment did not increase beyond that after the
first round of pre-coking treatment. This indicates that the catalyst had established a steady state, and
that the accumulation of hydrocarbon pool species had also reached a dynamic equilibrium after a
sufficient duration of the coking treatment under certain reaction conditions.
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4.2.4 The stability test of the pre-coked catalyst
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Figure 23. Long-term catalytic performance of pre-coked tandem catalyst M/H-ISO-25 in CO;
hydrogenation. Pre-coking procedure: 325 °C for 20 h then 400 °C for 5 h under GHSV = 6400 mL*g
Uh1 H,/CO,= 6, P=30 bar. Reaction Conditions: catalyst weight = 1 g, weight ratio of In,Os/ H-ISO-
25 = 2 in granule mixture, GHSV = 6400 mL*g"'*h"!, P= 20 bar, H,/CO,= 3 and T=375 °C.
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Figure 24. Catalytic performance of CO, hydrogenation over fresh (a) and pre-coked catalyst (b). Parent
Catalyst: M/H-ISO-25, total weight = 1g, the weight ratio of In,O3/ H-ISO-25 =2, Pre-coking procedure:
325°C for 20 h then 400 °C for 5 h under GHSV = 6400 mL*g'*h"> Ho/CO»= 6, P=30 bar. Reaction
condition: GHSV = 6400 mL*g"'*h"!, T=375 °C, Ho/CO,= 3. P=20 bar.

Figure 23 shows the long-term reaction performance of the tandem catalyst after a pre-coking treatment.
Under the optimized reaction temperature and pressure, it demonstrated a very stable activity and high
selectivity for light olefins (70% based on the formation of hydrocarbons). The CO; conversion was
20%, and there was no obvious deactivation during 100 h of operation. The results confirmed that the
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combination of reaction temperature, pressure, and appropriate acid (BAS) density of the catalyst can
control the type of coke and balance the formation and decomposition rates of coke, thereby prolonging
the lifetime of catalysts for CO, hydrogenation. Compared with the fresh catalyst under the same
reaction conditions, the results (in Figure 24) demonstrate that the pre-coking treatment played an
important role in stabilizing the active sites and shortening the time for the production of light olefins.
This was mainly due to the rapid deposition of hydrocarbon pool species and the regulation of catalyst
acidity through this pre-coking. Therefore, under suitable reaction conditions, the balance between coke
deposition and decomposition can be quickly established. To support the reaction results, the
characterizations of the pre-coked catalyst, before and after long-term tests, were carried out and the
results are shown in Figure 24 and Figure 25. In the pre-coked catalyst, the amount of deposited coke
was 2.4 wt.%, and the light methylbenzenes were the main components of the coke. After 100 h of
reaction, the coke in the spent catalyst was still dominated by light methylbenzenes with a trace of
polycyclic aromatics, but no adamantanes. The total amount of coke was only 4.0 wt.%, with an average
deposition rate of 0.016 wt.%*h™". This low rate of coke deposition further confirms an almost steady
state for the formation and decomposition of coke during the long-term reaction.
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Figure 25. The TPO results of pre-coked catalysts before (a) and after (b) 100 h TOS (the pre-coking
procedure and reaction condition are specified in Figure 23).
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Figure 26. The TGA(a) and GC-MS (b) result of pre-coked catalysts before (a) and after (b) 100 h TOS
(the pre-coking procedure and reaction condition are specified in Figure 23). Identification of
compounds: (1) Toluene; (2), (3) Xylene; (4) p-Ethyltoluene; (5), (6) Tri-methylbenzene; (7) Tetra-
methylbenzene; (8) Naphthalene; (9) Penta-methylbenzene; (10) Methylnaphthalene; (11) Dimethyl-
naphthalene; (12) Trimethyl-naphthalene; (13) Tetramethyl-naphthalene.
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5 Conclusions

The main objectives of this study were to investigate the possible use and development of SSZ-13 zeolite
as an efficient MTO catalyst component in the tandem catalyst for CO hydrogenation to light olefins.
The catalyst needs to have high hydrothermal stability while also enabling high selectivity and stability
towards light olefin production. To achieve this goal, SSZ-13 zeolites with various acidities were
synthesized and characterized. The effects of zeolite acidity on product distribution and coke deposition
were thoroughly investigated. The best SSZ-13 zeolite was screened out, and the related reasons
influencing it performance have been analyzed. Simultaneously, based on the exploration of the role of
coke in olefins production and the study of coke composition over the deactivated catalyst, a modified
catalyst with higher olefin selectivity was further developed through pre-coking. Under the optimized
reaction conditions, its stable performance was verified through a 100 h long-term test. Some
fundamental insights were also proposed through detailed catalyst characterization, transient reactivity
tests, and coke analysis.

Firstly, two types of SSZ-13 zeolites with similar bulk composition, but different arrangements of
framework Al (isolated Al and paired Al distributions in the framework) were synthesized. Their
performance was investigated at a low temperature of CO, hydrogenation, and the main acid properties
(acid density and distribution) influencing selectivity for olefins and coke formation were explored. The
results demonstrate that the SSZ-13 zeolites with paired Al or isolated Al distribution could be
crystallized from a gel precursor respectively with and without Na* cations in the structure directing
agent (SDA). Due to the lack of freely mobile Na* cations during the crystallization process, the zeolites
with isolated Al also contained the Q*(0A) types of hydroxyl defects in their structure. The higher the
Si/Al in the bulk phase, the higher the quantity of defect sites in the framework. After removing SDA
through high-temperature calcination, the framework with the defects underwent dealumination,
resulting in a lower content of bridged hydroxyl groups and lower Breonsted acid site (BAS) density.
Whereas the framework of the SSZ-13 zeolites with paired Al distribution, was more stable and obtained
a larger amount of Brensted acid sites after removal of the SDA. In integrating these zeolites and indium
oxides as tandem catalysts for CO, hydrogenation, the low acidity SSZ-13 zeolites with isolated Al
distribution showed a good performance as MTO catalyst components and exhibited higher selectivity
for light olefins during CO; hydrogenation. In order to distinguish the effects of BAS density and
distribution on the product selectivity and coke formation, the Na* cations were introduced to tailor the
BAS density without affecting the porous properties. These comparative experiments indicated that the
BAS density was highly correlated with the selectivity for light olefins among different types of SSZ-
13 zeolites. Reducing the BAS density was beneficial in improving the selectivity for light olefins.
However, when the BAS density of the catalyst was too low, the catalysts exhibited firstly, increased
and then, decreased MTO reactivity, giving a longer initial period in the beginning and exhibiting rapid
deactivation with longer time-on-stream. The characterization of spent catalysts indicated that the
catalysts with low BAS density experienced a rapid coke deposition rate. In particular, compared with
polyalkylbenzenes (belonging to hydrocarbon pool species), adamantanes were found to be abundant
on the deactivated catalysts, and their formation was strongly associated with emissions of unreacted
methanol during the initial stage of reaction, which may be one of the most important contributing
factors to catalyst deactivation. At 325 °C and 10 bar, the preferred catalyst had a BAS density of
approximately 0.25 mmol*g" and exhibited 70% selectivity to light olefins among hydrocarbons and
74% selectivity to CO without deactivation after 12h time-on-stream. Most of the coke accumulated
inside the catalyst was composed of alkylbenzene species.

45



Secondly, over the optimized tandem catalysts with the low acidity SSZ-13 zeolite component, the
selectivity for olefins and coke formation (coke type and deposition rate) were systematically
investigated under varying temperatures and pressures. The results indicated that the coking behavior of
SSZ-13 zeolite was significantly affected by reaction temperature and pressure during CO>
hydrogenation to olefins. Furthermore, coke inside zeolites was linked to both the MTO reaction and
the hydrogenation of hydrocarbons, resulting in it affecting both product distributions and catalyst
lifetimes. In contrast to the purely MTO reaction process, the co-existence of hydrogen with more water
and methanol during the tandem process, affects the overall performance of the SSZ-13 zeolite for the
MTO reactions. At high temperatures, the hydrogenation and cracking reactions dominated and
inhibited the accumulation of both active coke (hydrocarbon pool species) and inactive coke species
(adamantanes). These conditions prolonged the lifetime of the SSZ-13 zeolite, but a large amount of C-
alkanes were produced due to the excessive hydrogenation of C,+ alkenes on Brensted acid sites. At low
temperatures, the deposition of coke was accelerated and the selectivity for olefins was improved,
however, the catalyst deactivated rapidly, especially under higher pressures. This low-temperature and
high-pressure condition favored the methanol disproportionation reaction and subsequent accumulation
of inactive adamantanes, which blocked the pores and active sites and resulted in rapid deactivation.
However, after a pre-coking treatment under transient conditions (coking at 325 °C followed by
regeneration at 400 °C with constant pressure 30 bar), the inactive adamantanes were decomposed but
active hydrocarbon pool species (HCPs) were preserved, which not only reopened the channel structure,
but also modulated the suitable active sites within the zeolite, resulting in an improved selectivity for
olefins. Continuous transient experiments further confirmed the existence of a dynamic equilibrium
between the formation and degradation of coke inside SSZ-13 zeolites during CO» hydrogenation. This
balance can be achieved by optimizing the reaction conditions to match the BAS density of the catalyst.
Under the optimized conditions of 20 bar and 375 °C, with an H, to CO, mole ratio of 3, the pre-coked
tandem catalyst of InO3 and SSZ-13 (BAS density =0.23 mmol*g™') exhibited very stable performance
for CO; hydrogenation. The selectivity for light olefins was within 70% + 2% (based on hydrocarbons
formed), and the average coke deposition rate was 0.016 wt.%*h! during 100 h time-on-stream.
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6 Future work

Our current work clearly demonstrates that SSZ-13 zeolite is a promising MTO catalyst component in
tandem catalysts, giving high olefin selectivity among hydrocarbons and good stability during CO;
hydrogenation. However, there remains a significant amount of CO as a by-product, mainly due to the
mismatch between the optimal reaction conditions for the methanol synthesis reaction (CTM) and the
methanol to olefins reaction (MTO). Paper II confirms that the efficient and stable performance of SSZ-
13 zeolites needs to be guaranteed by high temperature and low-pressure reaction conditions, however,
this condition is not favorable for methanol synthesis. On the contrary, it promotes the reverse water gas
shift reaction (RWGS) and produces a large amount of CO. In Paper I, it was demonstrated that catalytic
conversion of methanol over SSZ-13 zeolites has a thermodynamic driving force to shift the methanol
synthesis equilibrium, thus suppressing the parallel RWGS reaction. Unfortunately, the promoted
synergy can only be performed within a limited proximity between the In,O; catalyst and SSZ-13
zeolite. Intimate contact between these catalyst components can cause rapid solid-state ion exchange of
the indium cation into the zeolite, resulting in rapid deactivation of the catalyst [74-75].

At present, copper-based catalysts are one of the most promising catalysts for methanol synthesis at low
temperatures and low pressure. At low-temperature, RWGS can be effectively suppressed, and the
selectivity for CO decreased. Here, a rationally designed reactor could be conceived to carry out the
synthesis of methanol or dimethyl ether in the low-temperature zone and the MTO reaction in the high-
temperature zone, thereby effectively increasing the conversion rate of CO, and suppressing the
formation of CO, while promoting the yield of olefins. Under the conditions of 250 °C, 30 bar, and
H2/CO, =3, the results of thermodynamic calculations show that the selectivity of methanol and dimethyl
ether (DMT) can reach 80%, and the conversion rate of CO; can reach up to 30% over a tandem catalyst
[87]. Therefore, the next step of this work may focus on the development of low-temperature tandem
catalysts for the synthesis of DME and the study of high-low temperature integrated processes. Specific
research includes, but is not limited to, catalyst preparation, characterization, testing, and related kinetic
modeling. Furthermore, when choosing reaction conditions, in addition to the parameters already
mentioned, it is also important to consider the cost of OPEX (operating expenses) and CAPEX (capital
expenditures). For example, we can recirculate CO and H, back to the process, alternatively, separate
the CO and H from CO; and use them in another process, however, it would add extra cost for the
separation. The CAPEX of the plant would depend on several factors, especially the selectivity. It is
therefore important to consider the whole system and it would be interesting to perform techno-
economic analysis.
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