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A B S T R A C T

In this work, the influence of employing random packings on the residence time distribution in a bubbling
fluidized bed is investigated. The bubbling fluidized bed cold-flow reactor setup allows for continuous cross-
current flow of particles. Expanded clay aggregate (ECA) is employed in the packed-fluidized bed experiments
as the packing. The effects of different parameters such as packing type (ECA or no packing), Fluidization number
(4.4, 6.6, and 8.8), and solid throughflow rates (92, 133, and 164 g/s) are investigated. The axial dispersion and
tank-in-series models are used to categorize flow patterns of particles in the packed-fluidized beds and compared
to beds using no packing. Results show that the vessel’s dispersion number for solids decreases in the presence of
ECA packings up to fourfold compared to unpacked beds. Furthermore, tank-in-series model shows that the
number of tanks for experiments utilizing packing increases by up to threefold compared to unpacked beds. The
experimental results are also compared to a model known as a hybrid model. The hybrid model considers a
continuous-stirred-tank-reactor in series with a plug-flow-reactor. Comparison of the model to the measured data
shows a clear shift of the relative size or residence time from the stirred tank reactor towards the plug flow
reactor with axial dispersion in the packed-fluidized bed compared to a bed with no packing. Also the vessel
dispersion number of the plug flow reactor model with axial dispersion is significantly decreased in the case of
packed-fluidized bed.

1. Introduction

In chemical engineering, plug flow reactors (PFR) and continuous
stirred tank reactors (CSTR) represent two distinct ideal steady-state
flow reactor configurations. In PFR, the defining characteristic is the
orderly flow of fluid through the reactor, devoid of any overtaking or
mixing between fluid elements ahead or behind the average fluid front.
While lateral mixing may occur within a PFR, no mixing or diffusion
must occur along the longitudinal flow path. The essential condition for
achieving plug flow is uniform residence time for all fluid elements
(Levenspiel, 1999; Levenspiel, 2012). In contrast, CSTR maintains a
state of thorough stirring, ensuring the composition of the exit stream
from this reactor mirrors that of the fluid within any part of the tank
(Levenspiel, 1999; Levenspiel, 2012). Real-world reactors, however,
deviate from these idealized cases, necessitating investigation into pa-
rameters like the residence time distribution (RTD) for valuable insights
(Levenspiel, 1999; Levenspiel, 2012; Fogler, 1999).

Gao et al. (Gao et al., 2012) summarized the application of RTD in

various processes that utilize solids, including continuous blender,
extruder, rotary drum, and fluidized beds (FB). Publications on FBs have
often focused on circulating fluidized beds (CFB), resembling batch re-
actors, with the riser section conceptualized as a continuous flow reactor
(Gao et al., 2012). Different methods have been employed to determine
RTD of solids in CFB, with Harris et al. (Harris et al., 2002; Harris et al.,
2003) providing a comprehensive evaluation of the relative merits of
these techniques. The methodologies include the use of radioactive
tracers (Helmrich et al., 1986; Hull and Rosenberg, 1960), colored
(Kojima et al., 1989), ferromagnetic (Yerushalmi, 1985), phosphores-
cent substances (Wei et al., 1995; Wei and Zhu, 1996) as well as tracers
of varying temperature or particle size (Smolders and Baeyens, 2000;
Wei et al., 1993), etc. The radioactive tracers had been used primarily in
studies. However, concerns arose regarding the elevated health risks
associated with these substances. Moreover, the need for careful
disposal of tracer particles at the end of experimentation had imposed
significant limitations on their broader applications. On the other hand,
the deployment of ferromagnetic tracer particles was deemed safe. Also,
it was one of the most straightforward approaches to finding the RTD
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because of its nonreactive features (Levenspiel, 1999). Consequently,
such tracers had been chosen as the preferred material for a diverse
range of studies. Their distinct magnetic permeability compared to the
bulk material, render them well-suited for inductive detection via coils
(Guío-Pérez et al., 2013; Eder et al., 2020; Hofer et al., 2019).

In the context of bubbling fluidized bed (BFB) reactors with contin-
uous throughflow of bed material, two situations can be expected in
relation to the relative directions of the gas and solids flows: cross-
current flow and counter-current flow. Investigations into particle
RTD in continuous-flow BFB reactors have been limited (Hofer et al.,
2019). Some researchers have proposed applying immersed baffles in
the cross-current flow BFBs or changing the number of stages in the
counter-current flow BFBs to manipulate the hydrodynamics of FBs and
to achieve a better gas–solid contact (Eder et al., 2020; Bachmann et al.,
2017; Kong et al., 2018; Zhu et al., 2020). However, the incorporation of
fixed parts to the FB such as e.g. tube bundles involve several challenges
including erosion, complex maintenance, and potential obstacles with
mechanical stress at elevated temperatures.

An alternative method for altering the hydrodynamics in BFBs is
through the implementation of the packed-fluidized bed concept, also
known as confined fluidization. This concept, illustrated in Fig. 1, in-
volves the use of inert stagnant random packings to inhibit bubble for-
mation and bubble growth, potentially influencing hydrodynamics and
RTD in BFB, which could have advantages with respect to heat and mass
transfer between different phases in the bed.

Investigations into packed-fluidized beds have covered aspects such
as bed expansion, pressure drop (Donsì et al., 1989; Donsì et al., 1990),
determination of minimum fluidization conditions (Ziółkowski and
Michalski, 1992), studying the hydrodynamics of confined fluidization
employing non-spherical packing solids (Buczek and Zabierowski,
2016), and kinetics and mass transfer aspects (Farrell and Ziegler,
1979).

Recent research by Nemati et al. (Nemati and Rydén, 2021; Nemati
et al., 2022; Nemati et al., 2021) explores the impact of different types of
packings in BFB batch experiments, revealing that metal packings like
RMSR (stainless steel thread saddle rings) and Hiflow (stainless steel pall
rings) contribute to enhanced gas–solid mixing and improved fuel con-
version rates compared to conventional BFB without packing in appli-
cations such as chemical-looping combustion (CLC). On the other hand,
they observed that spherical packings in FBs affect solid flux due to their
low void factor (Nemati et al., 2023). These observations underscore the
importance of understanding the effect of packing on BFB reactor with
continuous throughflow of solids and their performance. Since most of
the studies on the continuous throughflows have been conducted
without packings, there is a significant need for more comprehensive
investigations in this area.

2. Aim of this study

The main purpose of this investigation is to determine the influence
of employing random packings on the solids residence time distribution
and mixing characteristics in a BFB with cross-current flow of solids and
gases. To fulfill this objective, experiments are conducted using a BFB
setup, that allows for cross-current flow with continuous solids
throughflow. The effect of different parameters such as packing type, gas
velocity, and solids circulation is studied in this research.

Nomenclature

A s (Area under the Cresponse curve)
Ar − (Archimedes number)
C − (Normalized tracer concentration)
Cresponse − (Normalized detected tracer concentration leaving the

reactor)
D m2/s (Axial dispersion coefficient)
D/uL − (Vessel dispersion number)
dp μm (Average particle diameter)
E s− 1 (Exit age distribution)
F − (Fluidization number)
Fs kg/s (Solid recirculation)
N − (Number of tanks in series)

Pe − (Peclet number)
t s (Time)
umf m/s (Minimum fluidization velocity)

Greek Letters
ρb kg/m3 (Bulk density of particles)
ρp kg/m3 (Particle density)
σ 2 s2 (Variance of tracer curve)
σθ

2 − (Normalized variance of tracer curve)
τ0 = 0 s (Beginning of each experiment at which the tracer is

injected into the FB.)
τ1 s (Time lag until the detection of the tracer at the outlet

coil.)
τ s (Mean residence time of tracer in the FB.)

Fig. 1. Illustration of packed-fluidized bed (or confined fluidized bed).
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3. Methodology

3.1. Experimental set-up

The experiments are performed in a cold-flow rectangular cuboid
reactor which provided a cross-current flow of solids and gas. The ex-
periments are conducted at room temperature and atmospheric pres-
sure. The general setup of the reactor was previously designed and
described by Hofer et al. (Hofer et al., 2019). The setup with packings
applied is illustrated in Fig. 2.

The chamber of the fluidized bed has cross-sectional dimensions of
0.4 m in length and 0.2 m in width, with an overall height of the BFB
reaching approximately 0.4 m. Utilizing differential pressure sensors
(Kalinsky, DS2-420, 100mbar range), the pressure drop across the entire
bed height can be measured. The outlet of freeboard is equipped with an
exhaust gas filter to prevent the release of fines. Gas distribution for
fluidization is achieved through a 6 mm thick aluminum plate featuring
74 individual sintered metal filters. During operation, particles are
continuously extracted from the outlet of the fluidized bed, recirculated,
and introduced opposite the point of withdrawal, creating a net cross-
current flow of gas and solids, as illustrated in Fig. 2 above. Solids cir-
culation is generated as described below. A screw conveyor, driven by a
frequency-controlled motor, provides a constant and adjustable flow of
solids out of the BFB. In a small compartment at the discharge of the
screw conveyor, particles are fluidized with air. Solids are then lifted in a
riser with a 36 mm inner diameter (ID), connected to the compartment
at the lower end. A particle separator is connected at the uppermost
position of the riser. While the gaseous phase is transmitted to the
freeboard, particles are directed downward, returning back into the BFB
through the inlet demonstrated in Fig. 2. Further details about this
configuration can be found in the works of Hofer et al. (Hofer et al.,
2019; Hofer et al., 2018) and Eder et al (Eder et al., 2020).

The setup incorporates the magnetic tracer detection principle to
measure particle RTDs. A custom-designed tracer detection device,
inspired by the work of Guío-Pérez et al. (Guío-Pérez et al., 2013) and
Hofer et al. (Hofer et al., 2019) is implemented. Inductors are employed
to sense the magnetic tracer particles, causing a change in the coils’
inductance as they pass through. As depicted in Fig. 2, a magnetic coil is
placed at the feed side and another at the reactor’s exit. The alterations
in inductance are then recorded by the coils for subsequent analysis of
particles RTD.

3.2. Bed material

The properties of the tracer will influence the RTD. An optimal se-
lection of tracer and bed material would ideally involve the use of a

magnetic tracer and a bed material with matching particle density, bulk
density, and particle size, ensuring equivalent fluidization characteris-
tics in a fluidized bed system. However, due to constraints encountered
in this study, achieving exact equivalence in these properties is not
feasible. Consequently, the chosen bulk material and tracer are selected
to demonstrate as good as possible conformity in their fluid-dynamic
properties, specifically ensuring similarity in the minimum fluidization
velocity (umf) (Eder et al., 2020; Hofer et al., 2019). In cases where the
tracer material differs in density, either being lighter or heavier, it is
recommended to adjust the particle size to ensure that the umf and
Archimedes number (Ar) of both materials remain closely aligned.

The characteristics of the used materials are detailed in Table 1. Both
the bed material and the tracer fall under the classification of Geldart
type B (Geldart, 1973). Because of the large difference in their magnetic
permeability properties compared to bulk materials, steel particles are
selected as the tracer used to measure particle RTDs. The material of the
flow tracer is the ferritic stainless steel designated as 1.4742. The
amount of tracer used in these experiments is selected based on prior
studies conducted with the same coil inductors (Eder et al., 2020; Hofer
et al., 2019; Eder, 2021). A consistent quantity of 0.2 kg of tracer is
employed in the experiments. This amount is sufficient to ensure
detection by the measurement system as the tracer passes through the
magnetic coil positioned at the feed side. This quantity is chosen to
generate a narrow-width signal at the setup’s inlet, resembling a Dirac
delta function pulse.

In Table 1, the minimum fluidization velocity, umf (m/s), is the
lowest velocity of the fluidizing gas at which a bed of solid particles
starts to exhibit a fluid-like behavior. At umf, the drag force exerted by
the fluid on the particles balances the gravitational force acting on the
particles, resulting in the fluidization of the bed. In this study, the cor-
relation derived by Chitester et al. is applied to calculate umf (Eq. (1))
(Kunii, 1991).

Fig. 2. The rectangular cuboid laboratory-scale cold flow model setup.

Table 1
Fluidized bed material and tracer properties for cross-current flow experiments.

Reactor type Cross-current flow

Material Inert Tracer

Properties unit Glass bead Ferritic stainless steel 1.4742

dp μm 130 72
ρp kg/m3 2450 7579
ρb kg/m3 1570 n/a
Ar − 188 99
umf m/s 0.017 0.016
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dpumfρg

μ =
[
(28.7)2 + 0.0494× Ar

]1/2
− 28.7 (1)

where, Ar (− ) is the dimensionless Archimedes number and is calculated
through Eq. (2).

Ar =
d3pρg

(
ρs − ρg

)
g

μ2 (2)

3.3. Packing material

In this study, expanded clay aggregate (ECA) with an average
diameter of 12 mm, is employed as the packing material (Fig. 3).

The selection of ECA packings as the packing material in this study is
primarily driven by their semi-spherical shape and low void factor of
0.58. These characteristics mean the limited empty space between
packings. Therefore, they hinder flow and fluidization in a fluidized bed,
leading to altered solid flux and increased particle residence time. The
selection is further supported by previous research (Nemati et al., 2023),
which demonstrated the significant impact of spherical packings on
system fluid dynamics due to their low void factor. Another critical
factor in choosing ECA packings is their relatively low bulk density of
280 kg/m3. In contrast, denser and truly spherical packings such as e.g.
aluminum silicate balls (ASB), presented significant challenges. Pre-
liminary experiments revealed that rigidity of of ASB packings caused
substantial hinderance at the reactor’s inlet, particularly due to the
positioning of the entrance pipe on the lower side of the reactor (Fig. 2).
To mitigate this resistance, the ASB packings would need to be placed in
a cage with a few centimeters of clearance from the entrance pipe,
adding unnecessary complexity to the system. In contrast, the ECA
packings retain a degree of fluidity and allow for smoother entry of
particles into the reactor through the inlet pipe, while at the same time
constitutes a flow hindrance.

The determination of bulk density for the respective packing involves
loading a container of known volume and mass with packings. The bulk

density is subsequently computed by dividing the increment in mass
within the container with the packings by the container’s volume. The
void factor of packing, representing the fraction of unoccupied space
between the packing, is assessed by employing the same empty
container with a predetermined volume and mass. The container is
initially filled with water, and the difference in mass is recorded.
Following this, the container is emptied and entirely filled with the
packing. Subsequently, water is added until the container reaches full
capacity, and the mass is recorded again. The void factor of the packing
is calculated by dividing the masses obtained in these two measure-
ments. Due to the low density of ECA packing and its potential for
flotation upon water addition, as well as its porous nature and the ca-
pacity for water absorption within its pores, the determination of the
void fraction for this packing was conducted approximately ten times.
The average void factor measured for the ECA packings is 0.58 (− ) and
the bulk density is 280 (kg/m3).

3.4. Experimental procedure

This study explores and compares the RTD for a pulse input of the
tracer in packed-fluidized beds with that of a BFB without packing
material. In the experimental setup involving packing, the reactor is
initially charged with the ECA packing materials. Subsequently, an
initial step involves the introduction of bulk bed material to a pre-
determined height within the packed zone, accompanied by the estab-
lishment of an airflow conducive to a bubbling regime within the
reactor.

To realize cross-current flow with respect to gas and solids, after
setting the gas flow, the recirculation of bed material was initiated and
controlled through the utilization of the screw conveyor. Upon
achieving a steady-state flow of material entering and leaving the
reactor, a small batch (200 g) of tracer material is introduced upstream
of the fluidized bed. The steady-state flow of inert material continues
throughout the remaining duration of the experiments. The termination
criterion for the experiment is met when there is no longer any detection
of tracers in the coil positioned at the exit of the reactor.

A series of experiments is conducted, varying parameters such as
packing, superficial gas velocity, and recirculation. Table 2 presents the
detailed test matrix for cross-current flow experiments.

The dimensionless Fluidization number, F (− ), in Table 2 represents
the ratio between the superficial gas velocity and umf (m/s). As presented
in Table 2, the settled bed height for all experiments was maintained at
10 cm, which is considerably lower than the packing height of 20 cm.
This arrangement ensures that, at investigated fluidization conditions,
the bed particles remain confined within the packed zone, preventing
any migration to the region above the packed section and thus avoiding
the formation of a segregated zone.

3.5. Data evaluation: Measuring RTD in FBs

The solid elements take different routes through the reactor and
exhibit different durations of time to pass through the vessel. The
characterization of the residence time distribution for the solid stream
leaving the vessel is called the RTD of fluid or the exit age distribution E
(s− 1) curve. The E-curve is a normalized distribution so the area beneath
the curve equals unity (Levenspiel, 1999; Levenspiel, 2012).
∫ ∞

0
E(t)dt = 1 (3)

The zero point in the RTD analysis is from the moment the maximum
peak of the tracer is detected at the detector coil located on the feed side.
In this study, a pulse input of the ferromagnetic tracer to the fluidized
bed is used to determine RTD. The input pulse is reasonably close to an
ideal Dirac delta function, allowing to treat the signal as an ideal pulse at
the input. Therefore, the E-curve can be applied directly on theFig. 3. ECA packing investigated in this work.
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measured output without the need for numerical deconvolution of input
and output signals.

The normalized detected tracer concentration leaving the reactor,
Cresponse (− ), is used for analyses. The area, A (s), under the Cresponse is
calculated using Eq. (4).

A =

∫ ∞

0
Cresponse,tdt ≅

∑

t
Cresponse,tΔti (4)

The data obtained with the RTD measurement system was recorded
every 0.035 s (Hofer et al., 2019) and used for subsequent analysis, i.e.
the determination of A in Eq. (4). E-curve is determined with Eq. (5)
(Levenspiel, 1999; Levenspiel, 2012).

E(t) =
Cresponse,t

A
(5)

Table 3 lists parameters of FB that can be evaluated from the E-curve.
The dimensionless RTD function, Eθ, serves as a valuable metric for

analyzing packed-fluidized beds. In this study, the settled bed height is
maintained constant at 10 cm for both packed and unpacked beds,
resulting in significantly smaller quantity of bed material in the packed
cases. Consequently, the overall mean residence time of the particles
changes between the studied cases, with the packed-fluidized bed cases
exhibiting shorter mean residence times for the same particle inlet flow
rate. The dimensionless E-curve, Eθ, plotted against dimensionless time,
θ, effectively illustrates and compares the changes in the RTD patterns
between packed and unpacked fluidized beds (Eqs. (6)–(8)).

Eθ(θ) = τE(t) (6)

where,

θ =
t
τ = t

∫∞
0 Cresponse,tdt

∫∞
0 tCresponse,tdt

(7)

τ =

∫∞
0 tCresponse,tdt
∫∞
0 Cresponse,tdt

(8)

4. Modeling

4.1. Dispersion and tanks-in-series models

Different models exist to categorize flow patterns based on their
proximity to PFR, CSTR, or somewhere in between. The axial dispersion
model and the tanks-in-series model are introduced to address de-
viations from plug flow in reactors. When a diffusion-like process is
imposed on plug flow, it is termed axial dispersion or longitudinal
dispersion. The axial dispersion coefficient, D (m2/s), characterizes the
extent of this spreading phenomenon. A higher D signifies rapid
spreading of the tracer curve, while a lower D indicates slower
spreading, and D=0 corresponds to no spreading, representing PFR. The
dimensionless group D/uL, known as the vessel dispersion number,
quantifies the spread throughout the entire vessel. Notably, D/uL and
Péclet number (Pe) are inversely related (Eq. (9)).

Pe =
uL
D

(9)

where, L (m) is the characteristic length, representing the distance be-
tween the two designated measurement locations positioned at the
entrance and exit of the fluidized bed (FB). Meanwhile, u (m/s) is the
mean solid throughflow velocity traveling between these two mea-
surement points.

Understanding the Pe number’s definition reveals that a high Pe (≫1)

Table 2
Test matrix.

No. Packing Bed inventory Air flow

Type Packing void
factor [-]

Packing height
[cm]

Glass bead
[kg]

Settled bed
height
[cm]

Solid throughflow (Fs)
[g/s]

Superficial gas velocity
[m/s]

Fluidization number
(F)
[-]

1 No
packing

1 − 12.6 10 92 0.15 8.8

2 No
packing

1 − 12.6 10 92 0.11 6.6

3 No
packing

1 − 12.6 10 92 0.075 4.4

4 No
packing

1 − 12.6 10 133 0.15 8.8

5 No
packing

1 − 12.6 10 133 0.11 6.6

6 No
packing

1 − 12.6 10 133 0.075 4.4

7 No
packing

1 − 12.6 10 164 0.15 8.8

8 No
packing

1 − 12.6 10 164 0.11 6.6

9 No
packing

1 − 12.6 10 164 0.075 4.4

10 ECA 0.58 20 7.3 10 92 0.15 8.8
11 ECA 0.58 20 7.3 10 92 0.11 6.6
12 ECA 0.58 20 7.3 10 92 0.075 4.4
13 ECA 0.58 20 7.3 10 133 0.15 8.8
14 ECA 0.58 20 7.3 10 133 0.11 6.6
15 ECA 0.58 20 7.3 10 133 0.075 4.4
16 ECA 0.58 20 7.3 10 164 0.15 8.8
17 ECA 0.58 20 7.3 10 164 0.11 6.6
18 ECA 0.58 20 7.3 10 164 0.075 4.4

Table 3
Characteristic values of the FB reactor determined from the E-curve.

Parameter Unit Definition

τ0 = 0 s Beginning of each experiment at which the tracer is injected
into the FB.

τ1 s Time lag until the detection of the tracer at the outlet coil.
τ s Mean residence time of tracer in the FB.
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in a reactor brings it closer to PFR behavior, while values ≪1 resemble
patterns closer to a CSTR.

Evaluating Pe or D/uL involves examining the variance of the tracer
outlet concentration curve, σ 2 (s2). Namely, considering a plug flow
outside the vessel up to the boundaries (so-called closed boundary
condition), the relationship between the variance of the tracer outlet
concentration and D/uL can be expressed as follows for D/uL within the
range of 0.01–1 (Levenspiel, 1999).

σθ
2 =

σ2
τ2 = 2

(
D
uL

)

− 2
(
D
uL

)2
⎡

⎣1 − e−
uL
D

⎤

⎦ 0.01 <
D
uL

< 1 (10)

The variance of the tracer outlet concentration, σ 2 (s2), is a measure of
the spread of the solids between the measurements at the inlet and outlet

of the vessel and is calculated as (Levenspiel, 1999):

σ2 =
∫∞
0 (t − τ)2Cresponse,tdt

∫∞
0 Cresponse,tdt

=

∫∞
0 t2Cresponse,tdt
∫∞
0 Cresponse,tdt

− τ2 (11)

The tank-in-series model is simple and can be used with any kinetics and
flow pattern. In this model, it is assumed a number of tanks of the same
size are connected in series. Each of these tanks is considered an ideal
CSTR unit and represents a distinct portion or segment of the reactor.
The number of tanks-in-series can be calculated in different ways. In the
present study, the variance of the tracer curve, σθ

2(− ), is employed to
extract the information about the quantity of tanks, N (− ), as:

σθ
2 =

1
N

(12)

In the tank-in-series model, despite achieving complete mixing within
each tank, there is no mixing between the tanks, with the flow pro-
gressing sequentially from one tank to the next. This stepwise drop in
concentration between each reactor suggests that the larger the N, the
closer the behavior of the system approaches PFR.

4.2. Hybrid plug-mixed model

In this investigation, an assumption is posited regarding the exis-
tence of plug flow at the entrance and exit of the vessels (extending up to
the boundaries). This assumption stems from the configuration of
experimental reactors. Given the small diameter of the inlet and outlet
pipes connected to the reactors, the mixing of bed materials within these
regions is constrained. Consequently, the flow maintains a plug flow

characteristic as it traverses these boundaries, referred to as a closed
boundary condition or a closed vessel configuration (Fig. 4).

This assumption suggests the potential adoption of a hybrid plug-
mixed model for the investigated FBs in this work. This model is
considered based on the position of detection coils which are placed on
the sections with a PFR behavior. It entails envisioning a sequence
comprising a PFR succeeded by a CSTR, followed by another PFR. To
enhance model simplicity, this configuration is condensed into a
simplified representation featuring two reactors in series − a CSTR and a
PFR, as illustrated in Fig. 5.

The Ehybrid-curve is modeled for the PFR with the axial dispersion
number of DP

uL (− ) and mean residence time of τPFR (s), in series with a
CSTR with mean residence time of τCSTR (s) through Eq. (13) (Eder et al.,
2020; Hofer et al., 2019).

where,

ECSTR =
1

τCSTR
e−

t
τCSTR (14)

EPFR =

̅̅̅̅̅̅̅̅̅̅̅̅̅̅

u3
4πDPL

√

exp

⎡

⎢
⎣ −

(L − ut)2

4DP
L
u

⎤

⎥
⎦ (15)

The mean residence time based on the hybrid model can be calculated
as:

τmodel =
∫ ∞

0
tEhybriddt = τCSTR + τPFR (16)

The validity of themodel is evaluated bymeans of correlation coefficient
R2.

5. Results

In this investigation, a nonreactive tracer was introduced into the
system via a pulse input method to examine the E-curve. Section 5
provides the results regarding the reactor behavior that can be derived
from the analysis of the E-curve data.

5.1. Solids RTD curves

Fig. 6 illustrates the E-curve over time in cross-current flow experi-
ments conducted at a solid circulation rate of 164 g/s and F=4.4. The
experiments encompass two scenarios: one involving a bed with ECA
and the other without packing.

Fig. 6a shows that the input pulse approximates an ideal Dirac pulse
closely enough to validate the assumption of an ideal pulse at the inlet.
Consequently, RTD Function can be applied directly to the measured

Plug

Fig. 4. Vessel with closed boundary condition.

either

E

t

Area= 1

0

Vp Vc

E

t

Area= 1

Input pulse Response-curve

Fig. 5. Configuration of hybrid plug-mixed reactors.

Ehybrid = ECSTR × EPFR =

∫ ∞

0
[ECSTR(tʹ)EPFR(t − tʹ) ]dtʹ =

̅̅̅̅̅̅
DP

√ ̅̅̅
L

√

2τCSTRu3/2
exp

[
DPL+ τCSTRu2(L − ut)

τ2CSTRu3

] ̅̅̅̅̅̅̅̅

u3
DPL

√

erf
[
2DPL+ τCSTRu2(L+ tʹu − ut)

2
̅̅̅̅̅̅
DP

√ ̅̅̅
L

√
τCSTRu3/2

]∞

0
(13)
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output signal without necessitating numerical deconvolution of the
input and output signals. It is evident in Fig. 6a and Fig. 6b that the
duration of the input pulse is negligible relative to the duration of the
response. As depicted in Fig. 6b, the incorporation of ECA packing
within the BFB system significantly influences the particle behavior and
RTD within the bed. In the bed without packing, tracer detection at the
reactor outlet commences shortly after the injection of the pulse into the
system, approximately at τ1 = 9 s (t = 0 s represents the onset of pulse
injection). The concentration profile within the unpacked bed reaches its
peak around 74 s, gradually diminishing over a span of approximately
600 s until complete tracer evacuation from the reactor.

In contrast, when ECA packing is introduced into the reactor, the
tracer traverses the reactor length and reaches the outlet in approxi-
mately τ1 = 22 s. Subsequently, a substantial number of tracers emerge
at the outlet within approximately 38 s. The peak concentration is
observed at around 60 s, and by approximately 200 s, all concentration
of the tracer particles has exited the reactor.

Comparative analysis of the plots representing beds with andwithout
packing in Fig. 6b reveals that the inclusion of packing material a sig-
nificant degree inhibits horizontal particle mixing in the reactor,
resulting in a behavior more alike to that of a PFR with axial dispersion.
This will result in the orderly flow of solids through the reactor length.
Consequently, mixing or diffusion along the longitudinal flow path de-
creases significantly which results in an increase in τ1, as shown in
Fig. 6b. Conversely, the absence of packing material in the system aligns
its behavior more closely with that of a CSTR. In this case, thorough

mixing is maintained, causing the exit stream composition to reflect the
solid concentration throughout the system. This thorough mixing leads
to a significant decrease in τ1, as illustrated in Fig. 6b.

It is also visible in Fig. 6b that the mean residence time is reduced in
the packed bed as there is less bed material present. In order to compare
the relative shape of the RTD curve between the two cases, the effect of
the total inventory on the results should disappear. As described in
section 3, the dimensionless Eθ function is an important tool for assessing
the cases with different overall mean residence time of the particles in
the bed. Fig. 7 depicts the Eθ-curve as a function of dimensionless time, θ,
for the beds with and without packing.

Fig. 7 demonstrates that the incorporation of ECA packings narrows
the Eθ-curve and shifts its peak towards θ = 1. This indicates that the
mean of the data aligns the mode, suggesting a more symmetric distri-
bution. This indicates that the packings reduce horizontal particle
mixing in the bed, resulting in a behavior that more closely resembles
that of a PFR with axial dispersion. In contrast, the absence of packing
material in the system results in behavior that more closely approxi-
mates that of a CSTR (Further information about E and Eθ-curve of otherFig. 6. E-curve for the cross-current flow BFB as a function of time, solid

throughflow Fs = 164 g/s, fluidization number F=4.4: a) at the inlet, b) at
the outlet.

Fig. 7. Eθ-curve at the outlet of cross-current flow BFB as a function of θ, solid
throughflow Fs = 164 g/s, fluidization number F=4.4.

Table 4
Mean residence time (τ) and time lag until the detection of the tracer (τ1) for
different Fs (g/s).

No. Packing Air flow E-curve results

Type F [-] τ [s] (variation %) τ1 [s] (variation %)

 Fs ¼ 92 g/s   
1 No packing 8.8 285.84 (− ) 9.41 (− )
2 No packing 6.6 263.74 (− ) 10.81 (− )
3 No packing 4.4 267.77 (− ) 15.32 (− )

4 ECA 8.8 179.80 (− 37.10) 24.70 (+162.51)
5 ECA 6.6 172.99 (− 34.41) 37.28 (+244.81)
6 ECA 4.4 166.32 (− 37.88) 29.40 (+91.87)
 Fs ¼ 133 g/s   
7 No packing 8.8 243.61 (− ) 10.74 (− )
8 No packing 6.6 337.62 (− ) 14.00 (− )
9 No packing 4.4 262.63 (− ) 17.17 (− )

10 ECA 8.8 183.06 (− 24.85) 20.01 (+86.41)
11 ECA 6.6 218.48 (− 35.29) 26.00 (+85.71)
12 ECA 4.4 121.26 (− 53.83) 30.22 (+76.05)
 Fs ¼ 164 g/s   
13 No packing 8.8 171.94 (− ) 8.06 (− )
14 No packing 6.6 222.54 (− ) 12.92 (− )
15 No packing 4.4 182.58 (− ) 9.03 (− )

16 ECA 8.8 106.94 (− 37.80) 19.06 (+136.37)
17 ECA 6.6 126.31 (− 43.24) 26.93 (+108.42)
18 ECA 4.4 78.71 (− 56.89) 22.40 (+148.21)
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operating conditions can be found in Figs S1–S5 in the supplementary
section).

Results of different operational conditions are compiled in Table 4,
including the mean residence time of the tracer within the FB, τ, and the
time interval between tracer injection at τ0 = 0 s, and the detection of
the initial tracers exiting the FB at τ1. The variation of τ and τ1 for the
packed bed compared to the unpacked bed is also presented in Table 4.

As displayed in Table 4, τ decreases in the bed containing ECA
packings compared to unpacked beds at all the investigated superficial
gas velocities and solid recirculation rates. This reduction reaches up to
57 % when packings are applied. This finding underscores the potential
for decreasing axial dispersion within the FB through packing applica-
tion, resulting in a decrease in the average residence time of particles
(Further investigation into axial dispersion will be conducted in the
subsequent section). Additionally, Table 4 provides data on the time lag
until tracer detection, which increases by 76 % to 245 % when packings
are used. This, together with the average residence time of the tracer
inside the bed, suggests that the E-curve with packings approaches
closer to a gaussian shape, indicating that the system behavior aligns
more closely with that of a PFR.

Table 4 also presents the effect of solids throughflow, Fs, on the
residence time distribution. As shown, increasing Fs at a fixed fluidiza-
tion number, F, significantly amplifies the difference between the
unpacked and packed beds. This is because higher Fs enhances the plug
flow behavior of solids in the packed bed, while the unpacked bed
continues to exhibit behavior similar to that of a CSTR. Consequently,
the differences between the two cases become more pronounced at
higher solids circulation rates.

5.2. The dispersion and tank-in-series model

Table 5 presents the parameters derived from cross-current flow
experiments when modeled with both the dispersion and tank-in-series
models. These results are summarized for different solid throughflows,
Fs (g/s), fluidization number, F (− ), and packing configurations.

The vessel dispersion number, D/uL (− ), is the parameter that
measures the extent of axial dispersion and is calculated for the exper-
imental scenarios using Eq. (10). Subsequently, the Pe (− ) is derived

from Eq. (9). As depicted in Table 5, the utilization of ECA packing
consistently leads to an increase in the Pe across all examined scenarios,
surpassing up to fourfold the Pe value observed in unpacked beds.

On the other hand, σθ
2 (− ) is also an indicator of the dispersion of the

E-curve and is calculated for different cases through Eqs (10) and (11). A
lower value of σθ

2 indicates decreased dispersion within the E-curve and
lower degrees of scattering. Consequently, the reactor behavior tends
towards resembling a PFR, leading to an increase in the number of
theoretical tanks, N (− ), required (Eq. (12)). Comparing the N values
between experiments utilizing ECA packing and those conducted with
an unpacked bed, it is evident that the introduction of packings results in
an increase in N by up to threefold in comparison to the unpacked beds.
Consequently, the reactor’s behavior converges towards that of a PFR
characterized by higher Pe and N values.

It is expected that the ratio of the number of tanks, N (− ), between
the packed and unpacked beds increases at lower fluidization numbers.
As discussed in relation to Fig. 6, the unpacked bed behaves similarly to
a CSTR, where N is expected to be close to 1, as shown in Table 5. In
contrast, packed fluidized beds tend to exhibit PFR characteristics, with
the number of tanks influenced by operating conditions such as the
fluidization number. The ECA packing has lower density than the bed
material and thus displays a degree of fluidity, and becomes more mo-
bile at higher fluidization numbers, which can be expected to allow for
less hindrance for cross-flow of bed material. At lower fluidization
numbers, reduced bubble formation and bubble size within the bed re-
sults in significantly decreased mixing compared to higher fluidization
numbers. This reduction in mixing leads to a higher number of tanks and
an increased Peclet number, as reflected in Table 5.

5.3. The E-curve for hybrid plug-mixed model

The formulation of a model incorporating a series arrangement of a
PFR and a CSTR is obtained via Eq. (13) (see section 4.2). Different
scenarios are explored by adjusting three independent parameters of
τCSTR, Dp/uL, and τPFR. The outcomes of this model for Fs = 164 g/s and
F=4.4 are plotted and compared with the experimental data for both
packed and unpacked beds and is depicted in Fig. 8.

As seen in Fig. 8, the model demonstrated a very good fit for both
cases with a coefficient of determination, R2, equal to 0.98. Compre-
hensive results detailing different parameters across all investigated
scenarios in the hybrid reactors model are summarized in Table 6.

Table 6 shows that for all the cases, when ECA packing is used, τCSTR
and thus the size of the CSTR reactor decreases compared to the similar
case without packing. On the other hand, τPFR and thus the size of the
PFR reactor increases when applying packings. Furthermore, the total
mean residence time based on the hybrid model, τmodel, aligns with the
value obtained through experimental calculations, τ, providing good
evidence of the predictive accuracy of the model.

In more detail, the model outcomes demonstrate notable differences
in the relative share of the residence time τ in the CSTR (τCSTR/ τmodel)
and PFR (τPFR/ τmodel) for the packed fluidized bed and the bed without
packings. For the unpacked bed, the relative share of the τPFR/ τmodel is
approximately 0.1. However, in the packed bed, this value increases to
approximately 0.4. This observation signifies a fourfold increase in τPFR
for the packed bed configuration. Additionally, the Dp/uL in the PFR for
the packed bed is found to be three times smaller compared to the PFR in
the unpacked bed. These findings collectively suggest that, in the
context of a dual-reactor setup, the required size of the associated PFR is
larger for the packed bed. Simultaneously, the degree of axial dispersion
in the PFR reactor is elevated for the unpacked bed configuration.
Consequently, the operational characteristics of the BFB with packing
approach those of a PFR.

The validity of the model is assessed in Table 6 through R2. It is
evident from Table 6 that, with the exception of two cases, R2 exceeds
97 % for nearly all scenarios.

Table 5
Parameters of dispersion and tank-in-series model for cross-current flow: for
different Fs (g/s), F (− ), and packing type.

No. Packing Air
flow

Dispersion Tank in series

Type F [-] D/uL
[-]

Pe [-]
(ratio)

σθ
2[-] N [-]

(ratio)

 Fs ¼ 92 g/s     
1 No packing 8.8 0.47 2.13 (− ) 0.55 1.8 (− )
2 No packing 6.6 0.50 1.99 (− ) 0.57 1.8 (− )
3 No packing 4.4 0.48 2.07 (− ) 0.56 1.8 (− )
4 ECA 8.8 0.24 4.15 (2) 0.37 2.7 (1.5)
5 ECA 6.6 0.13 7.61 (3.8) 0.23 4.4 (2.4)
6 ECA 4.4 0.11 8.81 (4.3) 0.20 5.0 (2.8)
 Fs ¼ 133 g/

s
    

7 No packing 8.8 0.66 1.50 (− ) 0.64 1.6 (− )
8 No packing 6.6 0.48 2.06 (− ) 0.56 1.8 (− )
9 No packing 4.4 0.36 2.76 (− ) 0.48 2.1 (− )
10 ECA 8.8 0.23 4.31 (2.9) 0.36 2.8 (1.75)
11 ECA 6.6 0.15 6.71 (3.3) 0.25 3.9 (2.2)
12 ECA 4.4 0.12 8.08 (2.9) 0.22 4.6 (2.2)
 Fs ¼ 164 g/

s
    

13 No packing 8.8 0.42 2.38 (− ) 0.52 1.9 (− )
14 No packing 6.6 0.49 2.05 (− ) 0.56 1.8 (− )
15 No packing 4.4 0.41 2.47 (− ) 0.51 1.9 (− )
16 ECA 8.8 0.14 7.12 (3.0) 0.24 4.1 (2.2)
17 ECA 6.6 0.14 7.09 (3.5) 0.24 4.1 (2.3)
18 ECA 4.4 0.11 8.99 (3.6) 0.20 5.1 (2.7)
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6. Discussion

Industrial chemical processes are typically designed to produce an
economically desired product from a variety of raw materials through a
series of treatment steps (Fig. 9).

Initially, raw materials pass through a number of physical treatment

steps to prepare them for chemical reactions within a reactor. Subse-
quently, the downstream flow from the reactor undergoes further
physical treatments, separations, and purifications to achieve the final
desired product.

Notably, the chemical treatment step in the reactor is the heart of the
process. It often determines the economic viability of the entire process.

Fig. 8. Modeling results for RTD as a function of time: solid throughflow Fs = 164 g/s, fluidization number F=4.4.

Table 6
The parameters of the hybrid reactors model.

No. Packing Air flow Ehybrid-curve model Model validity Experiments Comparison

Type F (− ) τCSTR/τmodel [-] τPFR/τmodel [-] τmodel [s] Dp/uL [-] R2 τ [s] τmodel − τ
τ × 100

 Fs ¼ 92 g/s        
1 No packing 8.8 0.93 0.07 316.12 0.14 0.97 285.84 10.6
2 No packing 6.6 0.92 0.08 282.90 0.12 0.99 263.74 7.3
3 No packing 4.4 0.84 0.16 276.17 0.13 0.99 267.77 3.1
4 ECA 8.8 0.70 0.30 187.43 0.09 0.98 179.80 4.2
5 ECA 6.6 0.59 0.41 182.87 0.07 0.97 172.99 5.7
6 ECA 4.4 0.40 0.60 166.93 0.11 0.99 166.32 0.4
 Fs ¼ 133 g/s        
7 No packing 8.8 0.90 0.10 247.55 0.12 0.99 243.61 1.6
8 No packing 6.6 0.85 0.15 353.97 0.15 0.97 337.62 4.8
9 No packing 4.4 0.80 0.20 273.84 0.14 0.98 262.63 4.3
10 ECA 8.8 0.72 0.28 195.38 0.12 0.98 183.06 6.7
11 ECA 6.6 0.57 0.43 232.41 0.24 0.89 218.48 6.4
12 ECA 4.4 0.47 0.53 121.29 0.07 0.98 121.26 0.0
 Fs ¼ 164 g/s        
13 No packing 8.8 0.86 0.14 181.42 0.15 0.99 171.94 5.5
14 No packing 6.6 0.82 0.18 227.06 0.48 0.96 222.54 2.0
15 No packing 4.4 0.81 0.19 186.78 0.17 0.98 182.58 2.3

16 ECA 8.8 0.55 0.45 111.23 0.10 0.97 106.94 4.0
17 ECA 6.6 0.63 0.37 134.59 0.06 0.97 126.31 6.6
18 ECA 4.4 0.45 0.55 79.41 0.06 0.98 78.71 0.9

Fig. 9. An schematic diagram of a chemical process.

N. Nemati et al. Chemical Engineering Science 302 (2025) 120724 

9 



Chemical reactions can be classified based on the phases involved,
namely homogeneous and heterogeneous reactions. Numerous factors
affect reaction rates, with temperature, pressure, and composition being
prominent variables in homogeneous reactions. In contrast, heteroge-
neous reactions introduce complexities due to the fact that more than
one phase is involved.

The two idealized reactors of CSTR and PFR are commonly utilized in
chemical processes due to their relative simplicity and effectiveness in
contacting reactants. Industrial reactor design often aims to approach
these ideal reactors, or a combination thereof. A PFR facilitates a pro-
gressive decrease in reactant concentration along its length, making it
more efficient for reactions where rate increases with reactant concen-
tration, such as nth-order irreversible reactions or equilibrium reactions,
compared to a CSTR where concentration drops immediately to a low
value.

This study investigates the impact of packings on altering the
behavior of a bubbling fluidized bed (BFB) from CSTR-like to PFR-like.
Experimental findings demonstrate that employing packings with low
voidage, such as ECA, reduces the axial dispersion of particles in the FB,
thereby approximating the behavior of a PFR.

Some example processes include steam-iron reaction (SIR), or steam
methane reforming (SMR) for H2 production (Stenberg et al., 2018;
Rydén and Lyngfelt, 2006). The SIR and SMR are equilibrium reactions.
Therefore, conducting these reactions in a PFR would be advantageous
in shifting the equilibrium towards the products.

To elaborate on the potential applications of cross-current flow
packed fluidized beds, one can consider their utility in multi-stage flu-
idized bed systems. Pröll et al. (Pröll et al., 2016) introduced a multi-
stage, trayed two-circuit fluidized bed system designed for continuous
Temperature Swing Adsorption (TSA) processes. This TSA system com-
prises two main columns: an adsorber and a desorber, both featuring
trays to enable counter-current flow between solids and gas. In the
adsorber column, CO2 from flue gas is captured by the adsorbent
through a gas–solid counterflow mechanism. Solids moved downward
from the uppermost fluidized bed to the lowermost bed via downcomers,
while the gas flowed upward through the fluidized beds. The CO2-rich
sorbent is then conveyed to the uppermost stage of the desorber column
via a riser, where CO2 is stripped using steam in a countercurrent
fashion, exiting the column along with the steam. The lean sorbent from
the desorber’s lowermost stage is recirculated to the adsorber. Each
stage in both columns functions as a bubbling fluidized bed (BFB). Scale-
up efforts included detailed modeling and simulation to optimize the
number of stages in both the adsorber and desorber, with a focus on
energy efficiency. For a separation process aiming to capture 90 % of the
carbon dioxide from a flue gas stream containing 10 % CO2 by volume, a
configuration with five stages in each columnwas proposed (Eder, 2021;
Pröll et al., 2016; Pirklbauer et al., 2017). However, parameter variation
studies indicated that the performance of the adsorber could be con-
strained by solids flow patterns and suboptimal solids residence time
distribution across the stages (Eder, 2021). The cross-current packed-
fluidized bed configuration presented in this work offers a potential
solution to these challenges.

6.1. Limitation

A limitation of using packings in bubbling fluidized beds is the po-
tential restriction on solids flux when low-void packings are employed,
particularly where high solids circulation rates are desired, such as in
circulating fluidized bed applications like chemical looping combustion
(CLC). This limitation is expected, as spherical packings have a low void
factor, which hinders flow and fluidization (Nemati et al., 2023).

7. Conclusion

This study explores the feasibility of enhancing the operational
characteristics of a cross-current flow BFB towards a PFR through the

application of packings, referred to as packed-fluidized beds or confined
fluidization. The study evaluates different parameters including solid
throughflows (92, 133, and 164 g/s), fluidization numbers (4.4, 6.6, and
8.8), and packing types (ECA or no packing). The key finding is that the
incorporation of packing materials effectively mitigates particle mixing
within the reactor. Consequently, the E-curve in the presence of pack-
ings exhibits a closer approximation to a gaussian shape, indicative of a
system behavior more alike to that of a PFR. Additional conclusions
drawn from this investigation are as follows:

• The utilization of ECA packing consistently results in a substantial
increase in the Peclet number (Pe) across all investigated scenarios,
exhibiting up to a fourfold increase compared to unpacked
configurations.

• Analysis employing the tank-in-series model reveals a significant
increase, by up to threefold, in the number of tanks (N) for experi-
ments utilizing ECA packing compared to unpacked beds.

• Implementation of the hybrid plug-mixed model demonstrates for
the packed-fluidized bed a shift from CSTR-like behavior toward
PFR-like behavior in terms of the relative residence times in the CSTR
(τCSTR/ τmodel) and PFR (τPFR/ τmodel).

• Furthermore, the hybrid plug-mixed model demonstrates a threefold
reduction in the vessel dispersion number (Dp/uL) within the rele-
vant PFR for the packed bed in contrast to the unpacked bed.
Consequently, the level of axial dispersion in the system is much
larger for the unpacked bubbling bed.
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