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A B S T R A C T

Chemical looping combustion (CLC) is a carbon capture technology for heat, power and hydrogen production.
This work focuses on fuel-nitrogen transformation in fuel reactor and its further conversion in oxy-polishing step
of CLC system. A 100 kW CLC pilot equipped with an oxy-polishing chamber (called POC) was used to perform
experiment study and a zero-dimensional reactor model combining elementary reaction kinetics was developed
and used for oxy-polishing simulation and reaction path analyses. An ilmenite and a manganese ore called Sinaus
were used as oxygen carriers, and a coal and a coal-biomass mixture are the fuels in the CLC tests. It was found
that in the fuel reactor, part of the fuel-nitrogen was converted to NO and the rest remained as NH3 which was
then oxidized to NO in the POC. The concentrations of HCN and NO2 were negligible in the fuel reactor and POC.
According to the simulation, when the oxygen excess is too low it is difficult to reach 1150–1200 ◦C which are
temperatures needed for oxidizing the unconverted fuel gases. In a reference case, a high conversion was reached
when the overall oxygen ratio was above 1.03 and temperature above 925 ◦C. With a fuel reactor temperature of
950 ◦C, the oxygen demand needed could be up to around 8 %. Based on the model, optimal geometrical designs
of the POC were proposed. With a gas residence time of 3 s in the POC, it was possible to decrease the content of
impurities (O2, H2, CO, NO, CH4) to 3.3 %.

1. Introduction

Given the fact that the global warming is getting worse as a result of
CO2 emissions from the extensive use of fossil fuels, a transition to
renewable energy is needed [1]. However, the phasing out of fossil fuels
will take time [2]. During this transition, efficient technologies that can
capture CO2 from fossil emissions will be needed. Furthermore, the
carbon budget for a warming of maximum 1.5 ◦C will likely be
exhausted around 2029. So, to meet this target, all fossil CO2 emissions
made from 2030 and onwards need to be removed from the atmosphere
using negative emission technologies [3]. One of the most important
options for negative emissions is Bio-Energy with Carbon Capture and
Storage (BECCS).

Chemical looping combustion (CLC) is a novel technology [4,5],
which inherently captures CO2 at low energy penalty and can be used to
capture of fossil CO2 emissions as well as BECCS. The CLC concept can be
sourced back to 1950 s when Lewis and Gilliland patented a technique

for pure CO2 generation [6], while the process first got its name
“chemical looping combustion” in late 1980 s by Ishida et al. [7]. The
first successful operation of a chemical looping combustor pilot was in
2003 [8,9]. Since then, chemical looping research has undergone a rapid
development [10–13]. Today, around 50 CLC pilots with a thermal
power range of 0.3 kWth-5 MWth have been in operation [12,14–18],
where the 5 MWth granted by an EU-China CHEERS project has been
successfully operated for more than 60 h with lignite and petcoke with
low oxygen demand, <3% [18,19].

Chemical looping combustion uses a fluidized bed as fuel reactor and
another fluidized bed as air reactor, as seen in Fig. 1, and these two
reactors are interconnected through fluidized loop seals which prevent
contact between the gases in the air and fuel reactors [20,21]. The cir-
culation is normally driven by a gas at high velocity in e.g., the air
reactor, that forces the particles of the bed material upwards. The
elutriated particles can be collected by a cyclone and led to the fuel
reactor. Another option, likely more appropriate for commercial scale, is
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to collect the wall downflow of the air reactor riser and lead this to the
fuel reactor [22]. Oxygen for fuel combustion is transferred from the air
reactor to the fuel reactor through oxygen carrier which is usually oxides
of transition metals [23]. The oxygen carrier particles constitute the bed
material of the interconnected reactors. The oxygen carrier is reduced in
the fuel reactor while providing oxygen for fuel combustion and is then
returned to the air reactor where it takes up oxygen during the re-
oxidization. Because of not being diluted by air, the fuel reactor outlet
stream consists, ideally, of only CO2 and H2O, while the air reactor gas
releases air with reduced oxygen content. The heat generated in CLC
system is equal to that of normal combustion [24]. The stream of CO2
and H2O from the fuel reactor can easily be split into CO2 and water
(H2O) by simple condensation. Thus, an essentially pure CO2 stream is
attained without the need for an expensive and energy consuming gas
separation [25,26]. Similar to a normal boiler, the heat generated can be
extracted from the air reactor and the two gas streams leaving the air
and the fuel reactors to produce steam for e.g., power generation [27].
Additionally, the heat could be used in steam methane reforming, to
generate blue hydrogen [22,28].

In a real CLC system, however, complete fuel conversion usually
faces several challenges: reaction kinetics, imperfect oxygen carrier-fuel
contact and fuel bypassing [29,30]. Therefore, in the case of solid fuels
using low-cost oxygen carrier materials, unconverted fuel gases from the
fuel reactor can be expected. These gases must be converted to CO2 and
H2O before downstream operations such as condensation, compression,
transportation and storage. To address this, oxy-polishing can be used
[29], whereby a pure oxygen stream is introduced to fully oxidize the
fuel to CO2 and H2O [31,32]. The oxygen for polishing step can be
generated from e.g., mature cryogenic technology [31] and the oxygen
demand will add only 0.6 % units of energy penalty in the case of 90 %
gas conversion a CLC system [27]. Oxy-polishing has been experimen-
tally studied in a 100 kW unit with various fuels and several oxygen
carriers [33] at Chalmers University of Technology, and full conversion
of fuel reactor gas has been achieved with very low oxygen excess [29].
The oxygen needed in the oxy-polishing unit is basically determined by
the oxygen demand in the fuel reactor gas, and also by the gas mixing. In
addition to the 100 kW pilot, an oxy-polishing unit was also added to a 1-
MW chemical looping pilot at Technical University of Darmstadt, and
there are results demonstrating the functionality of the polishing unit
[34]. Still, oxy-polishing has not been extensively studied, and optimi-
zation to reach full conversion with a minimum of excess oxygen should
be performed. Further, the formation of NOx, should be better under-
stood to optimize the downstream removal of NOx, which is necessary
before transportation and storage of the CO2.

The normal paths for NOx formation, i.e. thermal NOx, fuel NOx and
prompt NOx, are closed in CLC for various reasons [35]. In the fuel
reactor the only mechanism for NOx formation is the reaction of nitrogen
compounds released from the fuel, e.g., NH3, with the oxygen carrier.
The fate of NO and ammonia (NH3) was studied in a 300W gas-fired CLC
pilot, by addition of either of these compounds to gas stream introduced
to the fuel reactor, i.e. fuel or inert gas [35]. When using ilmenite oxygen
carrier, it was found that with a somewhat reduced oxygen carrier, all
ammonia was reduced to N2, and similarly, a somewhat reduced oxygen
carrier also completely reduced all NO added to N2. This was not only
seen in presence of fuel, but also in absence of fuel. Nevertheless, sig-
nificant concentrations of both NOx and NH3 are found in the effluent
stream from a 100 kW pilot when burning solid fuels like coal in CLC
pilots [33], which is likely explained by inadequate contact between
gases and oxygen carrier. In contrast, no NO was found in the effluent of
a 1 MW CLC plant when using ilmenite when burning coal [36]. If this
would also be the case in the full scale, using a fuel reactor with a height
of 30–50 m is not known at present.

A literature review on NOx formation in chemical-looping combus-
tion is given by Lyngfelt et al. [35]. In contrast to coal, no data for high-
volatile biomass and NOx has been published from Chalmers’ 100 kW
unit. However, NO was actually measured in a previous study. The
operational results are published [37], but NO was not included because
the analyser was not connected to the data logging. However, the
readings of the NO analyser were recorded manually, and the results are
shown in Fig. 2 and the average was around 40 ppm, which is much
lower than for coal. The data were recorded during 4 h of operation with
black biomass pellets and Sinaus manganese ore.

This work studies the formation of gases containing nitrogen in the
fuel reactor and their further conversion in the oxy-polishing step. Ex-
periments were carried out in a 100 kW pilot to mimic an upscaled CLC
reactor and to get results more relevant to industrial scale. In addition to
experiments, a CSTR (continuous stirred-tank reactor) model combining
elementary reaction kinetics is employed to find out the mechanism and
paths of nitrogen conversion in the oxy-polishing step. Through this
work, homogeneous conversion of nitrogen-based gases in the oxy-
polishing step is explored, with the aim to support future CLC system
design.

Fig. 1. Schematic of chemical looping combustion.

Fig. 2. NO concentration in the gas from the fuel reactor during operation with
biomass, i.e. black pellets, and Sinaus manganese ore [37].

D. Mei et al.
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2. Experiments and simulation

2.1. Oxygen carriers

An ilmenite ore and a manganese ore called Sinaus were the oxygen
carriers in the 100 kW experiments. The experiments with Sinaus are
from a previous work [16] and some data from NO measurements, not
previously published, are used in the current work. Sinaus is a sintered

Table 1
Physical properties of the Sinaus and ilmenite oxygen carriers.

Sinaus Ilmenite

Bulk density (kg⋅m¡3) 2090 1900
Median size, d50 (μm) 175 261
Crushing strength (N) 3.5 3.9
Attrition index (wt.%⋅h¡1) 1.21 5.7

Table 2
Proximate and ultimate analysis of the solid fuels used in this work.

Proximate (wt.%, ar) Ultimate (wt.%, daf) LHVb (MJ/kg)

FCa V M A C H N S Oc

BP22 13 78 8.5 0.5 53.4 5.5 0.1 0.0 32 18.5
CAL 53.1 29.4 11.0 6.5 78.3 6.6 1.6 0.8 12.7 24.6
BP22-CAL 33 53.7 9.8 3.5 65.9 6.0 0.8 0.4 22.4 21.5

a fixed carbon, b lower heating value, c by difference.

Fig. 3. Sketch of the Chalmers 100 kW pilot and the connected post oxidation chamber, POC.

D. Mei et al.



Chemical Engineering Journal 509 (2025) 161267

4

Australian manganese ore, where the “Sin” indicates that the material is
made from sintered fines and the “aus” indicates the country of origin.
The ilmenite is a Norwegian titanium-iron ore which was supplied by
Titania A/S and frequently considered as a benchmark oxygen carrier
for CLC process [38,39]. Both materials were extensively used in
Chalmers’ 10 and 100 kW CLC pilots [40] and have shown good reac-
tivity as well as good physical properties [41–43].

The Sinaus manganese ore contains mainly Mn, Fe, Si and Al ele-
ments and has a Fe/Mn molar ratio of 0.2, and the ilmenite has 33 % Fe
and 25 % Ti [16]. The Sinaus ore was crushed and sieved to particles
with a size smaller than 355 μm before use in the 100 kWth unit, while
the ilmenite underwent a heat-treatment before use in the unit. The
ilmenite was first calcined at 500 ◦C for 2 h, and then at 950 ◦C for 12 h.
The ilmenite was finally sieved into particles with a median size of d50
= 261 μm and a bulk density of 1900 kg/m3 before use in the 100 kW
unit. Table 1 summarizes some other properties of the two oxygen car-
riers. The crushing strength of Sinaus and ilmenite was 3.5 N and 3.9 N,
respectively. Attrition index of Sinaus and the ilmenite are 1.21 wt%/h
and 5.7 wt%/h respectively, according to tests in a jet cup rig [44].

2.2. Solid fuels

A coal named as “CAL” with a mean size of d50 = 130 μm from the
Calenturitas mine in Colombia was used in the previous work [16], and
the corresponding results are included in the present study. The current
work uses a 50/50 mixture of CAL coal and a steam exposed biomass
called “black pellets” from Arbaflame in Norway. The “black pellets”
were received by our lab in 2022, thus designated as “BP22”, and have a
mean size of d50 = 1800 μm. The 50/50 mixture of BP22 and CAL is
designated as “BP22-CAL”. Table 2 displays the proximate and ultimate
analysis of the three fuels, determined through ISO and ASTM standard
methods. BP22 is a high-volatile biomass fuel, while the CAL coal has
significantly lower volatiles. A mixing of BP22 and CAL results in a
medium volatiles BP22-CAL fuel and a nitrogen content of 0.8 %, which
is significant for the current study. Ф0, the stoichiometric ratio of moles
of O2 needed to fully burn the fuel per mole carbon, is 1.08, 1.18 and
1.14 for BP22, CAL and BP22-CAL.

2.3. The 100 kW and oxy-polishing unit

Chalmers 100 kW unit was built to contribute to the proof-of-concept
of CLC technologies, oxygen carrier testing, design assessment and
process optimization. To date, the unit has been used for more than 250
h for CLC tests with over 12 fuels, including coal, petcoke and biomasses,
and around 10 oxygen carriers. As seen in Fig. 3, the 100 kW has a high
velocity air reactor that drives the circulation and an internally circu-
lating fluidized bed as fuel reactor. The fuel reactor is five meters high

and determines the system’s height. Between the air and fuel reactor,
there is a 4-chamber carbon stripper, which was designed to gasify the
residual carbon/fuel from the fuel reactor and returns the gasification
products back to the fuel reactor for further conversion. In this way, fuel
escaping to the air reactor can be minimized and the carbon capture
efficiency can be maximized. In addition, the system has three cyclones
and four loop seals, and these together with the fuel reactor, air reactor
and carbon stripper are enclosed in a high temperature oven. In the air
reactor, the oxidation of the oxygen carrier is exothermic, thus the re-
actor’s temperature can sometimes rise rapidly. To avoid overheating
the air reactor, an air-cooling jacket is installed surrounding the lower
part of the air reactor and this can be used to control the reactor
temperature.

A post oxidation chamber (POC) for oxy-polishing is installed
downstream of the fuel reactor cyclone. In this way, combustibles
remaining in the gas from the fuel reactor can be sent directly to the POC
for further conversion. The POC is a cylindrical tube, vertically situated
in the system and has a diameter of 0.30 m and a height of 1.50 m. The
POC doesn’t have external heating devices, so it was insulated with
ceramic blankets to maintain the reactor’s temperature. Two K-type
thermal couples were used to measure the temperatures at the POC inlet
and outlet. For safety reasons, instead of using pure O2, the current work
used air as oxidant in the POC. Any real-world application would of
course use oxygen to avoid the dilution with N2. The air flow entering
the POC was split into two tangential streams to enhance the mixing of
air and combustibles.

2.4. Experimental procedure

Experimental data are mainly from a new campaign with ilmenite as
the oxygen carrier and BP22-CAL as the fuel (test1-test8), as well as a
previous campaign using Sinaus and CAL (test9-test16) [16], both at a
similar operation temperature of around 950–970 ◦C in the fuel reactor.
The POC inlet temperature is in the range of 747–924 ◦C and is lower
than the fuel-reactor temperature, because of heat loss from the gas path
before the POC inlet. The air reactor was normally kept at around
1000 ◦C. The gas flow at the fuel reactor inlet is kept at 10 kg/h and at
the air reactor inlet is 130–200 kg/h, and the corresponding gas veloc-
ities at the operational temperatures are 0.92 m/s at the fuel reactor
inlet and 1–1.54 m/s at the air reactor inlet. Given the terminal gas
velocities (ut) are 0.91 m/s for particles in the fuel reactor and 0.83 m/s
in the air reactor, the two reactors are both in fast fluidization regime.
Furthermore, the velocity in the thinner riser of the air reactor increases
by a factor of around six, whereas the velocity in the fuel reactor could
increase by more than ten times depending on the fuel conversion. The
operational conditions are summarized in Table 3. Based on these data
the effect of key operational parameters, e.g., POC air flow, oxygen

Table 3
Main operation conditions of the 100 kW pilot.

Test Oxygen carrier Fuel TAR (◦C) TFR (◦C) TPOC,in (◦C) Pth (kW) Qair,AR (kg/h) Vair,POC (LN/min) Reference

test1 Ilmenite BP22-CAL 998 949 913 64 155 250 −

test2 Ilmenite BP22-CAL 1007 956 917 64 155 350 −

test3 Ilmenite BP22-CAL 1011 959 921 64 155 400 −

test4 Ilmenite BP22-CAL 1011 957 919 64 155 250 
test5 Ilmenite BP22-CAL 1009 959 920 64 170 250 −

test6 Ilmenite BP22-CAL 1008 959 919 64 180 250 −

test7 Ilmenite BP22-CAL 1009 958 919 64 200 250 −

test8 Ilmenite BP22-CAL 1011 962 924 76 155 250 −

test9 Sinaus CAL 1009 968 801 65 130 0 [16]
test10 Sinaus CAL 1011 972 759 65 155 0 [16]
test11 Sinaus CAL 1003 971 744 65 175 0 [16]
test12 Sinuas CAL 998 971 747 65 195 0 [16]
test13 Sinaus CAL 994 965 768 65 175 100 [16]
test14 Sinaus CAL 993 963 820 65 175 200 [16]
test15 Sinaus CAL 995 965 893 65 175 300 [16]
test16 Sinaus CAL 996 965 953 65 175 400 [16]

D. Mei et al.
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carrier-fuel pair, fuel power and air reactor flow, which also controls the
solids circulation rate [45], can be evaluated. Steam is used to fluidize
the fuel reactor, loop seals and carbon stripper, while N2 is added to the
fuel container, to sweep the fuel conveying path, and to the pressure
measuring ports to avoid blocking. Sampling gas from the fuel reactor,
air reactor and POC is extracted and cooled down to remove water
vapor, before being sent to gas analyzers for concentration measure-
ment. Concentrations of CH4, CO, CO2, H2 and O2 of the fuel reactor and
POC were measured with RosemountTM NGA2000 gas analyzers. The
air-reactor gas was subject to measurements of CO, CO2 and O2 con-
centrations with a SIDOR Sick Maihak analyzer. NO and NO2 concen-
trations were measured with RosemountTM X-Stream gas analyzers. All
the concentration data were logged with a rate of 1 HZ and collected
with a computer. Condensates from the fuel reactor and POC were
collected and sent to SGS Analytics Sweden AB for analysis of NO2

–, NO3
–

and NH4
+.

2.5. POC model with the elementary reaction kinetics

Homogeneous gas-phase reactions in the POC were simulated with a
reactor model and elementary kinetics parameters proposed in a GRI-
Mech 3.0 package [46], which includes 325 reactions and 53 species,
covering all the reactions considered to be relevant for the POC. The
kinetics were incorporated in the open-source tool Cantera [47], which
is coupled with Python codes to form a zero-dimensional model, e.g. a
continuous stirred-tank reactor (CSTR), for the simulation. A chain of
CSTRs with an identical volume was used to simulate a plug-flow reactor
that was used to model the POC. As seen in Fig. 4, the model has an
upstream reservoir to mimic the gas supply, and a mass flow controller
to regulate the gas flow. The POC consisted of a number of CSTRs, a
pressure controller to regulate the gas pressure and a downstream
reservoir which was used as an exhaust gas sink. Various numbers of
CSTRs can be used in the model, but based on comparison with exper-
iments and previous work [29] three CSTRs were selected to predict the
POC performance, so the volume of each CSTR is 0.036 m3 which is one
third of the POC volume (0.11 m3). The average of the fuel reactor gas
flows and temperatures from tests 1, 2 and 3 in Table 3 were selected as
inputs to the model. Average values of the input data are presented in
Table 4. The model can calculate gas composition and temperature at
the exit of each CSTR. As mentioned before, the model can simulate
more than three hundred reactions, but this work mainly focuses on

general combustion reactions and nitrogen reactions. Further, important
reaction paths are obtained through the model, and these can be used to
track the conversion of different gas components and be of potential use
in future system design.

3. Data processing

3.1. Gas flows and oxygen demand

The total gas flow rate Fi (mol/s) of component i (i=CH4, CO2, CO, H2
or O2) at the fuel reactor exit was calculated using the gas concentrations
xi and the total molecular flow (Fout, mol/s) of gases leaving the fuel
reactor. The equation below was used for the calculation.

Fi = xi • Fout (1)

where Fout was obtained through a method based on nitrogen balance, i.
e. assuming the total molecular flow of nitrogen (FN2, mol/s) at the entry
and exit of the fuel reactor is identical.

Fout =
FN2

1 −
∑

xi
(2)

A dimensionless parameter called oxygen demand, ΩOD, is used to un-
derstand the desired ratio of oxygen for complete oxidation of the un-
converted fuel-reactor gases (CO, CH4 and H2) over the stoichiometric
oxygen needed for the solid fuel’s full combustion which is calculated
via Ф0 as shown in section 2.2 above and the denominator in equation
(3) below. The oxygen demand for the fuel reactor is obtained through
equation (3).

ΩOD =
0.5xCO + 2xCH4 + 0.5xH2

Φ0(xCO + xCH4 + xCO2 )
(3)

3.2. Normalized gas concentrations

In order to compare the results from different operational conditions,
the gas concentrations at fuel reactor exit (xi)FR and POC exit (xi)POC are
normalized by comparison with the total carbon concentration of each
reactor, i.e. (xCH4 + xCO + xCO2)FR and (xCH4 + xCO + xCO2)POC. The
normalized concentration is denoted as xi,N,j (j = FR for the fuel reactor
and POC for the POC reactor) and calculated through equation (4).

xi,N,j =
xi,j

(xCH4 + xCO + xCO2 )j
(4)

For NO, xi,N,j is multiplied by 106 which gives the concentration in ppm/
100 %CO2, to indicate the concentration in the undiluted CO2 stream.

3.3. Sum of contaminants

The O2, CO, H2, CH4 and NO from the oxy-polishing unit are
considered as contaminants for CO2 compression, transportation and
sequestration. To compare with the required concentrations for piping
and transportation, these gases are normalized to dry-and-nitrogen free

Fig. 4. Schematic of the POC reactor model with a chain of CSTRs and associated gas and pressure controllers.

Table 4
Initial temperature (◦C), average dry gas concentration (% for CO, CH4, H2, CO2
and N2, ppm for NO), oxygen demand (ΩOD, %) and wet gas flows Fi (mol/s) at
the POC model’s inlet.

TPOC,
in

xCO,FR xCH4,FR xH2,FR xCO2,
FR

xNO,FR xN2,FR ΩOD

916 6.5 3.3 7.1 54.8 397 28.2 18.3 
FO2 FN2 FCO FCH4 FH2 FCO2 FNO FH2O FNH3
0 4 ×

10-2
9.33 ×

10-3
4.67 ×

10-3
1 ×

10-2
7.77 ×

10-2
5.7 ×

10-5
0.57 3.1 ×

10-4

D. Mei et al.
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Fig. 5. (a) measured fuel reactor gas (CO2, CO, CH4, H2) concentration and fuel thermal power, numbers 1–3, 8 refer to tests shown in Table 3, (b) measured CO2,
CO, CH4, H2 and O2 concentration at the POC exit and (c) measured NO concentrations at the FR and POC exits, fuel reactor oxygen demand (ΩOD,FR), and the overall
oxygen ratio (λoverall).
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(DNF) concentrations through the equation (5.1) below and the sum of
the DNF concentrations (SUMDNF) in equation (5.2) is used to optimize
the POC performance. The nitrogen removed is mainly from pressure
taps and from pressurizing the fuel feed, i.e. nitrogen that would not be
present in a real-world application.

xi,DNF =
xi,POC

(1 − xH2O − xN2 )POC
(5.1)

SUMDNF =
∑

xi,DNF (5.2)

3.4. Overall oxygen ratio

The overall oxygen ratio, λoverall, evaluates the total available oxygen
(from oxygen carrier and POC air) over the stoichiometric oxygen
needed for full combustion, see equation (6). It can be obtained with the
modified oxygen demand, ΩOD* , which also includes the oxygen present
after the POC, cf. eq. (3).

λoverall = 1 − ΩOD* = 1 −
0.5xCO + 2xCH4 + 0.5xH2 − xO2

Φ0
(
xCO + xCH4 + xCO2

) (6)

4. Results and Discussions

4.1. Reaction progress

Fig. 5 displays the fuel power, actual gas concentrations at the exit of
both the POC chamber and fuel reactor, and the nitrogen monoxide
concentration together with oxygen demand and the overall oxygen
ratio for operation with ilmenite and BP22-CAL. Drops in gas concen-
trations and fuel power are a result of fuel stops that were needed for
various reasons, e.g. to add more fuel to the fuel bin or to clean sampling
gas lines. The outlet of fuel reactor has mainly 50–60 % CO2 and 5–10 %
of CH4, CO and H2 (Fig. 5a), but the latter were further oxidized in the
oxy-polishing step with air in the POC (Fig. 5b). When the oxygen ratio
(λoverall) exceeded 1.03 at around 260 min, complete oxidation was
achieved, albeit with some excess of oxygen. The POC concentration of
all the gases is lower than that in the fuel reactor as a result of dilution by
the POC air. When the POC air flow is raised, see tests 1, 2 and 3, the
overall oxygen ratio obviously rises, leading to higher excess of oxygen
and a more complete combustion in POC. When the fuel power was
increased from 64 kW (test 1) to 76 kW (test 8), the fuel reactor had a

slight increase in the CO2 concentration. But the CO2 in POC for test 1
and test 8 are very close, again as a result of dilution by the large air
flow. The NO concentration at the fuel reactor exit is around 300–500
ppm, and in some cases even around 1000 ppm, which is in some cases
(e.g., between 205 and 235 min) higher than the NO in POC and in other
cases (e.g., 260–280 min) lower than the POC values, as seen in Fig. 5c.
The oxygen demand is about 10–20 % which is typical of this pilot and
lower than what is reached with only biomass.

4.2. Effect of air reactor flow

Fig. 6 shows the effect of air reactor flow on the gas concentrations in
the fuel reactor and POC when using “Sinaus + CAL” and “Ilmenite+
(BP22-CAL)”. A raised air flow to the air reactor leads to more CO2, and
less CO, CH4 and H2 leaving the fuel reactor, because of increased ox-
ygen carrier circulation leading to a more oxidized state of the oxygen
carrier, cf. Fig. 6 a and b. Because of better combustion in the fuel
reactor, there are less combustibles entering the POC, which may
explain the slight decreases in the H2 and CO concentration noted at the
POC exit when the air reactor gas flow is higher, except the test 7 where
a slight increase is seen in Fig. 6b. The influence of combustibles is
complex as will be shown in the modelling section below. Thus, less
combustibles entering the POC may reduce the temperature increase in
the POC and, as a consequence, lower the gas conversion.

Fig. 6c shows that more NO is generated in the POC at a higher air
reactor air flow. This is not unexpected, when conversion improves in
the fuel reactor, the air ratio will increase in the POC when the addition
of air is constant. In addition, Fig. 6c compares the normalized NO
concentration between fuel reactor and POC with the ilmenite oxygen
carrier and BP22 + CAL as fuel. As seen, the NO increases quite signif-
icantly in the POC and this might be attributed to further oxidation of
NH3 in the POC. Moreover, it can be seen that NO is significantly lower
for “Ilmenite+(BP22-CAL)” than for “Sinaus + CAL”. This can be
explained by ilmenite giving lower NO than manganese ore, which was
found in another study, albeit with another manganese ore [35]. But, as
seen from Fig. 2, black pellets are expected to give very low NO, so this is
likely the main factor explaining the lower concentration of NO.

4.3. Effect of POC air flow

Addition of air to POC provides oxygen for combustion of the

Fig. 6. (a) effect of air reactor flow on the normalized concentrations of CO2, CO, CH4 and H2 in the fuel reactor when using the pair “Sinaus + CAL” and when the
POC air flow was zero, (b) effect of air reactor flow on the normalized concentrations of CO2, CO, CH4, H2 and O2 in the fuel reactor (marked with the subscript “FR”)
and POC (marked with the subscript “POC”) when using “Ilmenite+(BP22-CAL)” and POC air flow was 250 LN/min, and (c) effect of air reactor flow on the
normalized NO concentration at the exit of the fuel reactor (marked with the subscript “FR”) and POC (marked with the subscript “POC”). Numbers in the graphs
show the test numbers from Table 3.
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unconverted CH4, CO and H2 that come from the fuel reactor. The
overall oxygen ratio increases almost linearly with air addition to the
POC, as seen in Fig. 7a. The lowest overall oxygen ratio is at around
λoverall = 0.96 when the air flow was 100 L/min, while the highest is
λoverall = 1.35 when the air flow was 400 L/min. With an increased
oxygen ratio, the normalized NO concentration also increases, and this
again is attributed to the oxidation of NH3 in presence of oxygen. The
highest NO concentration was XNO,N = 1500 ppm/100 %CO2 at λoverall
= 1.35 for Ilmenite+(BP22-CAL), and 1800 ppm/100 %CO2 at λoverall =
1.2 for Sinaus + CAL. The normalized gas concentrations and POC
temperatures are presented in Fig. 7b. The Sinaus + CAL and the
Ilmenite+(BP22-CAL) pairs show similar behavior in combustion and
temperature at the POC out. Complete oxidation for both cases can be
achieved with high POC flows (more than 250 L/min) for both coal or a
BP22-CAL. The excess of O2 is high and is higher for the BP22-CAL as
compared to the Sinaus+ CAL. The increase in O2 versus POC air flow is
less steep for “Sinaus + CAL”, which is explained by elutriated char
burning in the POC, as observed in previous work [29]. When the

elutriated char is high as in the case with coal (CAL), part of the O2 in the
POC air is used for char conversion, lowering the excess oxygen
observed. Thus, as the air addition to the POC increases, the rise in O2
excess is less for CAL. In the case of BP22-CAL, on the other hand, the
char content is low (33 %) leading to lower char elutriation and less
oxygen is needed to convert the elutriated char. Thus, the O2 increase
with BP22-CAL is faster than with CAL.

It is also clear that for BP22-CAL the measured and normalized H2 is
around 0.01–0.02 and is not converted even at very high air excess. It is
reasonable to assume that this is an artifact and probably caused by the
difficulties of measuring H2 on-line because of the interference with
other gases, even though the H2 analyzer has a compensation for
important other gases like CO2 and CH4.

4.4. Nitrogen in the condensates

The condensate collected from the gas sampling streams from test 5
and test 6 was analyzed. Nitrogen species found in the condensate are

Fig. 7. Effect of POC air flow (a) on the normalized NO concentration at fuel reactor and POC outlet and the overall oxygen ratio and (b) on the temperature at POC
inlet (TPOC,in) and outlet (TPOC,in) and normalized gas concentration (CH4, CO, H2 and O2). Thicker lines show the data with “Ilmenite+(BP22-CAL)” with air reactor
flow of 155 kg/h, and the thinner- dashed lines show the data with “Sinaus + CAL” with air reactor flow of 175 kg/h, the numbers show the test number from Table 3.
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NO2
–, NO3

– and NH4
+, but only the ammonium ion (NH4

+) was found in any
significant concentration, see Fig. 8. The data indicates high concen-
trations of NH3 in the gas from the fuel reactor and that part of the NH3
was not fully converted in the POC. The concentrations of NH3 are
significantly reduced in the POC, 4–35 times in the four tests shown.
From a material balance, the concentrations can be estimated, 1300 –
3400 ppm/100 %CO2 after the fuel reactor and 40– 800 ppm/100 %CO2
after the POC. Thus, the NH3 after the fuel reactor is several times higher
than the 400–700 ppm/100 %CO2 of NO, see Figs. 5-6. The ratio is

higher than in a previous mass balance of N in the 100 kW unit with coal,
where the concentration of NH3 was a little more than twice as high as
that of NO [33]. The higher ratio for coal+ biomass is not surprising as a
higher release of NH3 is typical of biomass volatiles.

A comparison to the increase in NO in Fig. 6c and Fig. 7 indicates that
a majority of the NH3 in the gas is oxidized to NO. Thus, the low con-
centrations of NO from biomass, cf. Fig. 2 can be very significantly
increased in the oxy-polishing step. If all the fuel nitrogen were con-
verted to NO it would give 10–11 thousand ppm/100 %CO2. Thus, it is

Fig. 8. Comparison of nitrogen distribution in the fuel reactor and POC condensates, point 1 and point 2 are from test 5, and point 3 and point 4 are from test 6. Bars
show condensate concentrations (mg/L), whereas numbers shown together with dash lines are the actual normalized concentrations of NH3 (ppm/100%CO2).

Fig. 9. (a) gas concentration profiles of the upstream reservoir (left of the vertical dash line) and POC (right of the vertical dash line) after simulation with three
chained CSTRs, (b) comparison between model (lines, e.g. H2( ), NH3( ), CO( ), CH4( )) and experiments (symbols in same colours as the lines, e.g. H2( ),
NH3( ), CO( ), CH4( )).
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clear that a majority of the fuel nitrogen is converted to N2 in the fuel
reactor.

4.5. Conditions at the inlet of the modelled POC reactor

As mentioned in section 2.5, we used the average of the POC inlet
temperature and the fuel-reactor gas flows from tests 1, 2 and 3 as input
data, c.f. Table 3. Table 4 below shows these average values. The flow of
NH3 was estimated with the NH4

+ concentration in the fuel-reactor
condensate, as discussed in section 4.4 above, and the flows of other
gases were calculated with the measured gas concentration and the total
gas flows at fuel reactor exit.

4.6. Modelling results

4.6.1. Validation of the POC model
In the 100 kW unit, we used air as oxidant in the oxy-polishing step.

But in a real oxy-polishing unit, pure O2 should be used. To explore oxy-
polishing performance, we set up a reactor model based on elemental
kinetics to simulate the reactions in POC. Fig. 9a presents the gases in the
reservoir, the model’s results along the POC height, and Fig. 9b com-
pares the model and experimental results. As seen in Fig. 9a, the model
shows the combustion of combustibles along the POC, with CO2
increasing and combustibles decreasing. The concentration in each
CSTR is constant because of the assumption of perfect mixing. Fig. 9b
shows that the model predicts well the concentrations of CO2, and CH4
from available experimental data. However, the model overestimates H2
conversion and underestimates CO conversion to some extent. The

Fig. 10. Effect of POC flows on (a) normalized CO, CH4, H2, O2, CO2 concentrations and the POC out temperature, CO is hidden behind the H2 line in the case with
pure O2, and (b) the nitrogen gases with either pure O2 or air as the oxidation gas. Vertical dashed lines are the stoichiometric flows.

Fig. 11. Effect of poc inlet temperature on (a) normalized ch4, CO, H2, O2, CO2 concentrations and the POC out temperature (TPOC,out), and (b) the nitrogen gas
concentrations. The oxidation gas in the POC is either 150 L/min air (dashed lines) or 30 L/min O2 (solid lines). Some gases (e.g., H2, NO2 and N2O) have almost the
same concentration when using air and pure O2.
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incomplete conversion of H2, however, could be an artifact, as discussed
in Section 4.3. The model also overestimates the NO concentration, and
this might be because of the uncertainty in the estimated incoming NH3
concentration, which was derived from NH4

+ concentration in the
condensate. Overall, the model predicts the experimental data well.

4.6.2. Comparison between the use of pure O2 and air in the POC
Fig. 10 compares the change of gas concentration and POC outlet

temperature when using either pure O2 (0–60 L/min) or air (100–450 L/
min) in the POC. Increased flows lead to less combustibles in both cases,
and complete/near-complete gas conversion can be reached when the
flows are significantly higher than the stochiometric flows, which are 25
L/min for pure O2 and 122 L/min for air. As the gas flow increases, the
O2 concentration shows a decrease immediately after the stoichiometric
point, which could be explained by the strong temperature increase
around the stoichiometric point. At higher flows the temperature at the
POC exit starts to decrease as it is cooled by the added gas. Conversion of
NH3 to NO and of the combustibles to CO2 and H2O is high when the
POC flow is over the stoichiometric value. Since the temperature is much
lower than what is needed for thermal NOx (usually more than 1500 ◦C)
the N2 in air does not react with the gases. The major difference between
the use of O2 or air lies in; i) a faster increase in temperature and a higher
peak POC temperature for O2. ii) a final CO2 concentration slightly lower

than 1 for air, while complete combustion can be reached with oxygen.
Better conversion with oxygen is expected because of higher tempera-
ture and residence time.

Fig. 11 displays the effect of POC inlet temperature on the gas con-
centrations. When the temperature is lower than 825 ◦C, the fuel has a
very low conversion, and the CH4, CO, H2 and NH3 flow is almost the
same as that in the fuel reactor. Above 825 ◦C, conversion of combus-
tibles increases with temperature and a major part of the combustibles is
converted at 925 ◦C while complete combustion is reached at temper-
atures higher than 1000 ◦C. At the lower inlet temperatures, the NH3
conversion is low but there is also formation of NO2 and N2O, but at
higher temperatures there is only NO. This NO corresponds to a third of
the fuel-N. Again, as the temperature is lower than that needed for
thermal NOx formation, the N2 in the air added to the POC is not
involved in the formation of NO.

4.6.3. Reaction path with pure oxygen
The Python code for the POC model can be used to extract the re-

action paths in all the three CSTRs which make up the POC reactor in the
model. With this feature, the model can extract all relevant reactions and
their reaction rates when given an element of interest. When putting
these reactions together, the dominant reactions can be confirmed and
thus the reaction paths for certain components can be identified. Fig. 12

Fig. 12. Reaction paths of N-based species in CSTR1, CSTR2 and CSTR3 in sub-stoichiometric (20 L/min O2), slightly over-stoichiometric (30 L/min O2) and highly
over-stoichiometric (50 L/min O2) conditions, with averaged data from the 100 kW ilmenite+(BP22-CAL) experimental results as input. The POC inlet temperature
was 916 ◦C. The values together with the arrows are dimensionless which were normalized against the maximum net element flux that takes a unit of kmol/m3/s [48]
and the scaling factor of the normalization were provided below each, for example 0.175 × 2.8e-08 gives the net flux for the direct N2 conversion to N2O in the case
of FPOC = 50 L/min and CSTR3.
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below presents the N-based reaction paths for the three CSTRs when
using a sub-stoichiometric flow (20 L/min O2), a slightly over-
stoichiometric flow (30 L/min O2) and a highly over-stoichiometric

flow (50 L/min O2). The early CSTRs (e.g., CSTR1 and CSTR2) have
more complex reactions than the later CSTRs, while the later reactor
reactions have a higher intensity. In the case of 20 L/min O2, the CSTR2
has a reaction rate of 1.8 times that in CSTR1, and the reaction in the
third CSTR is 50 times faster than in the first CSTR. This phenomenon
could be an effect of temperature increase which is around a 60 ◦C
increment when comparing CSTR3 and CSTR1 in this specific case. In
the case of 30 L/min O2 and 50 L/min O2, the later CSTRs have simpler
final products and fewer intermediate reactions before generating the
final products. In the CSTR1 and CSTR2, HCNO, HNCO and HNO are
usually the intermediates while in the last reactor (CSTR3) the conver-
sion is more straightforward. The higher POC flows clearly lead to less
complexity of reactions in each CSTR. When the POC flow is sub-
stoichiometric, the available oxygen is not enough for complete oxida-
tion, leading to more side reactions and intermediate reactions being
involved.

Fig. 13 below shows reaction paths of CO, H2, O2 conversion in the
CSTR3 of the POC model with O2 flow of 50 L/min. Here, the oxygen is
over-stoichiometric for all the reactions and no side products are found.
Therefore, the conversion of CO to CO2 is straightforward in the CSTR3,
while the conversion of H2 and O2 involves some intermediate reactions.

4.6.4. Mapping the operational region with pure oxygen
This section maps the operational region with pure oxygen (O2) that

would be useful for oxy-polishing scaleup in commercial CLC system.
Inlet temperature and oxygen excess (or overall oxygen ratio) are key
parameters for fuel conversion in the POC. Their effects are presented
with contours curves in Fig. 14. A normalized CO2 concentration higher
than 0.997 is reached when the temperature is higher than 925 ◦C and
the overall oxygen ratio is higher than 1.07. Under these conditions the
conversion of NH3 to NO is also very high, as seen in Fig. 14b. On the
contrary, when the temperature is lower than 825 ◦C it is very difficult to
convert the fuel components even at a high oxygen ratio and it is not
possible to reach high conversion if inlet temperature is below 925 ◦C.

The sum of dry-and-nitrogen-free concentrations of O2, CO, H2, CH4
and NO, i.e. SUMDNF, as calculated through equation 5, is used as an
indicator to find an optimal condition where the sum of residual com-
bustibles, NO and unused O2 is the least. Below this sum will be referred
to as contaminants. To fulfil CO2 purity criteria for transport and stor-
age, the contaminants will need to be removed by e.g. distillation and
therefore it makes sense to minimize the sum of these. Note that N2
formed coming from e.g. fuel-N is not included among these, which can
be motivated by no, or at least much less stringent, limits for N2. Fig. 15
shows the sum of contaminants at different POC inlet temperatures
versus overall oxygen ratio. The sum goes through a minimum as the
overall oxygen ratio increases, and thus the optimal oxygen ratio can be

Fig. 13. Reaction paths of C, H and O related compounds in CSTR3 of the POC model with 50 L/min O2 at 916 ◦C.

Fig. 14. Modelled results for (a) CO2 concentration, (b) NO concentration using
oxygen and the current POC design, i.e., a diameter of 0.3 m and a length of
1.5 m.
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found depending on temperature. There is a strong effect of inlet tem-
perature, and when it is increased from 950 to 1050 ◦C, the sum is
greatly reduced. But above 1050 ◦C, the sum starts to rise and conse-
quently, the sum of contaminants reaches the lowest values at an inlet
temperature of 1050 ◦C. Normally, fuel reactors in pilots have operated
at temperatures of 950–970 ◦C or less, with the exception of an 80 kW
pilot that has been operated with biomass and a fuel reactor exit tem-
perature above 1050 ◦C [49]. At 950 ◦C, an optimal conversion is
attained at an overall oxygen ratio of 1.03, and the sum of dry-and-
nitrogen free O2, CO, H2, CH4 and NO is 0.0672, corresponding to a
CO2 purity of 93.3 %.

Below, the impact of the amount of combustibles coming from the
fuel reactor under different overall oxygen ratios is presented. The
amount of combustibles (CH4, CO, H2 and NH3) is varied by multiplying
the flows of CH4, CO, H2 and NH3 with factors of 0.5 and 2, represented
as F0.5 and F2 in Table 5 below, with the original concentration denoted
as F1. In addition to wet concentrations of CO, CH4, H2, CO2, NO, N2,
NH3, H2O, Table 5 shows the total wet gas flow leaving the fuel reactor
and the fuel reactor’s oxygen demand.

Results are presented in Fig. 16 and are shown for three different
inlet temperatures and for two POC diameters 0.3 and 0.5 m (D0.3 and
D0.5), to indicate the effect of residence time. The diagrams clearly
illustrate that a low amount of combustibles can give a higher sum of
contaminants and how this is related to the temperature increase in the
POC. Thus, in case of the smaller diameter (D0.3) with a residence time
in the order of 1 s, the highest amount of combustibles (F2) gives the
lowest sum of combustibles, except for the highest inlet temperature of
1050 ◦C. For the larger diameter (D0.5), corresponding a residence time
in the order of 3 s, the results are more mixed. Thus, the highest amount
of combustibles (F2) gives the lowest sum of contaminants at 850 ◦C, the

middle amount of combustibles, F1, gives best results for 950 ◦C, while
the lowest amount of combustibles gives the least contaminants at
1050 ◦C. In conclusion, a sufficient temperature needs to be reached in
the POC to give high conversion. The results suggest that a sufficient
POC outlet temperature is 1250 ◦C for the shorter residence time and
around 1150 ◦C for the longer residence time. Fig. 16 also shows that in
all cases the longer residence time, D0.5, gives a significant reduction of
the contaminants at the minimum point, except for 850 ◦C and F0.5.

4.6.5. Effect of the POC size with pure oxygen
Fig. 17 displays the effect of POC volume and gas residence time on

the sum of contaminants (SUMDNF) and the temperature at the POC exit
(TPOC,out) with a POC inlet temperature of 950 ◦C and 1050 ◦C. The gas
residence time is seen on the secondary X-axis of Fig. 17 and as expected,
the gas conversion and temperature increase with a longer residence
time. In the 100-kW’s current design, the POC has a volume of 0.11 m3

and a gas residence time of around 1 s, as seen with the vertical-dashed
line labelled with current design in the figure. In an upscaled CLC sys-
tem, a reasonable residence time in oxy-polishing unit could be 3 s.
Increasing the diameter of the current design to 0.5 m results in a resi-
dence time of 3 s, see the line labelled with Design I in the figure. The
Design I lowers the contaminants to 3.37 %, which is a good improve-
ment as compared to the 7.73 % reached with the current design.
Further increase of the POC size, Design II, results in additional reduc-
tion of contaminants to 2.22 %. However, Design II, with a residence
time of around 14.2 s would be unrealistic in a commercial application.
When the POC inlet temperature is increased from 950 ◦C to 1050 ◦C, the
temperature at the POC outlet shows a similar increase. The effect of the
higher temperature is considerable when the gas residence time is
shorter than 2 s. Beyond this, the amount of contaminants with the two

Fig. 15. (a) SUMDNF, c.f. equation 5, sum of the O2, CO, H2, CH4, and NO dry-and-nitrogen-free concentration and (b) POC outlet temperature when varying the
overall oxygen ratio at different temperatures. All with the 100 kW’s current POC design which has a diameter of 0.3 m and a length of 1.5 m.

Table 5
Fuel-reactor wet gas concentrations (% or ppm) used in the model in the cases of F0.5, F1 and F2, the total wet gas flow (Ftotal, mol/s) and oxygen demand (ΩOD) for the
three cases.

Cases xCO,FR xCH4,FR xH2,FR xCO2,FR xNO,FRa xN2,FR xNH3,FRa xH2O,FR Ftotal ΩOD

F0.5 0.67 0.33 0.71 11.1 81 5.7 220 81.5 0.701 9.8
F1b 1.3 0.65 1.4 10.8 79 5.6 440 80.1 0.713 18.3
F2 2.5 1.27 2.71 10.5 77 5.4 840 77.4 0.737 31.5

a with a unit of ppm, b these are wet concentrations and thus different to those in table 4.
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inlet temperatures is quite similar.

4.7. Discussion

4.7.1. Thermal NOx
The formation of NO from nitrogen and oxygen in air is commonly

known as thermal NOx. The reaction is strongly temperature dependent
and “a frequently applied rule-of-thumb is to ignore the thermal for-
mation of NO at temperatures below about 1800 K”, [50], i.e. around
1500C. In normal combustion the maximum temperature possible is
given by the adiabatic flame temperature, which is typically around
2000 ◦C for common fuels. Even if furnaces are cooled, it is difficult to
avoid high temperatures in flames and associated formation of thermal
NOx. In chemical-looping combustion, there are no flames, neither in the
fuel reactor, nor in the air reactor and temperatures are below 1100 ◦C
so there is no risk of thermal NOx formation in the chemical-looping
process.

However, this does not necessarily apply to the post-oxidation
chamber, which is expected to be adiabatic. This also means that,
assuming full conversion, the adiabatic flame temperature is reached. As
noted in Fig. 15 temperatures of up to 1500 ◦C are possible if the oxygen
demand would be very high. Moreover, the residence time in the adia-
batic POC would be a few seconds in contrast to the normally very short
gas residence time at high temperature in flames.

The kinetics of thermal NO formation is well known and the for-
mation of NO in moles/(cm3•s) is given by [51].

d
dt

[NO] =
6× 1016

T1/2
exp

{
− 69,090

T

}

× [N2] × [O2]
1/2 (7)

where T is the absolute temperature and [NO], [N2] and [O2] is the
concentration of NO, N2 and O2 in moles/cm3. In Table 6 the formation
of NO, in ppm/s, is given versus temperature for different concentrations
of O2 and N2. It is evident that significant amounts of NO would form in
air at 1500 ◦C with a residence time of a few seconds, i.e., in contrast to
the normally very short gas residence time in flame zones.

However, in the case of the POC the concentrations of O2 and N2 are
low and formation of thermal NO should be well below the ppm level
even at the highest temperatures, cf. Table 6.

4.7.2. CO2 purification and optimal oxygen addition
For normal chemical-looping combustion, i.e. in contrast with CLOU

where oxygen carriers releasing gas phase oxygen [52], unconverted
combustibles are likely impossible to avoid. Thus, purification is needed,
and it is also clear that the purification is greatly facilitated if oxygen is
added, whereby oxygen and combustibles form CO2 and H2O, thus
increasing the purity of CO2. Further, the amount of addition of O2 is a
matter of optimization, and here it is assumed that the optimum is when
the amount of contaminants are at minimum, which occurs at a slight
excess of oxygen.

To find the POC optimal conditions where the contaminants are
minimized, simulations were made by varying the oxygen flow for the
current design, Design I and II. The concentrations of the various

Fig. 16. (A) sum of the dry-and-nitrogen-free concentration of O2, CO, H2, CH4, and NO and (B) POC outlet temperature versus overall oxygen ratio at different inlet
temperatures. FxDy refers to amount of combustibles multiplied by a factor x (0.5, 1 or 2) and POC diameter y (0.3 or 0.5 m). D0.3 is presented with thick-solid lines
and the D0.5 is presented with thin-dashed lines.
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contaminants are shown in Table 7 together with a comparison to an
example of limits set for transportation and storage. The sums of con-
taminants for the three designs are 6.72 %, 3.27 % and 1.74 %. Thus, for
Design I the fraction of contaminants, not including N2, is reduced from
23.6 % to 3.3 %, clearly emphasizing the importance of oxy-polishing
step for the purification.

NO is only 10 % of the contaminants for the design with around 3 s
residence time, so this is not likely to make a large difference for the later
purification. But, as was discussed in the introduction there is great
uncertainty regarding the expected concentrations of NO and NH3 in the
outlet of a full-scale fuel reactor, as they could potentially be very low.
Moreover, biomass often has low nitrogen content. The BP22 used in this
study only contained 0.1 % N, which, if converted to N2, is only around
800 ppm if normalized. On the other hand, the Calenturitas coal would
give around 9000 ppm of N2.

As seen in Table 7, the concentration of contaminants is around 3.3
% for the case with a reasonable residence time, Design I. From the
examination of the effect of inlet gas concentrations and inlet temper-
atures in Fig. 16, it appears difficult to reach significantly below this
level. Here, the concentration of oxygen contrasts most with the
required level, i.e. around 15,000 ppm compared to < 10 ppm. After
oxygen comes NOwith around 3400 ppm compared to< 10 ppm. On the
other hand, the combustibles have significantly lower ratios between
actual and required concentrations, i.e. H2 10,300 versus < 50 ppm and

CO 4500 versus < 100 ppm.
When the downstream purification of the gas is designed, there are

different options [53]. One would be to have a sufficiently extensive
distillation to reach ppm levels. However, since NO is likely to be a lot
lower than in this optimization, another option could be to remove the
oxygen by catalytic combustion, which would significantly lower the
demands on the distillation. In that case, the optimal oxygen addition
would also be higher, leading to a lowering of combustible gases like H2
and CO, thus reducing the need for extensive distillation further.

A species not included in the contaminants discussed so far, is the
nitrogen that is formed from the fuel nitrogen. With a biofuel, this could
be low as noted above. But, N2, as well as argon, could also enter as a
contaminant in the oxygen for oxy-polishing or by air ingress. The purity
of the oxygen used in the POC is a matter of optimization. Air ingress is
normal in boilers, firstly because flue gas channels are at under-pressure
to assure flue gases are not released in the boiler house, and secondly
because inleakage is not a significant problem. But in the case of a CO2
stream that needs purification any oxygen or nitrogen that leaks in is
associated with added costs, which would motivate measures to assure
that air ingress is eliminated, or at least reduced to low levels.

Maximum N2 is not always specified, but when it is, it is < 2.4 to < 4
% [54]. Similarly, the maximum CH4, when specified, is 1–4 %. In some
cases, the maximum N2 is limited by a CO2 purity requirement, e.g.> 99
% purity [53].

Ideally, the POC is a perfect plug-flow reactor with the gases entering
being perfectly mixed. The model, however, assumes perfect mixing in
the three CSTR stages, which will give lower conversion than an ideal
plug-flow reactor, and the three stages was selected to match the
experimental results and to account for imperfect mixing. Nonetheless,
it is very important that the oxygen addition in a large-scale unit is done
in a way that provides good mixing.

Normally, when discussing the performance of the CLC process, it is
assumed that the oxygen demand should be minimized. However, as
seen in Fig. 16, a low oxygen demand will not give the temperature
increase needed in the POC to attain good conversion. Consequently, it

Fig. 17. Effect of POC volume (VPOC) and the corresponding gas residence time
on the sum of contaminants (SUMDNF, red lines) and POC outlet temperature
(TPOC,out, black lines). The POC inlet temperature was set to 950 ◦C (dashed
lines) and 1050 ◦C (solid lines) and the O2 flow was fixed to 28 L/min. Vertical-
dashed lines present three different POC designs (current design, design I and
design II). (For interpretation of the references to colour in this figure legend,
the reader is referred to the web version of this article.)

Table 6
Formation of NO versus temperature, ppm/s for different percentages of O2/N2.

T, ◦C Air Design I at optimum

O2/N2, % 21/79 1.5/0.7
1200 0.007 0.00002
1300 0.13 0.0003
1400 1.7 0.004
1500 16 0.04

Table 7
Comparison between the required purity for CO2 piping and transportation and
the normalized concentrations achieved at the minimum of contaminants at
950 ◦C with the 100 kW’s POC current reactor and two larger designs (Design I
and Design II).

Required
[53]

Current
design
ID 0.3,
L1.5

Design I
ID 0.5,
L1.5

Design II
ID 0.8,
L3.0

Optimal condition  O2 flow 30
L/min
λoverall
1.037
tr 1.1 s
TPOCout
1196 ◦C

O2 flow 27
L/min
λoverall
1.007
tr 2.7 s
TPOCout
1204 ◦C

O2 flow 26
L/min
λoverall
0.9996
tr 13.2 s
TPOCout
1209 ◦C

Component ppm ppm ppm ppm
H2O ≤30 − − −

O2 ≤10 40,900 14,500 4400
SOx ≤10 − − −

NOx ≤10 3300 (only
NO)

3400 (only
NO)

3400 (only
NO)

H2S ≤9 − − 
CO ≤100 8600 4500 2800
CH4 − 0 0 0
Amine ≤10 − − −

Ammonia, NH3 ≤10 0 0 0
Hydrogen, H2 ≤50 14,300 10,300 6900
Formaldehyde ≤20 − − −

Acetaldehyde ≤20 − − −

Mercury ≤0.03 − − −

SUMDNF (O2, NOx,
CO, CH4 and H2)

 6.72 % 3.27 % 1.74 %
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appears as if the oxygen demand has an optimum level, and, if it falls
below this level, measures to increase the oxygen demand or extra fuel
addition to the POC could be needed.

The model results suggest that a rather high oxygen demand is
needed to reach sufficient temperature. However, the needed oxygen
demand is overestimated because of the high flows of N2 and steam that
are added for fluidization, pressure taps and fuel feeding in the 100 kW
unit, cf. Table 4. A heat balance using the additional steam flows ex-
pected in a full-scale application, here assumed to be 1/6 of the gas flow
in the fuel reactor, indicates that an oxygen demand of around 8 %
would be sufficient to give a 250 ◦C temperature increase, e.g. from 950
to 1200 ◦C similar to the cases in Table 7.

5. Conclusions

The oxy-polishing process was studied in a 100 kW CLC pilot and
simulated with a zero-dimensional reactor model integrated with
elementary reaction kinetics. Fuel-nitrogen conversion and reaction
paths are closely focused. Below are the conclusions that can be drawn
from the current work.

i. Fuel nitrogen is mostly converted to N2 in the fuel reactor, but a
large amount of NH3 and some NO is also formed. Most of the
NH3 is oxidized to NO in the oxy-polishing step, resulting in
dramatic increase in NO.

ii. Oxygen in the air added reacts with the combustibles, and the
conversion of these depend on temperature, oxygen excess,
amount of combustibles and residence time.

iii. An oxy-polishing reactor model with three one-dimensional
stages is validated with the 100 kW experimental results and
can be used for future up-scaling of the design.

iv. Reaction intermediates have been identified through the reactor
model. The intermediates are more relevant in sub-stoichiometric
conditions and the first part of the POC reactor.

v. Based on the model, the oxy-polishing can reach an optimal
oxidation with an overall oxygen ratio of 1.037 and a content of
contaminants of 6.7 %, for a residence time around 1.1 s.
Increasing the residence time to 2.7 s, the optimal overall oxygen
ratio is 1.007 and the amount of contaminants to 3.3 %. A further
increase in residence time to 13.2 s lowered the amount of con-
taminants to 1.7 %.

vi. The model also highlights the necessity to reach sufficient tem-
perature in the POC, which is dependent on the inlet temperature
and the amount of combustibles in the gas coming from the fuel
reactor. Thus, to achieve good conversion, the POC temperature
likely needs to reach around 1150 ◦C for a residence time of 3 s.
This would mean that it could be a problem if the oxygen demand
is too low, which would then require either addition of support-
ing fuel to the POC or operational measures to increase the oxy-
gen demand.

vii. For a fuel reactor temperature of 950 ◦C, the oxygen demand
should be around 8 % to safely reach the needed temperature
increase in the POC.
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