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ARTICLE INFO ABSTRACT
Keywords: Hydrogen production from biogenic fuels in fluidized beds may provide the steel industry with a path to
Iron oxide decarbonization and negative emissions. Magnetite fines (MAF), a common intermediate product in the Euro-

Steam-iron reaction
Hydrogen
Chemical looping water splitting

pean iron and steel industry, was utilized as an oxygen carrier for continuous hydrogen production. Performance
was evaluated in a fluidized bed reactor, demonstrating that MAF effectively converts low-grade gaseous biofuels
and subsequently generates high-purity hydrogen through water splitting. A kinetic model accounting for
thermodynamic limitations was developed to assess MAF’s reactivity towards reduction with CO and Hj, and
oxidation with HyO. The activation energy as a function of the mass conversion degree ranged from 32.7 to 70.5
kJ/mol for reduction with CO, and from 22.6 to 67.4 kJ/mol for Hy: for oxidation with HyO, it ranged from 51.2
to 121.3 kJ/mol. Significant variations in the apparent activation energy were observed, which can be linked to
changes in the rate-controlling mechanisms, highlighting the influence of microstructural evolution on reactivity.
The findings provide valuable insights into the apparent kinetics of MAF and suitable operating conditions for
optimizing hydrogen production, with the highest hydrogen production rate of 0.37 mmol g~* min ! achieved at

800 °C.
Nomenclature :
1. Introduction

AR Air reactor :

Hydrogen and hydrogen-based fuels can play a fundamental role in
CLWS Chemical looping water splitting Y 8 . y & play s .
E, Activation energy [kJ mol-}] sectors where emissions are hard to abate, and other mitigation mea-
FR Fuel reactor sures are not available or difficult to implement [1]. However, today
Yi Gas yield of component i fossil fuel technologies dominate the global production of hydrogen [2].
Yieq Equilibrium gas yield of component i According to the International Energy Agency, 70 % of the energy
i Gaseous components (CO, Hy, H20) . . . . .

X Pre. : 1 requirement for dedicated hydrogen production was met with light
0 re-exponential factor [s1 X |
ke, Apparent rate constant for component i mikg' s hydrocarbons, such as natural gas or naphtha, and the rest with coal in
Keq,v,i Equilibrium constant for reaction Y and component i 2022. Considering the increasing global hydrogen demand, there is a
MAF Magnetite fines need for rapid scale-up of hydrogen from other sources. For hydrogen to
Mlox Mass of oxygen carrier in its oxidized state el 1 be a feasible future energy carrier, it needs to be produced in an

Mo Molar mass of oxygen [kg kmol -] . . N — .
A Molar flow [mol s economically viable manner and without COy emissions. While elec-
pi Partial pressure of component i [Bar] trolysis powered by renewable electricity is likely to become important
SR Steam reactor in the future, other possibilities should be examined as well, including
T Temperature [K]3 L technologies that can achieve a combination of hydrogen production
Viin Inlet volumetric flow of component i [m”s™7] . . - . ..

H ) while simultaneously achieving negative CO5 emissions.
® Mass conversion degree [-]

One such alternative is the steam-iron process, which is one of the
oldest methods to produce hydrogen [3]. The main advantage of the
steam-iron process is the possibility of producing pure hydrogen without
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further gas-cleaning steps, while simultaneously producing a concen-
trated CO; stream that can be used for carbon capture and storage (CCS).
This is of particular importance when using biomass as a feedstock,
where a normal gasification process would entail significant gas clean-
ing and handling of impurities and higher hydrocarbons, or tars.

At the core of this process is the steam-iron reaction (SIR), where
reduced iron oxides are oxidized with steam to produce pure hydrogen.
It is a stepwise process where each reaction step releases or requires
heat, and the kinetics and thermodynamics of each of the steps are
strongly dependent on the temperature [4]. Thus, the reactions are
preferably conducted at different temperature levels, making the orig-
inal batch process cumbersome and inefficient. However, it is possible to
realize a continuous process, for example by applying a system with
interconnected fluidized beds [5-7]. Such a system with three inter-
connected reactors, referred to as Chemical Looping Water Splitting
(CLWS) or Chemical Looping Hydrogen Production (CLH), is illustrated
in Fig. 1.

1.1. Steam-iron reaction

The continuous process is realized using three interconnected re-
actors, referred to as the fuel reactor (FR), steam reactor (SR), and air
reactor (AR) as illustrated in Fig. 1.

In the fuel reactor, hematite (Fe2O3) is reduced to magnetite (Fe3O4),
wiistite, and potentially to metallic iron (Fe). For the purposes of
simplicity, wiistite is referred to as stoichiometric FeO, although non-
stoichiometric variations do exist under these conditions. The re-
actions using CO as model fuel are illustrated in (1-3). Reduction to
metallic iron is often avoided in fluidized beds as it has been observed to
cause sintering and consequently defluidization of the bed [8]. Although
all kinds of hydrocarbon fuels can be utilized in this process, bio-based
fuels are expected to be favored in the future, since they offer the po-
tential to achieve negative emissions through Bio-Energy Carbon Cap-
ture and Storage (BECCS). Furthermore, from a practical standpoint,
reactor design would be more straightforward for gaseous fuels
compared to solid fuels, making gasified biomass and pyrolysis gas an

Carbon dioxide
C0,, H,0

Hydrogen
H,, H,0

Nitrogen
NZ

Fe,0; (s)
<

FR AR

Fe30, (s)

e

Air
0O,, N,

Steam
H,0

Biogenic fuel gas
CO, CO,, H,, CH,,

Fig. 1. Schematic description of Chemical Looping Water Splitting (CLWS) for
continuous production of hydrogen through the steam iron reaction. The pro-
cess consists of three interconnected fluidized bed reactors, fuel reactor (FR),
steam reactor (SR), and air reactor (AR).
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excellent starting point. When the fuel is oxidized, the iron oxide is
reduced until equilibrium is reached. However, complete gas conversion
is not possible for reactions 2 and 3 in conventional fluidized beds, see
Fig. 2. Consequently, unreacted Hy and CO will be present in the exiting
flue gas. To overcome this limitation, one solution is to perform the
reduction in a counter-current flow setup, e.g. counter-current moving
bed [9] or packed fluidized bed [10]. With a counter-current flow setup,
complete gaseous conversion can be achieved, facilitating the separation
of CO, from the flue gas stream.

3 Fezog +CO -2 F6304 + C02 AHgoooC =-39.3 kJ/mol 1
Fe304 + CO—3 FeO + CO, AHgggoc = +16.1 kJ/mol 2
FeO + CO—Fe + CO, AHgogoc = —17.2 kJ/mol 3

In the steam reactor, Hj is produced by oxidizing FeO, and possibly Fe,
with steam according to reactions 4 and 5. The outgoing gas contains a
mixture of steam and hydrogen, but a pure Hy stream can be obtained
easily by condensing the steam. Due to thermodynamic limitations, the
iron oxide can only be oxidized to magnetite in the steam reactor.

3 FeO + H20—>F6304 + H, AHgoooC = —49.2 kJ/mOl 4

Fe + H,O—FeO + H, AHgggoc = —15.9 kJ/mol 5
Lastly, regeneration occurs in the air reactor where the metal oxide is

completely oxidized according to reaction 6.

4 F6304 + 02—>6 Fe203 AHQOO“C = —485.2 kJ/mol 6

The hydrogen yield at different temperatures under equilibrium
conditions for the various iron oxides and metallic iron is presented in
Fig. 2. The reduction of Fe;O3 proceeds stepwise through magnetite,
wustite and finally to metallic iron. These equilibria, along with the
associated reaction enthalpies in reactions (1-6), were calculated using
FactSage 8.3 [11]. As seen in Fig. 2, lower temperatures favor higher
hydrogen yields thermodynamically. However, in practice, lower tem-
peratures also lead to reduced reaction rates. Therefore, within the
steam reactor, there is a trade-off between kinetic and thermodynamic
limitations that must be carefully considered for optimal hydrogen
production.

1.2. Kinetics of iron oxides in fluidized beds

Reduction and oxidation kinetics are important for predicting the
rate at which the reaction proceeds. It does not only provide physical
insights into the reactions but is also an important tool for scale-up and
defining reactor dimensions and energy consumption. In general, the
reduction rate in fluidized beds is limited by mass transfer through the
external gas film to the solid surface, diffusion in the porous or dense
product layer, interfacial phase reaction or a combination of several
mechanisms. Further, the kinetic parameters largely depend on the
material (type, shape, composition and impurities), the reducing gas
(composition and impurities) but also the temperature and type of
experiment.

Most prior studies on the steam-iron reaction have been conducted in
small, fixed beds or by TGA. There are a few studies where the apparent
kinetics of iron materials have been determined in fluidized beds, but
these have usually focused on the reduction step or oxidation with steam
at lower temperatures (<600 °C) [12,13]. A summary of kinetic pa-
rameters for the reduction and oxidation of iron oxides under relevant
conditions for the steam-iron-reaction is summarized in Table 1.

While there have been extensive studies on iron reduction mecha-
nisms in TGA, there are different aspects to consider in fluidized beds.
For example, reduction to metallic Fe in fluidized beds is often seen as
problematic due to sintering of the material, which leads to a decrease in
the Hy-yield [8]. For that reason, literature on kinetic data for reduction
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Fig. 2. The equilibrium gas yields during oxidation and reduction of iron oxides. The figure illustrates the gas yield at equilibrium for different process temperatures.

Table 1
Summary of kinetic parameters reported in literature for the reduction and oxidation of iron oxides relevant for the steam-iron reaction.
Experimental Setup Material Fuel Gas Reaction(s) Activation Energies (kJ/ Temp (°C) Ref
mol)
Fluidized bed Iron ore (250-350 pm) Mixtures of H,, Ny and Reduction to - 600-800 [14]
H,0 Fe
Micro fluidized bed Fe,03 (60.7 pm) Cco Fe,03 — Fe304  30.6-52.99 750-950 [15]
Fe304 — FeO 52.44-80.83
FeO — Fe 45.74-92.12
Micro fluidized bed Brazilian iron or (100-150 50 % CO in Ny Fe,O3 —» Feg04  29.1 700-850 [16]
pm) Fe304 — FeO 40.9
FeO — Fe 60.9
Fluidized bed Iron ore (106-150 pm) Hy - - 600-800 [17]
Fluidized bed Hematite ore (45-88 pm) H, Fe,03 — Fe 23.8-54.9 700-850 [18]
Fluidized bed Boron-bearing iron H, Early 65.2 650-850 [19]
concentrate reduction 96.1
Late reduction
In-situ high temperature hot stage and Hematite (80-88 pm) Cco Fe;03 — Fe30y4 50.0 700-1100 [20]
microscopy Fe304 — FeO 40.3
FeO — Fe 47.1
TGA Dense Fe,O3 briquettes (200 CcO Fe,03 — Fe304 56.5 700-1050 [21]
pm) Fe304 — FeO 22.1
H, Fe;03 — Fe3Oy4 28.7 700-1050
Fe304 — FeO 59.4 700-900
Fe304 — FeO 168.6 950-1050
TGA-DSC Iron ore (90-200 pm) H, Fe;0O3 — Fe 83 700-850 [22]
Oy Fe— Fe,0O3 30 500-850
TGA Synthetic particles (100-300 H, Fe,0O3 — Fe - 950 [23]
pm) CHy4
03
Monolithic reactor Iron rod H,0 in N, and Ar Fe— Fe304 47 400-600 [24]
TGA Hematite (125 pm) H,0 FeO— Fe304 77.9 500-900 [25]

to metallic iron or wiistite in fluidized beds at temperatures above
850 °C is scarce. Most investigated iron-based materials have been ores,
which can contain a significant fraction of impurities such as Si, Ca, Mg,
etc. These impurities could have an influence on the reduction mecha-
nism, sintering behavior and/or the overall reactivity of the material
[26]. For example, studies have demonstrated that alkaline earth metal
oxides can prevent sintering and thereby improve stability during
reduction [27], showing that impurities can impact the performance of

iron-based materials.

Kinetic studies on the oxidation of metals and metal oxides with
steam in fluidized beds remain limited. However, parallels can be drawn

755

to the oxidation reaction with air in chemical looping combustion.
Oxidation with steam has been reported to follow a similar product-
layer mechanism to that observed with air however, it is anticipated
that significantly higher activation energies would be required for steam
oxidation [25]. This is exemplified by two studies reporting the activa-
tion energy to be 77.9 kJ/mol for steam oxidation of iron oxides [25],
whereas the activation energy for oxidation with air is much lower, 30
kJ/mol [22]. Despite these findings, only a few studies have investigated
the kinetics of reduction and oxidation of iron oxides in fluidized bed
experiments for hydrogen production [12]. There is a clear knowledge
gap in literature, not only concerning the deep reduction of iron oxides
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in fluidized beds, but also in understanding the kinetics of oxidation
with steam.

1.3. Aim of study

The main objective of this study is to examine the performance of
iron oxide particles for the continuous production of hydrogen in flu-
idized beds. The selected oxygen carrier is an iron oxide called magne-
tite fines (MAF) and is a particulate intermediate product in the
European iron and steel industry that is available in huge amounts. Such
materials may have great potential for the steam-iron reaction but have
not been investigated in literature previously. Utilizing MAF for
continuous hydrogen production presents an interesting option for the
European steel industry to achieve fossil-free steel production. With
several European countries setting goals to replace fossil fuels with
hydrogen in the steel industry, the potential application of MAF in
steam-iron reaction becomes even more significant to investigate. This
process does not only enable hydrogen production, but also contributes
to achieving negative emissions, advancing the decarbonization of steel
production, and supporting the goal of sustainable steel manufacturing.

This study addresses the knowledge gap regarding the utilization of
MAF as an oxygen carrier for hydrogen production. Feasible operating
parameters are investigated to maximize the production of hydrogen
during extensive reduction of iron oxides in fluidized beds. Given the
scarcity of kinetic data derived from fluidized bed experiments, the aim
is to extract apparent kinetic data under realistic operating conditions. A
kinetic model is developed that takes thermodynamic limitations into
account and is implemented to study the reactivity of iron oxide with the
key components: Hy, CO and H»O. This study is confined to a simplified
system utilizing the two key fuel components, CO and H,. Although
biomass-derived fuel gases from gasification or pyrolysis could contain
additional hydrocarbons, tars, sulfur compounds, and other contami-
nants, the effect of these impurities is beyond the scope in this study.
Still, it is expected that the study will have significant implications also
for use with solid fuels, as oxygen carriers are expected to react pri-
marily with gaseous components.

2. Material and method

Magnetite Fines (MAF) is an enriched iron ore product produced by
LKAB and primarily used in sintering processes to form pellets, which
are subsequently smelted into iron in the blast furnace. MAF serves as a
key intermediate product in the iron and steel industry, and it is a me-
chanically beneficiated iron ore product containing over 98 wt% iron
oxides (see Table 2). Its high iron content makes MAF particularly
interesting for the steam-iron reaction. Previous studies have investi-
gated MAF’s potential for chemical looping combustion and oxygen
carrier aided combustion, showing favorable reactivity under fluidized
bed conditions [28].

Prior to the experiments, MAF was calcined at 950 °C for 12 h in air.
After calcination, the material was sieved to obtain particle sizes ranging
from 90 to 180 pm.

2.1. Experimental setup

Experiments were conducted in a quartz fluidized bed batch reactor
mounted inside an electrically heated furnace. The height and the inner
diameter of the reactor were 820 mm and 22 mm, respectively. A porous
quartz plate placed 380 mm from the bottom of the reactor kept the bed
material in the reactor, while allowing the through-flow of gas to

Table 2
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fluidize the bed. The pressure fluctuations over the reactor were moni-
tored using a pressure sensor (Honeywell pressure transducer, 20 Hz).
The temperature in the bed and under the porous plate was monitored
using two K-type thermocouples as illustrated in Fig. 3.

The gas entering the reactor was regulated by four magnetic valves as
shown in Fig. 3. The total flow to the reactor varied between 800 and
1200 ml/min. At these flow rates, the bed was a bubbling bed with U/
Umf ~3.5-4.2, where U is the superficial gas velocity and Uy is the
minimum fluidization velocity calculated according to Wen and Yu [29]
correlation. Steam was generated by injection of Milli-Q water into a
controlled evaporation mixing (CEM) system heated to 150 °C and was
mixed with Ny. To prevent condensation of steam, the streams to and
from the reactor were electrically heated to temperatures between
115 °C and 150 °C.

The gas exiting the reactor was cooled in an M&C ECP1000
condenser to ensure that no water entered the dry gas analyzer. The dry
gas analyzer (Rosemount NGA 2000) was equipped with IR/UV sensors
for CH4, CO-, and CO, a thermal conductivity sensor for Hy and para-
magnetic gas sensor for O,. The volumetric flow rate and concentrations
(CO4, CO, CHy4, Hz, and O,) were monitored with a frequency of 1 Hz.
The concentration was measured using a non-dispersive infrared (NDIR)
analyzer. The analyzer was calibrated for the range of 0 %—40 % COo, 20
% CO, 25 % CHy, 15 % Hy and 5 % O».

Before the start of each experiment, the top and bottom parts of the
reactor were tightly sealed to avoid leakage and to ensure this, a leak test
was performed. Then, the reactor was heated under oxidizing condi-
tions, denoted as AR. Once the desired temperature was reached, the gas
was switched to nitrogen to purge the reactor and avoid mixing between
fuel and steam or air. For the reduction, denoted as FR, a mixture of
syngas (50 % CO + 50 % Hy), or CO, in nitrogen was used. The reduction
was followed by a purging step before the hydrogen production step,
denoted SR. Details about the experimental parameters used for one
experimental cycle are given in Table 3.

Each experiment was preceded by ten cycles that excluded the steam
reactor (SR) step 5. These initial cycles are hence referred to as activa-
tion. Following activation, two sets of experiments were conducted
(steps 3.1 and 3.2 in Table 3). The first set of experiments focused on
investigating the performance of MAF during consecutive cycling, but
also suitable parameters for steam reactor such as temperature and
reduction level. For this purpose, 15 g of material was used with CO or
syngas. The reduction step was always conducted at 900 °C, and the
desired temperature in the steam oxidation step was achieved during the
inert step. Oxidized bed samples were extracted after step 5 and 29
cycles, and at the end of the experiment after step 1 and 53 cycles. In the
follow-up experiment, syngas was used to study the particles after
activation, and after the last cycle and step 3.1. The second set of ex-
periments focused on obtaining key kinetic parameters in the FR.
Therefore, syngas was used along with 2.5 g of MAF mixed with 8.5 g
silica sand to investigate the reactivity towards CO and Hs. The tem-
perature varied in 25 °C steps from 850 to 975 °C.The reactor was cooled
down in an inert atmosphere before the samples were extracted.

2.2. Data analysis

The weight loss of the OC during experiments can be measured by the
solid mass conversion degree (@) described as:

Composition of magnetite fines MAF (wt. %), according to product specifications. Reported as oxides.

Fe304 SiO3 K20 AlyO3 CaO

m(t
o(t)= m( ) 7
0X
MgO MnO TiO4 V505 P>0s

98.11 0.7 0.02 0.3 0.2

0.3 0.05 0.3 0.3 0.01
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Fig. 3. Schematic overview of the fluidized bed batch reactor setup.

Table 3
Experimental parameters used for one experimental cycle.
Step Cycle Time [s] Total flow Gas T [°C]
[NmL/ composition
min]
1 Oxidation Until O, 1200 5.3 % O, 900
(AR) =53% 94.7 % Ny
2 Inert 180 1200 100 % N
3.1 Reduction 60-350 1200 45 % CO or 900
(FR) syngas
55 % Ny
3.2 Reduction 120 800 43.75 % 850, 875,
(FR) syngas 900, 925,
56.25 % Ny 950, 975
4 Inert 180 1200 100 % N
5 Steam (SR) Until Hy 1100 54.5 % Hy0 600, 700,
<0.1 % 45.5 % Ng 800, 900
6 Inert 180 1200 100 % N

In theory, the transition between phases occurs at specific w-values,
corresponding to distinct oxidation states of the material. Table 4
summarizes the transitions between these phases, with Fe;O3 being the
most oxidized form, and Fe the most reduced form.

During reduction, the mass conversion degree (w) as a function of
time can be calculated from the outlet gas concentrations and the molar
gas flows of dry gases. For syngas, that is:

Table 4
Theoretical transition values between different iron phases for the mass
conversion degree (w).

Reaction w-transition values [—]
6 Fe303 — 4 Fe304 + O2 wy = 0.967
2 Fey03 — 4 FeO + Oy wy = 0.900
2 Fey03 — 4 Fe + 3 0, w3 = 0.700
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Tary () (Xco2(t) + Xp20(t) )dt

o(t) :w(tfl)f% /

t
t
M, /
mOX
t-1
In Equation 8, the net oxygen removal from the oxygen carrier is
derived from elemental carbon and hydrogen balances, accounting for
the total oxygen incorporated into the oxidized products CO, and H>O.
Since HO is not directly measured, its amount is derived based on the
known equimolar composition of CO and Hy in the fuel, i.e., Xg20 = Xco2
+ Xco-Xng2. Thus, oxygen removal is expressed as Xco2+ Xu20, which after
substituting for xy20, leads to the final expression: 2xco2 + Xco - Xg2- The
conversion of the oxygen carrier as a function of time in the steam and
air reactors are defined as:

-1

—w(t-1)— Tlary (£)(2Xco2 () + Xco(t) — Xuz(t) )dt

t

o) =ot—-1)+ ZO / Tiary (£) (a2 (t) )dt 9
olt)=w(t—1)+ Mo / Tigry (£) (X0,.1n(£) — X0,.0u(t) ) dt 10

t-1

The extent of fuel conversion can be described by the gas yield,
which is calculated from the measured gas concentrations. For example,
the gas yield of the gaseous component CO is defined as:

TNco,

—_— 11
Nco + Nco,

Yeco =

For the conversion in steam reactor, data obtained from the gas an-

alyzers is recalculated to a wet basis using the flow of the carrier gas (N3)

and the dry concentration of hydrogen. Then, the hydrogen yield is

obtained from:
Tin

= 12
Ny2 + Np,0

VH,

To evaluate the potential of the oxygen carrier, the hydrogen pro-
duction rate Ry, (mmol g’1 s ) was calculated according to the
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following:

Tiary (£) (2, (£) ) dt

Ry, =—* 13

22.4 At mey

2.2.1. Kinetic model

As evident from equilibrium, Fig. 2, distinct limitations exist for re-
actions (2) to (5). The kinetic expressions derived here will therefore
account for thermodynamic limitations by considering the equilibrium
partial pressure (pjeq) of component i. Starting from a mass balance over
a partial mass element (dm) of the bed, the difference in partial pressure
of component i can be written as:

i ke

T (pi—Pica) 14

Where V;;, is the volumetric flow of component i (either CO, Hy or H,0).
Here, the apparent rate constant kg; is a first-order mass-based and
volume-normalized rate constant that indicates the reactivity of MAF, i.
e. quantifies the ability to convert gaseous fuel components at certain
temperatures and mass conversion degrees. There are different possible
methods to obtain the apparent rate constant kg, and the model pro-
posed here is similar to that developed by Mei et al. [30] and Markstrom
et al. [31]. The model presumes that the gas travels in plug-flow through
a well-mixed bed of particles. However, in contrast to previous studies,
this model also considers the thermodynamic driving force.

The differential equation (15) has an analytical solution which gives
the partial pressure p; of component i, at coordinate m. Assuming a first-
order reaction for the consumption of the reactant i by the oxygen car-
rier gives:

kpim
Viin

Pi =Dieg + (pi,O 7pi,eq>e 15
where m is the mass of oxygen carrier in kg and p; ¢ is the inlet partial
pressure of component i. Consequently, the gas yield of component i can
be described as:

kgim
Yi=Veqvi|l—€ "

where v, yv; is the equilibrium gas yield for component i and reaction Y
defined as:

Keq‘Y,i ( T)

Veqyi 1+ Keqv,i(T)

The temperature-dependent expressions for the equilibrium con-
stants Keq,y,i(T) have been derived from FactSage 8.3 [11]. A summary of
the equilibrium constants for different reactions is summarized in
Table 5.

Consequently, the first-order apparent rate constant, with the unit

-1 _1, can be derived from equations (11) and (17):

m3kg s
i
yi,eq

With this approach, the apparent rate constant kg ; can be derived from
the experimental measurements of the gas yields. However, at low
hydrogen concentrations, the gas analyzer can provide inaccurate
readings due to interference from other gaseous components. To address
this issue, the apparent rate constant for the yield of hydrogen in the fuel
reactor was calculated using a correction factor, §, using the same
approach as in previous work [30]. This factor accounts for the molar
ratio of the total oxygen consumed by hydrogen and CO.

Viin

-0X

kei(w, T) = In|1- 18
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Table 5

The temperature-dependent expression for the equilibrium constants Keq,y,i(T)
as a function of ®. Temperatures are given in Kelvin. Expressions for reactions 1
and 2 were derived between 973 and 1473 K, while 4 was derived between 873
and 1273 K.

Reaction, component Keq(T) [-] ® range [—]
1, CO 4636.4 ® > 96.7
T+6.0178
Keg1co =€
1, Hy 669.06.4 )
T+9.6174
Keq.LHz =e
2, CO _1069.1 90.0 < ® <96.7
T+2.491
Keg2c0 =€
2, Hp ~5930.6 )
T16.0852
Keg2n, =€
4, H,0 ( 6171.2 )
T-6.3054
Keqamo =e
5= T.lHZ.in - riHZ,out 20

Nco,in — Nco,out

As the reduction progresses, the value of & varies between 1.0 and
1.4, and these variations are accounted for in the derivation of the rate
constant for hydrogen.

kg, = 6krco 21

After obtaining the mass-based rate constants, as a function of the
mass conversion degree and temperature using experimental data, the
activation energy and pre-exponential factor were determined using the
Arrhenius equation, shown in equation (23):

Eq
k}:‘_i((l)7 T) = koeiﬁ 23

Here, T is the absolute temperature in Kelvin, R is the universal gas
constant, E; is the apparent activation energy, and ko is the pre-
exponential factor.

The magnitude of the activation energy can provide valuable insights
into the underlying rate-controlling mechanisms for the reduction of
iron oxides. As summarized by Strangway [32], the correlation between
activation energy values and specific rate-controlling steps is as follows:
values within 8-16 kJ/mol are indicative of gas diffusion control, 29-42
kJ/mol correspond to a combination of gas diffusion and interfacial
chemical reactions, 60-67 kJ/mol suggest interfacial chemical reaction
control, and values exceeding 90 kJ/mol point towards solid-state
diffusion control. Although these ranges are not absolute, they provide
a recognized framework for identifying probable rate-controlling
mechanisms [33,34].

While a simple kinetic law has been applied in this study, more
complex kinetic models could certainly be considered. However, the aim
of this work is not to identify the most optimal kinetic model, but rather
to investigate the kinetics and evaluate the applicability of the proposed
model. Although the rate constant derived here does not offer intricate
kinetic details, it still serves as a useful tool for assessing reactivity and
can be utilized for reactor design and dimensioning purposes.

2.3. Material characterization

The chemical phases formed during the utilization of MAF were
investigated with X-ray diffraction (XRD) with a Bruker D8 Discover
diffractometer. MoK radiation (A = 0.7107 1°\) was used to mitigate the
fluorescence of the commonly used Cu Ko radiation obtained when Fe is
present in the sample. The particles were examined without any prior
treatment (e.g., grinding). The obtained spectra were matched to the
PDF 5+ database with the Diffrac EVA 7.0 software.

Scanning electron microscopy (SEM) was used for morphological
analysis with a Quanta 200 ESEM FEG. The particles were mounted on
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carbon tape for top-view images. Cross-sections were prepared by
embedding the particles in epoxy resin and subsequently grinding and
polishing them with SiC paper to obtain a surface quality suitable for
SEM analysis. Both top-views and cross-sections were analyzed with
back-scattered electrons signal (BSE). Information about the chemical
composition of the particles was obtained from the X-rays generated
through interaction of the electron beam with the sample, by so-called
energy-dispersive X-ray spectroscopy (EDS).

3. Results and discussion
3.1. Impact of activation

Iron-based oxygen carriers often experience a change in reactivity
when they are exposed to the first reduction and oxidation cycles. MAF
exhibited a continuous increase in the rate of conversion during the
initial cycles, as shown in Fig. 4. Here, the rate of reduction is shown in
wt% per minute, as a function of the mass conversion degree (») during
reduction with syngas. The duration of the reduction for the initial 14
cycles and the last six cycles were 70 s and 130 s, respectively. The rate
stabilized at 2.2 wt% per minute, and it was shown that at least ten
cycles are required before stable reactivity is achieved. Hence, the re-
sults presented in this paper are based on data obtained post-activation.

During activation, the particles undergo significant morphological
changes, further addressed in Section 3.5. These transformations,
including the formation of an iron rich-layer at the particle surface as
well as formation of cracks and increase in porosity, contribute to
enhanced performance and increased reactivity over successive cycles.
The observations discussed here provide insights into the gradual
improvement in reactivity and provide a foundation for understanding
the results presented later in this study.

3.2. Gas concentration profiles

The gas concentration profiles provide valuable information into the
reaction dynamics during each phase in the cycle. Fig. 5 presents the dry
gas concentration profiles and the mass conversion degree during one
cycle, for the reduction of MAF with syngas. The profiles are plotted as a
function of reaction time, with the mass conversion degree shown on the
secondary y-axis. Each cycle comprises three main phases - reduction
(FR), steam oxidation (SR), and air oxidation (AR) - each followed by an
inert step. The oxidation step (AR) is carried out until MAF reaches full
oxidation, i.e. ® = 1 (not shown in the figure due to truncation of the
final, slower part of the reaction).

In the reduction phase (FR), the conversion of CO to CO- is observed
to be the highest at the start of the reduction period, reflecting the high
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Fig. 4. The rate of conversion (-dw/dt) as a function of the mass conversion
degree () for the first 20 cycles during reduction of 15 g MAF with syngas
at 850 °C.
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reactivity and high gas yield. After 55 s, the COo—concentration begins to
decline, while the concentrations of CO and Hj increase. This shift oc-
curs when the mass conversion degree value falls below 96.7 wt%,
which indicates that the bed has been depleted of hematite and thus
enters the area where magnetite and wiistite will be present and equi-
librium constraints for fuel conversion are active. For reduction with
magnetite, complete fuel conversion is not achievable as illustrated in
Fig. 2.

Following the reduction phase, steam is introduced to oxidize the
reduced iron oxides. During this step, the primary product is Hy, with
trace amounts of CO and CO detected at the beginning of the oxidation
period. These transient peaks are most prominent during the initial few
seconds of the steam oxidation step and are attributed to residual carbon
species deposited on the particles during the prior reduction phase. To
assess the potential impact of carbon deposition on hydrogen purity, a
carbon release ratio (C/Ctot) was calculated comparing the amount of
CO and CO; released during oxidation relative to the total carbon-
containing gases fed during the reduction. The C/Cy — value was al-
ways well below 0.75 %, as shown in Fig.A.1. These results indicate that
carbon deposition is minimal under the investigated conditions and does
not significantly affect the hydrogen quality.

3.3. Phase characterization

To explain the observed shift in equilibrium during reduction it is
important to understand the correlation between the mass conversion
degree (w) and the crystalline phases. As shown in Fig. 5, the conversion
indicates that the system undergoes a shift in equilibrium, particularly
when the o falls below 0.967. By analyzing the crystalline phases at
different w, a deeper understanding of how phase transformations in-
fluence the overall reaction can be gained. Therefore, crystalline phases
at varying mass conversion degrees were examined using XRD. Samples
were extracted following the reduction (0 = 0.928) and steam oxidation
(o = 0.967). The crystalline phases are presented in Fig. 6, showing the
correlation between the mass conversion degree and the crystalline
phases.

The analysis shows that calcined MAF predominantly consists of
hematite. The sample extracted after the reduction phase shows a sig-
nificant fraction of wiistite, mixed with magnetite. Following the steam
oxidation phase, wiistite is no longer detected in the sample, indicating
complete conversion to magnetite. This analysis aligns the observed
chemical phases, with the expected phases at their theoretical transition
values as outlined in Table 4. This correlation supports the explanation
of the shift in equilibrium by correlating the mass conversion degree
with crystalline phases.

3.4. Reactivity with gaseous fuels

While iron-based oxygen carriers can experience an increase in
reactivity during the initial cycles, they can also exhibit a decrease in
reactivity (deactivation) over time due to factors such as agglomeration
or thermal sintering. Therefore, it is important to investigate how
reactivity evolves both as a function of cycles and the extent of
reduction.

Fig. 7a presents the gas conversion of CO, while Fig. 7b illustrates the
rate of conversion after 20, and up to 51 cycles. Here, a clear decrease in
both yield and rate of conversion below the mass conversion degree
0.967 is seen. This decrease is observed due to the thermodynamic
limitation in the system due to the depletion of hematite and thus
transition toward a new equilibrium state.

As observed in Fig. 4, the reactivity increases during the initial 10
cycles before stabilizing up to 40 cycles, after which a gradual decline is
observed. This behavior indicates that the rate of conversion is also
influenced by the total number of cycles. As observed in Fig. 7, the
reduction time in cycle 51 was extended to reach the limit for pure
wiistite and the transition to metallic iron (® 0.899). However,
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Fig. 5. Dry gas concentration profiles during one cycle with 15 g MAF conducted at 900 °C including reduction (FR), steam oxidation (SR), and oxidation (AR). The

change in mass conversion degree (w) is presented in the secondary y-axis.
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Fig. 6. XRD diffractogram of the three MAF samples: calcined MAF (o = 1),
MAF extracted after reduction at 900 °C (FR) (o = 0.928) and MAF after steam
oxidation at 900 °C (SR) (o = 0.967). Data was collected with MoK, radiation
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defluidization was observed during the oxidation step. Despite this, an
additional reduction step was performed to investigate the reactivity, as
illustrated by the dashed lines, which show a reduction in reactivity as
well as a linear decrease as a function of mass conversion degree.
After defluidization, particles were analyzed by SEM-EDX, and the
results are shown in Fig. A.2. The analysis reveals particles with less
porous surface, due to sintering. Furthermore, studying the cross-section
of the sample showed sintered particles. Thus, defluidization was
observed after oxidation following deep reduction of MAF and attrib-
uted to thermal sintering. Thermal sintering could also occur without
defluidization of the bed but cause a decreased reactivity by clogging
pores at the particle surface and thereby limiting the gas-solid-contact.

3.4.1. Apparent kinetics during reduction

Understanding the apparent kinetics is essential for designing and
optimizing the performance of MAF for hydrogen production. The rate
at which CO and H; are converted influences the overall efficiency and
yield of the system. Therefore, it is crucial to investigate the apparent
rate constants for CO and H, as functions of the extent of reaction, i.e.
the mass conversion degree, as well as temperature.

760

The apparent rate constants for CO and H, as a function of the mass
conversion degree and temperature, are presented in Fig. 8 using syngas
as fuel. The mass-based rate constants were derived from equations (19)
and (22). It is evident that the rate constants are largely dependent on
both the mass conversion degree and temperature. As the mass con-
version degree increases, the rate constant for CO and Hy show a clear
increase, indicating that reactivity improves at higher degrees of
oxidation. Additionally, higher temperatures result in higher rate con-
stants and thereby faster reactions, as expected. The rate of conversion
as a function of the mass conversion degree is shown in Fig. A.3.

A correlation with the crystalline phases can also be identified. For
example, there is a change in the slope of the curves occurring at ® =
0.967, indicating a change in reduction from FeyOs-Fe3O4 to
Fe304-FeO. The rate constants decrease as hematite is depleted, mean-
ing that the reduction progresses slower for the reduction to wiistite.
Furthermore, it is observed that the rate constant for Hy consistently
exceeds that of CO indicating that the reactivity towards Hy is higher.
These findings emphasize the important influence of the mass conver-
sion degree on the reactivity of iron oxides.

To the best of our knowledge, there are no apparent kinetic data
derived from fluidized bed experiments for iron-based oxygen carrier
materials below the mass conversion degree 0.97 and this is the first
study to report kinetic data for iron-based materials at high reduction
degrees. Thus, the mass-based rate constants presented in Fig. 9 were
further compared with the literature which provides the constants only
for the mass conversion degree of 0.97 for the iron-based oxygen carrier
ilmenite derived under similar fluidized bed experiments [30]. The
apparent rate constant kg co for MAF 950 °C, is almost twice as high
(5.9~10’3 m3kg’ls’l) as that of ilmenite (3.0-10’3 mskg’ls’l). The rate
constant for hydrogen shows a similar trend where 10.3-10 > m%kg~1s7!
for MAF, is higher compared to ilmenite 4.5 -10~% m®kg s~ .

The apparent rate constants from Fig. 8 were utilized to calculate the
activation energies. The activation energies for CO and Hj, as a function
of the mass conversion degree, is shown in Fig. 9. For CO, the activation
energy varies from 32.7 to 70.5 kJ/mol and for Hy between 22.6 and
67.4 kJ/mol. These values are in the range of the reported activation
energies for reduction to wiistite, as obtained from micro fluidized bed
experiments [15]. Furthermore, the activation energy for Hj is always
lower than for CO, and the difference becomes less pronounced at lower
mass conversion degrees. This implies that Hy is more reactive as a
reducing agent.

The apparent activation energy values presented in Fig. 9 provide
valuable insights into the probable rate-controlling mechanisms during
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Fig. 7. Influence of cycling on the (a) gas yield, and (b) rate of conversion as a function of the mass conversion degree () with 15 g of MAF and CO as fuel at 900 °C.
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Fig. 8. Apparent rate constant kr for the two gaseous components (a) CO and (b) H; for temperatures between 850 °C and 975 °C, as a function of the mass

conversion degree (®) with 2.5 g MAF and syngas as fuel.

the reduction and oxidation of iron oxides. At the initial stage of the
reduction, ® from 1 to 0.967, there is a clear increasing trend in the
activation energy for both CO and H,. This trend suggests a transition in
the rate-controlling mechanism. In the early stages, the reducing gas
reacts directly with the exposed hematite surface, where gas diffusion is
relatively unhindered, resulting in low apparent activation energies.
However, as the reduction progresses, a product layer of magnetite
forms. This magnetite layer created a physical barrier that limits the
access of reactant gases to the unreacted core, increasing the resistance.
This leads to a reduction in the reaction rate, and an increase in the
apparent activation energy. Accordingly, the system transitions from a
diffusion-limited regime to one where surface reaction kinetics domi-
nate. As a result, the rate of reduction becomes more dependent on the
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interfacial microstructure.

A peak in activation energy was observed at ® ~0.967, marking the
transition from the reduction of hematite to magnetite, to the reduction
from magnetite to wiistite. Following this peak, a notable decrease in the
activation energy occurs, which aligns with the initiation of the
magnetite-to-wustite reduction step. Previous research [35] show that
reduction of magnetite results in a porous structure and is accompanied
by enhanced reaction rates due to lower diffusion resistance. Hence, the
phase change for ® below 0.967 is accompanied by the formation of a
more porous product layer, which introduces vacancies and interstitial
sites in the crystal lattice. These structural changes and defects promote
a more porous structure which allows for easier gas diffusion. As a result,
the reduction becomes partially controlled again by gas-phase transport,
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Fig. 9. The activation energy (E,) as a function of the mass conversion degree . For a) the reduction of MAF with CO and Hj, and b) oxidation of MAF with steam.

as indicated by the lower activation energy. This interpretation aligns
with the typical activation energy ranges: gas diffusion (8-16 kJ/mol),
combined gas diffusion and interfacial chemical reaction (29-42
kJ/mol), interfacial chemical reaction (60-67 kJ/mol), and solid-state
diffusion (>90 kJ/mol) [34,36].

The apparent activation energy for oxidation and reduction of iron
oxides is influenced by the interplay between phase transformations,
product layer morphology and gas diffusion mechanisms. This empha-
sizes the important role of microstructural evolution and phase behavior
in determining the apparent kinetics. While the trends in activation
energy and proposed shift in the rate-controlling mechanisms offer
valuable insights, they are based on the apparent kinetic parameters
derived from experimental data. To definitively identify the mechanisms
involved, complementary studies are necessary to provide a deeper
understanding of the structural and morphological changes occurring
during the oxidation and reduction processes. However, such studies are
beyond the scope of the current work, and future investigations are
necessary to further validate the proposed mechanisms.

To the best of our knowledge, this is the first study to present
experimentally derived apparent activation energies for this specific
system—magnetite fines (MAF), relevant fuel gases, and varying degrees
of reduction—providing novel insights into how the apparent kinetics
evolve throughout the redox cycles. The findings therefore represent a
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logical and necessary step forward in understanding the reactivity of this
material under realistic operating conditions and form a foundation for
future studies targeting more detailed mechanistic understanding.

3.5. Optimizing hydrogen production

The effect of temperature and the influence of the reduction level of
MAF on hydrogen production via chemical looping hydrogen produc-
tion process was investigated in detail. The rate of conversion (dw/dt)
during steam oxidation is presented in Fig. 10a for temperatures be-
tween 600 °C and 900 °C. The figure illustrates that the maximum rate of
conversion occurs around 800 °C. The rate increases as the temperature
rises from 600 °C to 800 °C, but decreases above 800 °C. According to
thermodynamic equilibrium, see Fig. 2, higher Hy-yields are favored by
lower temperatures. The theoretical limit for achieving 100 % conver-
sion to magnetite (Fe30y4) is at ® = 0.967. Temperatures above 800 °C
enable complete oxidation of the sample, whereas temperatures below
800 °C exhibit a lower rate of conversion and do not reach complete
oxidation. This is attributed to the oxygen mobility within particles,
which decreases with lower temperatures.

The results here imply that temperatures around 800 °C are optimal
for achieving a high reaction rate and production of hydrogen in the
steam reactor. This is further supported by the data presented in Table 6,
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the oxidation of MAF with H50.

762



L Stanici¢ et al.

Table 6
Hydrogen production rate (mmol g~ s™1) as functions of temperature after
reduction to ® = 0.915.

Temperature 600 °C 700 °C 800 °C 900 °C

mmol g~! min~! 0.11 0.23 0.37 0.34

which shows the hydrogen production rate (mmol g~ s71). As shown in
the table, the hydrogen production rate is the highest for 800 °C.

The production of hydrogen is highly dependent on the reduction
level achieved in the FR. To investigate this, different reduction times,
corresponding to varying o-values were tested, and the steam oxidation
of MAF was allowed to continue until the outlet concentration of

International Journal of Hydrogen Energy 139 (2025) 753-765

hydrogen dropped below 0.2 vol%. A summary of all experiments,
showing the production as a function of the mass conversion degree is
presented in Fig. A.4a. The figure demonstrates the linear increase in
hydrogen production as a function of w. In the figure, there are two
outliers located near ® = 0.9. The reaction rate, presented in Fig. A.4b,
shows that the reaction rate remains constant for mass conversion de-
grees in the range from 0.97 to 0.91 but increases rapidly below 0.91. In
this region, reduction to metallic iron likely occurs, and the subsequent
increase in hydrogen production and reaction rate can be attributed to
the oxidation of metallic iron. After the formation of metallic iron, a
decrease in reactivity is observed due to sintering, and defluidization
was observed during the following air oxidation step.

Fig. 11. Micrographs showing the sample topology (left and middle columns) and cross-sections (right column) of the material at different stages. (a—c) Calcined
unused MAF, MAF extracted after (d-f) activation, (g-i) 26 cycles, and (j-1) 52 cycles after defluidization.
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3.5.1. Apparent kinetics during hydrogen production

The apparent rate constant for oxidation of MAF with Hy0 as a
function of the mass conversion degree and temperature is presented in
Fig. 10b. The mass-based rate constants were obtained by equation (19).
It is evident from Fig. 10b that the rate constant increases with tem-
perature showing that the proposed model successfully captures the
influence of the thermodynamic driving force, which plays an important
role for steam oxidation of iron and iron oxides. For ® between 0.92 and
0.967, the apparent rate constant remains around 0.00035 and 0.00037
m>kg~!s~! for 800 °C and 900 °C, respectively. Below 800 °C, a decrease
in the apparent rate constant is observed with decreasing temperature
and increasing . Compared to the reduction step, the rate constant for
steam oxidation is approximately 10 times lower.

The activation energy was determined for ®» between 0.92 (to avoid
the fluctuations at the start of oxidation) and 0.953 (where data for
600 °C ends). The activation energy during steam oxidation is illustrated
in Fig. 9b, showing that it varies between 51.2 and 121.3 kJ/mol. These
values are comparable to reported values in literature (47-77.9 kJ/mol)
derived from oxidation experiments of iron oxides [24,25]. However, it
is evident that at more oxidized states of the material, oxidation is pri-
marily controlled by solid-state diffusion, as indicated by the high
activation energy values (>90 kJ/mol). Hence, at low temperatures, the
reduction rate is hindered by the diffusion of oxygen within the solid
structure explaining why complete oxidation to magnetite was not
achieved at lower temperatures.

3.6. Evolution of particle morphology

During continuous cycling between oxidation and reduction phases,
particles undergo structural and topological changes. To illustrate
changes in morphology, the unused and calcined sample is compared to
samples extracted at three different stages — after 10 cycles, 26 cycles,
and after defluidization (52 cycles).

Micrographs of unused MAF and MAF after activation are presented
in Fig. 11a-c and d-f, respectively. A smoother surface can be observed
for the unused calcined sample (Fig. 11b) compared to the activated one
(Fig. 11b). In addition to changes occurring on the surface, there are also
significant structural changes occurring within the particles, as seen in
Fig. 11c—f and i. The changes in particle morphology are closely related
to the performance. To exemplify, the reactivity increases during acti-
vation, as illustrated in Fig. 4. During these first cycles, pores are
developed on the surface and inside the particles which enhances the
gas-solid contact and thereby increases the reaction rate.

After activation, an iron oxide layer can be observed on the surface of
the particles, see Fig. 11f. The iron oxide layer becomes more pro-
nounced with an increasing number of cycles. For example, particles
extracted after 26 cycles show the presence of a double iron layer on the
surface (Fig. 11i). Continuous cycling between oxidation and reduction
promotes the development of pores, as seen after 26 and 53 cycles in
Fig. 11h and k, respectively. Compared to the activated sample, some
particles also exhibit cracks in the outer surface and peeling of the outer
layer (Fig. 11h), which allows a second iron layer to form beneath the
first one.

Furthermore, it is observed that particles develop voids internally
(Fig. 11f) and with time, some particles even become hollow (Fig. 111).
The internal voids and external pore development, likely occur due to
iron atoms moving in the crystalline structure due to changes in the
oxygen partial pressure. Hence, vacancies are left behind which coalesce
into voids. Iron diffusion occurs on preferred sites, which can be seen as
veins in the sample (Fig. 11d). Because these pathways are uneven,
likely due to grain boundaries, the formed iron layer becomes less
adherent with time and is more prone to cracks upon changes in sur-
rounding conditions (including temperature, pressure and gas atmo-
sphere). The cracking of the iron layer makes the material prone to
disintegrate, which is observed as fines in Fig. 111.

When the bed was reduced to ® = 0.899 at 900 °C, defluidization
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occurred during the subsequent AR-step. This is attributed to the highly
exothermic oxidation, which causes a temperature increase in the bed.
After deep reduction, a temperature increase of 37 °C was measured
during oxidation with air. Consequently, even higher localized tem-
peratures could occur, potentially leading to defluidization due to sin-
tering. Micrographs of particles after defluidization are presented in Fig.
A.2a, showing sintering in the form of smooth and nonporous particle
surfaces. The cross-section of the same sample is shown in Fig. A.2b,
clearly illustrating sintered particles. It is further important to address
the fact that at larger scales, fluidization velocities will be higher, and
heat will be extracted during the oxidation step which would lower the
risks of sintering. Furthermore, defluidization was not observed during
oxidation with steam, as the reaction is significantly less exothermic
compared to oxidation with air, which is approximately ten times more
exothermic. As a result, fluidization remained stable when the reduction
step was followed by steam oxidation rather than direct oxidation with
air which is an advantage for implementing MAF in chemical looping
water splitting.

4. Conclusion

This study investigates the potential of magnetite fines (MAF) as an
oxygen carrier for continuous hydrogen production. MAF, a widely
available intermediate product in the European iron and steel industry,
was utilized in a fluidized bed reactor to generate hydrogen via water
splitting, using low-grade gaseous fuels as reducing agents. Further-
more, the process enables the production of CO; in a form suitable for
carbon capture and storage under optimized reactor configurations. The
promising results make this process an interesting option for the Euro-
pean steel industry to achieve fossil-free steel production.

A kinetic model was developed to examine the gas-solid reaction
kinetics in fluidized beds. The model accounts for thermodynamic lim-
itations, which are particularly important for the steam-iron reaction,
but could also be applied to other systems. The kinetic model was
applied to examine MAF’s reactivity during reduction with CO and Ha,
as well as oxidation with HyO.

The results show a significant dependence of reactivity on both
temperature and the mass conversion degree. The reactivity increased
with temperature and over the initial ten reduction-oxidation cycles and
decreased when the mass conversion degree fell below 0.967. The
apparent activation energy varied with the extent of conversion: for CO
reduction, it ranged from 32.7 to 70.5 kJ/mol; for Hy reduction, from
22.6 to 67.4 kJ/mol. During steam oxidation, activation energy pro-
gressively increased from 51.2 to 121.3 kJ/mol, reflecting a change in
the rate-controlling step as the reaction proceeds. These variations imply
that the rate-controlling mechanisms may change with the progression
of the reduction.

Changes in reactivity are also linked to microstructural evolution.
increased porosity during the initial cycles enhanced the reaction rate,
whereas deeper reduction led to sintering and reduced performance.
Thus, to maintain high reactivity, operation should be maintained
within a range that avoids complete reduction to metallic iron. The
highest observed hydrogen production rate was 0.37 mmol g ! min ™! at
800 °C. Overall, the results demonstrate the feasibility of continuous
hydrogen production using MAF as an oxygen carrier.
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