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““The arrival time of a space probe traveling to Saturn can be predicted more
accurately than the behavior of a fluidized bed chemical reactor!”

- Geldart, 1986






Abstract

Bubbling fluidized beds with horizontal solids crossflow can be broadly grouped according to
function: 1) those designed for solids looping, as in indirect pyrolysis or gasification, and
chemical or calcium looping; and 2) those employed in high-throughput solids processing,
such as drying, iron ore reduction, and pharmaceutical manufacturing. Despite their
widespread industrial application and the growing demand for their use in new process
designs, there remains a lack of a detailed understanding of the flow characteristics in
fluidized beds with horizontal solids throughput. This knowledge gap represents a major
challenge for optimizing reactor design and advancing industrial implementation.

This thesis aims to develop a mechanistic understanding of how forced horizontal convection
of solids in a bubbling fluidized bed influences the solids flow characteristics. The main
research objectives are to: (i) assess experimental methods for quantifying the solids circulation
rate; (ii) evaluate the efficiencies of different mechanisms to induce horizontal convection of
solids; (iii) characterize bed solids transport—specifically, the interrelated effects of solids
convection and dispersion—and the resulting fluidization quality; (iv) investigate how the
solids crossflow influences overall flow structures; (v) examine the influences of frictional
losses on bed solids flow, including the rheological properties of the dense suspension; and
(vi) explore how the solids crossflow affects the mixing of a secondary solids phase consisting
of large, light particles.

Experiments were conducted in a cold-flow model that comprised a closed-loop system in
which solids were circulated horizontally via a solids-conveying module. The apparatus was
designed and operated according to Glicksman’s simplified scaling laws. In this cold model,
fine bronze particles are fluidized with ambient air to fluid-dynamically resemble conditions
representative of industrial-scale thermochemical fuel conversion applications. The industrial
unit being modeled features a bed channel with a cross-sectional width of 0.92m and a
transport loop length of 10.35 m, in which coarse, sand-like (Geldart B-type) particles are
fluidized with flue gas at approximately 800°C.

Four measurement methods for quantifying solids circulation were evaluated —namely,
integral mass accumulation, differential mass accumulation, thermal tracing, and magnetic
solids tracing—with the latter proving to be the most precise and robust. Using this method,
five solids-conveying configurations based on different fluid-dynamical mechanisms were
tested: (a) free solids splashing, which relies on bubble bursts to eject particles; (b) confined
solids splashing, whereby turbulent fluidization creates particle transport that is dominated
by eddies and bubble buoyancy; (c) slugging, whereby gas slugs drive particle movement in
vertical ducts; (d) solids entrainment, which is achieved by elutriation at high gas velocities;
and (e) directed gas injection, which imparts lateral momentum through angled nozzles.
Conveying solids under a controlled bubbling fluidization regime was found to be the most
efficient configuration for promoting horizontal transport of solids in the system.

The horizontal solids flow established in the channel was evaluated under various operational
conditions using a combination of experimental and modeling approaches, ranging from
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reduced-order descriptions to Eulerian-Eulerian computational fluid dynamics (CFD)
simulations. A positive linear relationship was observed between the solids dispersion
coefficient and the mean solids velocity, both evaluated in the streamwise direction. This was
further explained by the CFD simulations, which indicated that at low crossflow rates, the
solids flow organizes into coherent, counter-rotating vortices along the bubble paths. In
contrast, at high crossflow rates, these structures are disrupted, resulting in less streamlined
(stronger mixing) and more elongated (longer characteristic lengths) flow patterns. In
addition, microscale dispersion was found to be dominated by bubble- and eddy-induced
mixing, rather than by random particle motion or collisions. Rheological analysis revealed that
the bed exhibits shear-thinning behavior and that single-phase models for non-circular open-
flow channels underestimate the influence of geometry on gas-solids flows.

Analysis of the transport behavior of large, light particles added to the bed as a lean phase
showed that, similar to bulk solids, a positive correlation exists between dispersion and
convection, with sensitivity strongly dependent on the degree of fluidization. The dispersion
of the lean particles was greater than that of the bulk solids; it remained at a similar level for
both low and high fluidization velocities. However, compared to the bulk solids, the lean
particles were transported at lower convection velocities under high fluidization levels. In
contrast, at low fluidization levels, the particles formed a layer above the dense bed and were
conveyed in a plug-like manner, exhibiting much higher horizontal velocities than the bulk
solids.

Keywords: Bubbling fluidized bed, Solids mixing, Solids convection, Magnetic solids tracing,
Frictional loss, Eulerian-Eulerian model, Lagrangian particle tracking
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1. Introduction

1. Introduction

1.1. Background

Fluidization refers to the phenomenon in which a mass of solid particles transitions to a fluid-
like state when subjected to an upward flow of gas or liquid. This phenomenon is central to
many industrial operations and has many applications in sectors such as chemical synthesis,
pharmaceutical manufacturing, energy production, and food processing. In chemical
manufacturing, fluidized bed systems are employed for the synthesis of polymers, where the
principal advantage is the homogenization of monomer and catalyst concentrations
throughout the reactor, enabling efficient and stringent control of particle growth and polymer
properties [1,2]. In pharmaceuticals, the post-processing steps (including granulation, coating,
and drying of powders or pellets) benefit from uniform product quality, efficient moisture
removal, and precise control over particle characteristics [3-6]. In the energy sector, fluidized
bed systems are widely used for processes such as pyrolysis, gasification, and combustion of
solid fuels (e.g., biomass and waste), where high levels of mixing provide efficient gas—solids
contact and uniform distributions of species and temperature, thereby enabling effective fuel
conversion. These features also allow fluidized beds to process a wide variety of feedstocks
with different particle sizes and densities [3,7]. In food processing, fluidized beds enable
precise control of heating and mixing conditions, which is especially important for delicate,
heat-sensitive ingredients. This approach helps maintain consistent product quality while
preserving nutritional value and natural flavors [8,9].

The conventional "stationary" bubbling fluidized bed (BFB) is characterized by the formation
of gas bubbles when the upward gas flow exceeds the minimum fluidization velocity,
suspending the solid particles in a vigorously mixed environment. In this bubbling regime,
the gas velocity remains below the level that would generate significant particle entrainment
[3,10]. When operated at higher gas velocities, fluidized beds enter the circulating fluidized
bed (CFB) regime, where a substantial fraction of the solids is entrained in the gas stream,
separated externally (for example, by a cyclone), and recirculated to the bed [3,10]. In BFBs,
vertical mixing is promoted by bubble movement and is much more intense than lateral
(horizontal) mixing, which limits the gas—solids mixing efficiency at larger scales. In contrast,
circulating fluidized beds achieve vigorous solids circulation and gas—solid contacts
throughout the reactor; mixing is particularly effective in the dilute core region, while mixing
is less intense near the wall [3,10]. Heat transfer in BFBs primarily occurs through hot gas
contacting exchange surfaces, with radiative heat transfer sometimes contributing more than
convection, depending on the conditions. In CFBs, recirculating hot particles significantly
enhance heat transfer efficiency. Furthermore, while process intensification and scale-up in
CFBs present their own challenges, these systems offer greater flexibility than BFBs, as
adjusting the fluidization velocity or reactor length can improve solids circulation and increase
the available heat-extraction area. This can be achieved without encountering the same
constraints on mixing degree and temperature uniformity that typically limit the scale-up of
larger BFBs. The dynamics within a BFB can be further manipulated through operational
parameters, such as the fluidization velocity, distributor configuration, and the introduction
of solids feeds or withdrawals [3,10]. The latter adjustments imply BFB operation with solids
throughput, where different configurations of the relative orientations of the gas and solids

1



1. Introduction

streams are possible: the solids flow can be arranged in a countercurrent, co-current, or
crossflow configuration with respect to the gas flow.

The choice of solids throughput configuration in bubbling fluidized beds can significantly
impact mixing patterns within the bed. In co-current configurations, the gas—solids flow occurs
in the same direction, whereas in counter-current configurations, the flows are in opposite
directions. In bubble column systems, the co-current mode delays the transition to churn-
turbulent regimes, producing larger, more stable bubbles and gentler mixing, while the
counter-current mode increases turbulence, gas holdup, and bubble breakage, thereby
enhancing mass transfer [11]. In fluidized beds, operating in co-current mode at high velocities
results in lower mixing efficiency, with solids rapidly exiting the system, whereas the counter-
current mode establishes a denser, more stable bed and improves gas—solids contact, albeit at
the cost of increased sensitivity to changes in operating parameters [12]. In fixed-bed
combustion systems, the co-current mode results in rapid propagation of the reaction front
and a clear separation of conversion stages, which is beneficial for fast conversion but limits
the overlap of reaction zones and reduces mixing efficiency. In contrast, the counter-current
mode results in more pronounced spatial overlap of the drying, devolatilization, and char
oxidation zones, uniform solids holdup, and longer fuel residence times, thereby improving
conversion efficiency at the expense of a higher pressure drop and greater operational
complexity [13]. In downer reactors, the co-current mode promotes smoother particle flow but
results in lower and less uniform solids holdup, whereas the counter-current mode yields a
uniform velocity profile, higher solids retention, and improved mass and heat transfer, though
at the cost of increased pressure drop and greater fluctuations in solids distribution [14].

Crossflow arrangements are characterized by gas—solids flows that occur predominantly
perpendicular to each other. In large-scale thermochemical processes such as conventional
boilers, enhanced lateral (horizontal) mixing of solids, often achieved through a crossflow
mode, is crucial for uniform fuel distribution and stable operation [15-17]. If lateral mixing
occurs too slowly, fuel introduced at specific feed-points may not spread evenly across the
bed, leading to volatile maldistribution, hot spots, and local temperature fluctuations [16,18].
These issues can result in incomplete combustion, higher emissions, and potential damage to
boiler components [16-18]. To compensate for inadequate mixing, operators often increase the
air-to-fuel ratio to ensure complete combustion. However, excess air reduces thermal
efficiency and increases both flue gas volume and operating costs due to higher fan energy
consumption. In addition, the larger flue gas volume requires more expensive gas-cleaning
systems, further increasing capital expenses. In pharmaceutical manufacturing, crossflow
configurations enable the controlled movement of solids through compartmentalized zones
within a single unit [19-21]. The compartmentalization of these beds using weirs enables
independent adjustments of process parameters (e.g., spray rate, temperature, and gas
velocity) across sequential zones [19,20]. The movement of solids between compartments and
the resulting residence time distribution directly affect the moisture content, morphology, and
structural properties of the particles [19-22]. Insufficient control over solids transport or
excessive particle backmixing can result in non-uniform drying, broad particle-size
distributions, and variability in granule porosity and strength, ultimately compromising
downstream processing [19,20,22]. In iron ore reduction, the crossflow configuration enables
direct processing of fine ores, enhances gas-solid contact, and provides uniform reduction
conditions, thereby improving metallization rates and reducing energy use [23].



1. Introduction

Table 1-1 provides an overview of representative studies that have utilized fluidized beds
with solids crossflow across different applications, summarizing the characteristics of the
bulk-phase solids (material, size, density), the operating conditions, and the key findings
relevant to solids crossflow. These studies highlight the versatility of crossflow configurations
in two distinct applications: thermochemical energy conversion and pharmaceutical
manufacturing. Control of the solids crossflow rate and mixing is primarily achieved by
adjusting the fluidization velocity, bed inventory, and internal geometric features (baffles,
weirs, compartmental walls). By tuning these parameters, operators can regulate the mixing
intensity and residence time distribution and minimize the extent of the stagnant zones.
Overall, process performance depends on the careful integration of these design and operating
variables to optimize crossflow behavior for the specific application.

While the literature demonstrates the adaptability of fluidized beds with solids crossflow, a
detailed mechanistic understanding of solids transport in these systems, particularly for
thermochemical applications, is lacking. Methods for efficiently and flexibly controlling the
solids crossflow are not well-established. The experience gained with solids circulation in
risers (CFB furnaces, FCC reactors, etc.) is limited because these units are designed with the
constraint of providing sufficient gas and solids residence time and/or heat-exchange area,
rather than maximizing external solids circulation. An effective solids circulation is important
for maintaining uniform temperature, enhancing mixing, and ensuring stable reactor
operation, and is typically managed through adjustments in gas velocity, the use of loop seals,
or mechanical devices that regulate solids flow. Therefore, further studies are needed to
explore solids conveying configurations that can offer improved performance.



1. Introduction

Table 1-1: Overview of key studies in the literature that report fluidized-bed configurations that exhibit solids crossflow.

Reference | Geometric configuration | Solids characteristics Operating condition Key findings regarding solids crossflow
Application: Thermochemical energy conversion
- Solids crossflow between beds is controlled by the
T,P: Ambient difference in fluidization velocities, creating a
Fluidization agent: Air pressure differential across the baffle opening.
Foscolo et BFB-BFB Type: Copper U /Uymy: 1.8-2.5 (upflow - Crossflow keeps buoyant (biomass-like) particles
al. [24] Dprp: 0.25/0.55 m (tapered) | p,: 8,822 kg/m3 bed) immersed, preventing segregation to the bed
) d,: 122 ym Uy /Uymys: 1.1 (downflow bed) | surface.
H:=0.275m - Higher crossflow reduces the extent of stagnant
zones and improves bed mixing.
- Tapering further limits the size of dead regions.
Type: Sand, alumina T,P: Ambient - Poor solids crossflow, and low fluidization quality
Wee et al BFB-BFB Pp: 2,620-2,638 kg/m?, Fluidization agent: Air occur in compartments with a small effective
[25] ’ D:0.48m,H: 1.8 m 3,992 kg/m? Uo /Uymy: 0.5-2.5 diameter (D,), due to channeling.
- Weir separation dy: 256-272 pum, 360 um D,: 0.173-0.234/0.290 m - Increasing D, in the gasifier, beyond a critical
(gasifier/combustor) threshold, improves fluidization quality.
- Crossflow beds exhibit near PFR-like solids
. transport.
T,P: A t
Shallow crossflow BFB Type: Cristobalite powder | = ml:flen . - Adding baffles further reduces the extent of dead
Kong et al. Fluidization agent: Air o
[26] W:0.08m, L: 1-2m Pp: 2,309 kg/m? Uy Ut 34 zones and backmixing.
- Baffles d,: 60 um of “umf - Bed height has a minor effect on the crossflow;
H:0.10-0.15m . Ny . -
solids mixing remains efficient even for shallow
beds.
Crossflow BFB . - Increasing solids flux— narrower RTD.
. . . T,P: Ambient . . L
Gene et al Dimensions: Type: Silica sand Fluidization acent: Air - Increasing bed height (solids inventory) —
27] & " | 0.45%0.04x0.2 m3 pp: 2,600 kg/m3 Uy fty o A8 gent broader RTD.
- Baffles d,: 0.2 mm of “umf- - Baffle near the outlet prevents short-circuiting and
H:0.07-0.13 m : . . .
increases the average solids residence time.
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Table 1-1 (continued):

dp: 60 um

U,: 0.05-0.09 m/s

Reference | Geometric configuration | Solids characteristics Operating condition Key findings regarding solids crossflow
Application: Thermochemical energy conversion
- Higher fluidization velocity increases the impact
Sette etal. | Crossflow BFB Type: Bronze T’Pf Amb.ient . Of.S(')lidS crossﬂow.on accelerating the lateral
[28] Area: 1.44 m? pp: 8,900 kg/m3 Fluidization agent: Air mixing of fuel particles.

- Increased bulk solids circulation rate (crossflow)
reduces the residence time of fuel particles.

Vollmari et

Dual-chamber fluidized bed
Dimensions: 0.11x0.11 m?

Type: Beech wood
pp: 709-773 kg/m3

T,P: Ambient
Fluidization agent: Air

- Increasing fluidization velocity enhances solids
crossflow — narrow RTD.
- Raising weir height accelerates particle transfer

0.50-0.71 mm

al. [29] (e\?vce};:gemgjizﬁm) dp: 6.5-7.2mm U,y: 2.0-2.5 m/s between chambers, further increasing solids
P crossflow.
flow BFB -1 ing fluidizati locity enh, li
' : pp: 3,135 kg/m3 Fluidization agent: Air . L Vo e
[30] 0.12x0.06x0.5 m3 d: 341 - 0.4-0.45 m/s - Lateral dispersion increases with fluidization
- Baffles s Hm o velocity and decreases with the presence of baffles.
- Enhanced solids crossflow improves mixing and
Tvpe: Bottom ash from limits the occurrence of defluidization and
Quasi-slot-rectangular C}I;}]; l;oiler (sieved) T,P: Ambient agglomeration.
Ganetal. | spouted bed (QSRSB) . 2 344 ke/m? Fluidization agent: Air - Higher fluidization velocity, increased bed height,
[31] Dimensions: 0.9x0.2x0.8 m? gf]' g 0 25g0 35 035-050. | % 0.7-3.67 m/s and wider air inlet promote stronger crossflow and
_ Inclined base (45°) 1268: U 297009, Bo9mU9U | 1. 0.1-0.2 m mixing,

- QSRSB enables sufficient crossflow and mixing at
lower gas velocities than conventional BFBs.




1. Introduction

Table 1-1 (continued):

Reference | Geometric configuration | Solids characteristics Operating condition Key findings regarding solids crossflow
Application: Pharmaceutical manufacturing
- Higher fluidization velocity — stronger solids
, Horizontal fluidized bed Type: Sodium benzoate Drying temperature: 100°- crossflow. , . .
Diez etal. | spray granulator 1,440 ke/m? 200°C - Overflow/no-weir configurations promote
[19,22] Dimensions: 1x0.25x0.4 m3 Pp: & stronger backmixing — broad RTD.
. . dp: 0.5-2.5 mm U,: 3m/s ) . . .
-Weir separation - Underflow/sideflow weirs restrict backmixing —
narrow RTD.
- Higher fluidization velocity increases particle
exchange across the weir and decreases the degree
Pseudo-2D horizontal Type: y-alumina T,P: Ambient of internal recirculation (backmixing) — PFR-like
Meyer et .1 S . .
al. [32] fluidized bed pp: 970 kg/m3 Fluidization agent: Air behavior.

) -Weir separation dp: 1.8+0.1 mm Upy: 3-5Uyr m/s - Pressure differences drive preferential crossflow;
when bed heights are equal, crossflow is symmetric
and dominated by bubble-induced mixing.

- Higher fluidization velocity increases axial
Bachmann Horlzontal fluidized bed Type: y-alumina Fluidization agent: Air d1sPer51on —> broad RTD. o
Pilot plant: 1x0.2 m? , - Higher solids flow rate and reduced weir height —
etal. Pp: 3,980 kg/m? U,: 2.8-3.4 m/s (pilot plant) . .
[33,34] Lab-scale: 0.6x0.08 m?2 d: 183 mm u,: 1.9-2.8 m/s (lab-scale) PFR-like behavior.
’ -Weir separation P o - Longer beds (higher length/width ratio) —» PFR-
like behavior.
. . Type: Pharmaceutical
Horizontal fluidized bed anules -Screw conveyor enhances plug flow and reduces
Zhang et Dimensions: 0.6 m x (0.04— & . 288 ke/m? Air temperature: 40°-60°C backmixing.
al. [35] 0.2)m x 0.3m Zb' Jde/ dg ) U,: 0.5-0.8 m/s -Increased fluidization velocity enhances crossflow
10/%50/%490- . .
Integrated screw conveyor 47/121/1,260 um but can also increase bypassing.

Note: The term “horizontal fluidized bed” as used in these works refers to a multi-compartment system arranged in a horizontal configuration, with solids
flowing laterally from one chamber to the next, as opposed to the typical vertical solids movement in classical bubbling or circulating beds.
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Regarding the characteristics of solids flow in crossflow configurations, important questions
about the underlying transport mechanisms remain unanswered. In particular, the
relationship between convection—the mean horizontal movement of solids intentionally
induced to create crossflow (termed forced horizontal convection)—and dispersion,
representing the superimposed mixing on this mean flow, is not fully understood. The
influence of operational parameters on these processes and system non-idealities also requires
further investigation. Macroscopic solids convection strongly affects mixing by dispersion,
which in turn shapes residence time distributions and governs concentration and temperature
gradients, ultimately impacting chemical reaction efficiency. Moreover, the impact of
crossflow on fluidization quality, for example, the persistence of non-idealities such as
defluidized zones and gas channeling, is not well understood. Although some studies have
provided spatially resolved data [27,29,30,36], detailed characterization of flow
macrostructures in the presence of a solids crossflow has received limited attention.
Furthermore, a key challenge lies in characterizing the rheological behavior of dense beds with
horizontal solids flow. Once this parameter is well understood, frictional losses can be reliably
estimated, which in turn governs the established solids flowrate, enables effective control of
energy consumption and equipment longevity, and ultimately ensures stable operation [37].

Acquiring insights into the behavior of solids crossflows in bubbling beds necessitates precise
measurement approaches, for which various methods are currently available [38]. Intrusive
methods interact directly with the bed material and may disturb the flow; examples of these
involve the use of: the mass accumulation method [39,40], which quantifies solids circulation
rates by temporarily halting the flow and collecting solids; optical fiber probes [41-43], which
detect local particle velocities or concentrations via interruptions of light signals; hot film
anemometers [44], which measure fluid velocity through thermal dissipation; and
thermocouples [45-47], which rely on the thermoelectric effect. Conversely, non-intrusive
techniques maintain the natural state of the flow and are preferred for their minimal impact
on system dynamics. These techniques include: acoustic emission sensors [48-50], which
capture collision-generated sound; particle image velocimetry [51-54], which visualizes flow
by tracking seeded particles; infrared thermography [55,56], which maps surface temperature
fields by detecting emitted infrared radiation; radioactive particle tracking [57-59], which
reconstructs trajectories of isotopically tagged particles; magnetic particle tracking [60-62],
which maps flow paths using magnetically embedded particles; and electrical capacitance
tomography [63-66], which monitors changes in capacitance that result from variations in the
dielectric properties of the materials. However, each method has limitations in accuracy,
spatial and temporal resolution, or bed disturbance, making it difficult to obtain dependable
measurements in these systems.

In summary, optimizing the process design, scale-up, and industrial deployment of bubbling
fluidized bed configurations with solids crossflow requires not only adjusting operational
parameters and geometric features to induce crossflow, but also addressing critical knowledge
gaps in the fundamental mechanisms of solids transport. This calls for integrated experimental
efforts that employ robust measurement techniques, complemented by modeling tools, to gain
detailed insight into the underlying flow phenomena.
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1.2. Aim and scope

This thesis seeks to advance understanding of the mechanism by which forced horizontal
convection impacts the solids flow in bubbling fluidized beds. The research is structured
around the following core objectives: (i) evaluating experimental methods for measuring
horizontal solids circulation; (ii) comparing the efficiencies of mechanisms for inducing solids
horizontal convection; (iii) characterizing bed solids transport with the emphasis on the
relationships between convection, dispersion, and fluidization quality; (iv) analyzing the
influence of solids crossflow on the underlying flow structures; (v) investigating frictional
losses and the rheological properties of the conveyed dense solids suspension; and (vi)
assessing the effects of bulk solids crossflow on the mixing behaviors of large, low-density
particles. To address these objectives, the research is structured around six corresponding
research questions (RQ1-RQ6), summarized in Table 1-2 along with the corresponding
methodologies and solids flow parameters investigated. Research questions RQ1-RQ5 are
each addressed in one of the five appended papers, whereas RQ6 is examined exclusively in
this essay.

Paper I systematically compares the use of four techniques—integral mass accumulation,
differential mass accumulation, thermal tracing, and magnetic solids tracing—for measuring
horizontal solids flow in bubbling fluidized beds with induced crossflow. Paper II explores
five alternative mechanisms for generating horizontal movement of solids in bubbling
fluidized beds: free solids splashing (driven by bubble bursts at the bed surface); confined
solids splashing (enhanced particle lift via turbulence); slugging (periodic vertical transport
mediated by rising gas slugs); solids entrainment (particle lifting from a high-velocity gas
flow); and directed gas injection (lateral momentum from angled nozzles). Paper III
characterizes the horizontal solids crossflow in bubbling fluidized beds using three analytical
approaches: deconvolution; convection-dispersion modeling; and compartment modeling.
Furthermore, the work examines how operational parameters—solids crossflow rate, bed
height, and fluidization velocity —affect convective and dispersive transport modes, residence
time distributions, and fluidization quality. Paper IV provides a spatially-resolved analysis of
the flow structures and transport mechanisms in a bubbling fluidized bed with horizontal
solids crossflow, using Eulerian—Eulerian CFD modeling. Paper V investigates frictional losses
and the rheological behavior exhibited during horizontal solids transport, focusing on the
effects of solids velocity, channel width, and bed height.

The reference system for this work is a fluid-dynamically scaled cold-flow unit operated under
ambient conditions. Glicksman’s scaling laws are applied to ensure dynamic similarity with
industrial-scale units for thermochemical fuel conversion operating at high temperature. In
line with this, the study limits its scope to Geldart B-type bulk solids. Further, the scope is
limited to fluidized beds operating within the bubbling regime. The work combines
experimental investigations with a range of modeling approaches, including 0D
(compartment) models, 1D macroscopic transport models, and 3D CFD models (Eulerian—
Eulerian and Lagrangian particle-tracking).
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Table 1-2: Overview of the research questions, investigated solids flow parameters, and methodologies applied in the present study.
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2. Theory

2. Theory

This chapter introduces the key concepts and modeling strategies for solids flow in bubbling
fluidized beds with induced crosstflow. Section 2.1 outlines the fluidization regimes. Section
2.2 describes the solids transport mechanisms and the distinction between bulk-phase and
lean-phase solids. Section 2.3 discusses the non-Newtonian and regime-dependent
rheological behaviors of granular suspensions. Section 2.4 reviews the four modeling
approaches for solids transport in fluidized beds used in the present study: the compartment
model, macroscopic transport models, and computational fluid dynamics (CFD) models,
which include both the gas—solids Eulerian—Eulerian model for gas-bulk solids flow and the
Lagrangian particle tracking (LPT) approach for the lean solids phase.
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2.1. Fluidization regimes

Fluidization regimes define the various states observed in fluidized beds, which exhibit
distinct particle-fluid interaction patterns as a gas flows through a bed of solid particles. The
transitions between regimes are primarily governed by fluid velocity, particle properties, and
fluid characteristics. Figure 2-1 illustrates the sequence of fluidization regimes encountered as
the gas velocity increases. At low velocities, the system operates as a fixed bed, with stationary
particles and gas passing through the interstitial spaces. Upon reaching the minimum
fluidization velocity, the bed behaves as a fluidized medium, exhibiting fluid-like properties
without bubble formation. A further increase in gas velocity induces the bubbling fluidization
regime, characterized by the generation and ascent of gas bubbles that promote solids mixing.
In beds with specific geometries (e.g., narrow and deep), the system may transition to the
slugging regime, where large bubbles span the bed’s cross-section, causing a plug-like
movement. As the velocity increases further, the turbulent fluidization regime is established,
characterized by intense gas—solid interactions and the absence of discrete bubbles. With
further increase in the gas velocity, the system transitions to lean-phase fluidization with
pneumatic transport. In this regime, bubbles vanish, and solids are entrained and transported
upwards as a dilute, dispersed phase, leading to lower particle concentrations in the freeboard
and minimal pressure fluctuations. This behavior is characteristic of a circulating fluidized bed
(CEB), where high gas velocities enable continuous solids transport throughout the reactor.
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Figure 2-1: Fluidization regimes established by varying the fluidization velocity.

This study investigates alternative methods for driving solids flow beyond the conventional
use of a riser by examining several conveying configurations that leverage distinct gas—solids
interactions across different fluidization regimes. The efficiency of solids convection is defined
as the ratio of the flow energy transferred to horizontally conveyed solids to the energy
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supplied via the gas phase, as expressed by Eq. [1]. This metric enables direct comparison of
energy utilization across different configurations—a crucial step for optimizing reactor design
and minimizing operational costs.

=5 1

n=g [1]
The energy effectively imparted to the horizontal solids flow is determined by the velocity and
the pressure drop along the flow direction:

Eg =us-Ayz - APrgz (2]
The energy input to the solids suspension by the conveying gas is defined as:
p y-1
|4 ( Plenum) 14
Ey =——P, _Plenum) T _ g
in Y — 1 AthCZ PAtm [3]

2.2. Solids transport mechanisms

Solids mixing in stationary bubbling fluidized beds is predominantly influenced by the
dynamics of the interactions between particles and bubbles. Within the dense bed, solids
migrate downward as they fill the spaces generated by ascending bubbles [3,67]. Concurrently,
particles from the emulsion phase surrounding the rising bubbles are entrained into the wakes
of these bubbles and transported upwards [3,67]. In the splash zone at the bed surface, the
eruption of bubbles ejects particles ballistically, promoting lateral transport [3,67]. This
interplay of vertical and lateral movements results in toroidal circulation of the solids along
preferred bubble pathways, characterized by upward flow in the bubble wakes and
downward flow in the interstitial regions [68-70]. A schematic representation of these flow
patterns in a bubbling fluidized bed with induced solids crossflow is shown in Figure 2-2.

' Dispersion

—»  Convection

A A A A A A A A A A A

A

» | | Splash region
Y

Solids Y
Dense bed
Solids )

Figure 2-2: Schematic of a bubbling fluidized bed with induced solids crossflow.

The introduction of a horizontal solids crossflow imposes an additional convective field,
producing a net solids transport that overlays the solids mixing induced by the bubble motion.
In this work, macroscopic convection refers to the mean horizontal transport of solids driven
by the imposed crossflow [71,72]. Macroscopic dispersion refers to the mixing superimposed
on this mean flow, resulting from both local velocity fluctuations (due to particle collisions
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and small-scale turbulence) and the larger-scale motions associated with bubble passages and
coherent flow structures [72,73].

Dispersion describes the spreading of solids in the bed resulting from the random motion of
individual particles, analogous to the Brownian motion observed in a homogeneous phase
[61,68,69,74]. In fluidized beds, dispersion can be distinguished at both the macro- and micro-
scales. Macro-scale dispersion emerges from the cumulative effects of repeated bubble
passages and the coherent flow patterns that they generate, often manifesting as large vortices
in stationary bubbling beds without crossflow. In this study, macro-scale dispersion is
evaluated using the mean squared displacement (MSD), which is calculated from multiple
tracked particle trajectories over time, following the classical Einstein relation, D = L?/(2t),
with corrections applied in the presence of macroscopic convection [75-78].

Granular temperature is closely related to micro-scale dispersion. However, converting it to a
dispersion coefficient requires knowledge of the spatial distribution of the collision frequency,
which standard analytical expressions cannot reliably estimate across varying voidage ranges
[73,79]. Micro-scale dispersion has both laminar and turbulent components. The laminar
component arises from the velocity fluctuations of individual particles relative to the local
mean, primarily due to interparticle collisions [51,73,80,81]. This component can be estimated
by dividing the granular temperature—a scalar variable representing the kinetic energy of
particle velocity fluctuations, as described by the energy conservation equation for solids (see
Eq. [20]) —by the dominant frequency of these fluctuations [51,73,81,82]. Turbulent dispersion
results from the collective dynamics of bubbles and particle clusters, which induce eddies and
localized mixing across the bed [51,73,79-82]. Its intensity—and the resulting turbulent
dispersion coefficient in each direction—is quantified from the Reynolds normal stresses and
the corresponding Lagrangian timescales of these velocity fluctuations.

Lean-phase solids (larger, lighter particles) introduced into the system exhibit distinct
trajectories, which are governed by the dynamics of the bubbles and the solids suspension, as
well as by their own physical properties. Figure 2-3 illustrates the principal mechanisms
affecting the movements of lean-phase solids in a bubbling fluidized bed. Note that these
pathways may change in the presence of a crossflow. In the figure, black lines indicate the bed
solids pathways, and red markers indicate the introduced particles, with possible
representative trajectories labeled (i) through (vi).

Upon entry, these particles encounter several characteristic transport mechanisms [70,83-86].
As bubbles erupt at the bed surface, they predominantly (i) scatter the particles laterally into
the splash region. Some (ii) remain suspended at the surface, while (iii) others begin to sink
through the emulsion phase, migrating downwards among the bulk solids. During this
descent, (iv) certain particles may be entrained in the wakes of rising bubbles and (v) carried
upwards along the bubble paths. As the bubbles approach the surface, (vi) the particles are
released from the wakes and reintroduced into the bed. Importantly, these dynamics vary
across the bed and depend on local conditions. The residence time associated with each type
of movement, as well as the frequency with which particles transition between them, can differ
considerably. Consequently, fuel particles may accumulate preferentially in certain regions,
leading to spatial heterogeneities in the distribution of solids within the bed.
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Figure 2-3: Schematic of the principal transport pathways for lean-phase solids (larger,
lighter particles) in a bubbling fluidized bed, involving the following steps: (i) lateral
scattering into the splash zone; (ii) temporary surface suspension; (iii) sinking through
the emulsion phase; (iv) entrainment in bubble wakes; (v) upward transport with
bubbles; and (vi) release from the bubble wake and re-entry into the bed.

2.3. Non-Newtonian granular flow

There are significant challenges to understanding the rheology of fluidized beds, owing to
their inherently non-Newtonian behaviors and the limited availability of comprehensive
studies in the literature [87,88]. Non-Newtonian fluids are those whose apparent viscosity
varies with the applied shear rate, in contrast to Newtonian fluids, which exhibit a constant
ratio of shear stress to shear rate (i.e., constant viscosity). Figure 2-4 illustrates the
characteristic rheological responses of various fluid types.

Shear Stress [Pa]

- - - = Shear thinning with yield stress
- - - - Bingham plastic

- - - - Shear thickening with yield stress ||
——— Shear thinning (pseudoplastic)
Newtonian g
——— Shear thickening (dilatant)

Shear Rate [s™]
Figure 2-4: Rheological profiles for different fluid types.

Shear-thinning (pseudoplastic) fluids show a decrease in apparent viscosity with increasing
shear rate, facilitating flow under higher stress levels. In contrast, shear-thickening (dilatant)
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fluids exhibit an increase in apparent viscosity as the shear rate rises, thereby becoming more
resistant to deformation. In addition, some non-Newtonian fluids exhibit a yield stress,
requiring the application of a minimum stress before flow commences (as indicated by the red
curves in Figure 2-4).

2.3.1. Rheological models

Rheometry is the experimental measurement of a material’s flow and deformation behavior
under applied forces. Various experimental techniques have been employed to characterize
the rheological properties of fluidized beds. The falling sphere method determines viscosity
by monitoring the descent of a sphere through a medium and applying Stokes’ law [88-90].
Capillary techniques assess flow behavior within narrow tubes using the Hagen-Poiseuille
equation [88-90], while Couette flow analysis examines the shear stress and shear rate
generated between two moving surfaces [88-90].

To facilitate analyses of horizontal solids transport, the system is analogized to a liquid flow
in a channel. Assuming an incompressible, steady-state, fully developed single-phase flow,
the pressure drop gradient along the channel is related to the solids flow velocity, conduit
geometry, and the properties of the solids suspension via the friction factor, as follows:

E _ ZfF.Dfluidus2

AL Dy, [4]

A force balance analysis enables the formulation of an expression for the average wall shear
stress along the wetted perimeter for generalized fluids flowing in rectangular channels:

AP 5
Tszh'E []

Previous studies of the fully developed laminar flow of non-Newtonian fluids have introduced

correlations for specific conduit geometries, including non-circular shapes, using a generalized

Reynolds number (Re*) and a geometric constant (C):
c

" Re”

Accurate representation of these rheological characteristics requires the development of robust

fr [6]

theoretical models. However, most existing models have been developed for single-phase
fluids, and their applicability to complex multiphase systems, such as fluidized beds, remains
insufficiently explored [87,88]. In this study, the flow of solids in a rectangular open channel
is analyzed using three established models: Kozicki et al. [91-94], Delplace-Leuliet [95], and
Kostic-Harnett [96,97]. The analytical frameworks for these models are summarized in Table
2-1. To describe the rheology of non-Newtonian fluids, the power-law model (Eq. [7]) is
employed. This model relates the wall shear stress to the apparent shear rate through the flow
behavior index n* and the consistency index k*, capturing the nonlinear relationship between
these quantities:

_ % N*
Tw = k'Vq

 (Bu\™ 7]
=>Ty = k D_h

The apparent shear rate is determined under the assumption of Newtonian flow behavior and
used as an initial estimate for the wall shear rate.

16



2. Theory

The models presented in Table 2-1 extend conventional expressions to account for geometric
effects using distinct variables (a, b, w, 8). Kozicki et al. [91] (Model 1) developed a two-shape-
factor (a,b) framework for analyzing the flow in rectangular open channels. Kostic-Hartnett
[96] combined the approaches of Kozicki et al. [91-94] and Metzner—Reed [98], introducing a
geometry parameter, w, for non-circular ducts. Ayas et al. [97] (Model 2) further refined this
framework for application to shear-thinning fluids. Delplace-Leuliet [95] (Model 3) showed
that the geometrical coefficients used in previous models, although accounting for duct shape,
included a denominator term (8™"1) that is specific to circular ducts, and they proposed a
modification using a geometric parameter, f3.

Table 2-1: Rheological parameters in power-law-based models for rectangular channels.

Model 1 Model 2 Model 3

Reynolds number, Py wiaks "Dy Pr wias "Dy Pr wials "D

. a+ bn" _ 3n+ 17" _ 24n+ B 1"
fe i e W W - e
Flow behavior index, n
n*[-]
Flow consistency a+bnm)" 3n+ 17" K 24n + B ]n
index, k* [Pa.s"] KT{ n } KH® [ 4n ] PL1(24 + p)n
Wall shear rate, [a + bn] [Bus] Wi/ [Sn + 1] [8us] [ 24n+ ] [&]
Yw [s7] n Dy, 4n Dy, (24 + p)nl L D,

Alternatively, by extending the generalized Rabinowitsch-Mooney model developed by
Kozicki et al. [91,92], this work proposes the following formulation for the flow consistency
index in non-circular channels:

k* = K[f(W,Hy)]"
co | %+ ¢, |2
ol on i)

Here, Cy and Cy, are empirical constants that account for the effects of channel width and

n

=k =K 5]

expanded bed height, respectively.
2.3.2. Granular flow regime

The rheological behavior of a solids suspension is highly dependent on the granular flow
regime governing the system. Therefore, investigating these regimes in the context of the
present study is essential for determining the friction dynamics of the system. Atlow particle
velocities, the quasi-static regime prevails, where frictional particle—particle interactions
dominate, resulting in minimal variation of the friction coefficient and a solid-like behavior of
the suspension. As particle movement increases, the system enters the intermediate (dense)
regime, where both frictional and collisional interactions significantly affect the rheology, and
the solids exhibit liquid-like characteristics. At even higher particle velocities, the collisional
regime is established, wherein particle collisions are the primary mechanism of momentum
transfer, inertial effects become significant, and the friction coefficient stabilizes or decreases
as the influence of the confining pressure diminishes. The u(I) constitutive law, as expressed
by Eq. [9], provides an analytical framework for describing the transition from quasi-static to
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collisional flow as particle movement increases [99-101]. This relation expresses the
macroscopic friction coefficient, u(I), as a function of the inertial number, I:

Uy — Us

ul) = ps + IT+1 [9]

where p; is the static friction coefficient, u, is the friction coefficient at high inertial numbers,
and I, is a constant. The macroscopic friction coefficient is defined as the ratio of the wall shear
stress to the particle pressure P, [100,102]. The inertial number quantifies the flow state by
comparing the timescale of particle rearrangement due to inertia with the timescale of

£, PsBE/Py (10]
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deformation under shear stress:

2.4. Modelling frameworks for solids transport in fluidized beds

The simulation of solids transport in fluidized beds can be accomplished using frameworks
that operate across multiple scales and degrees of complexity [74,103]. Zero-dimensional (0D)
or lumped parameter models treat the fluidized bed system as a single, ideally mixed control
volume with no internal spatial gradients. These models are primarily used to calculate overall
mass and energy balances, and to provide rapid estimates of key system-level variables, such
as total solids hold-up, average solid and gas concentrations, global heat transfer rates, flue
gas composition, and overall thermal efficiency [104-106]. Another approach is to describe the
system using reactor models, such as perfectly mixed or plug flow reactors [71]. To capture
deviations from ideal behavior, compartment models further subdivide the bed into
interconnected zones with distinct mixing characteristics [71].

Macroscopic models describe the transport of species in a fluidized bed without explicitly
solving the momentum balances and, therefore, they do not resolve local gas—solids velocity
fields [103]. These models can be formulated in 1D/1.5D/2D/3D, depending on the specific
requirements. Convection-dispersion transport models are incorporated into these
frameworks to describe the macroscopic gas-solids mixing behavior within the bed. They can
be formulated for either steady-state or transient conditions [107]. Furthermore, empirical
parameters and correlations—often derived from experimental data—are typically
incorporated for key quantities.

To resolve the local gas—solids flow structures in fluidized beds, advanced multiphase
modeling techniques—collectively known as computational fluid dynamics (CFD)—are
employed to solve the governing momentum balances. In the Eulerian-Eulerian approach,
both phases are treated as interpenetrating continua, with the behavior of the solid phase being
described by the kinetic theory of granular flow (KTGF) [79,108,109]. The mass and
momentum conservation equations are solved separately for the gas and solid phases, with
interphase mass/momentum exchange terms describing their interactions [108,110-113]. In the
Eulerian-Lagrangian approach, the fluid phase is modeled as a continuum, while individual
particles are represented as discrete elements using a Lagrangian framework, with two-way
coupling of the phases [114-116]. The fluid flow is governed by continuum equations, and
each particle’s trajectory is determined by integrating Newton’s equations of motion, allowing
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for direct modeling of both fluid—particle and particle—particle interactions [114-116]. This
approach encompasses a range of models, from coarse-grained particle (CGP) [117-119] and
multi-phase particle-in-cell (MP-PIC) [120-122] methods that capture particle clusters, to fully
resolved particle-level simulations, such as direct numerical simulation (DNS) [115,123,124]
and discrete particle methods (DPM) [125-128], offering varying degrees of resolution and
computational cost. Table 2-2 presents a selection of studies from the literature that use a range
of modeling frameworks to analyze the mechanisms of solids transport in fluidized beds with
a crossflow configuration. Notably, relevant studies for this type of system remain relatively
sparse. The reviewed works encompass macroscopic transport, compartment, Eulerian—
Eulerian, and coupled CFD-DEM modeling techniques.

Table 2-2: Summary of the modeling approaches and key findings in studies of the
transport mechanisms in fluidized beds with a solids crossflow.

Reference Modeling technique Main findings

-Dispersion increases with bed height, fluidization
velocity, and distributor pressure drop.

-Lateral crossflow and bubble-induced dispersion
both significantly affect mixing.

[28,129]
Macroscopic transport model

-Dispersion increases with gas velocity, bed height,

(31] and air inlet width.

-Increased air velocity and bed length promote plug-
flow behavior.

-Addition of baffles reduces the bypass flow and dead
zones, shifting solids transport towards plug flow.

[26]
Compartment model

-Increasing the outlet weir height or adding internal
baffles broadens the RTD.

-Higher solids inventory or bed height increases the
mean residence time, whereas a higher solids flux
[27] reduces it.

-Solids backmixing is significant, yielding a long-tail
RTD profile in crossflow bubbling fluidized beds.
-Baffles significantly narrow the RTD curve and move

[34]

it towards a plug-flow behavior, indicating reduced

backmixing.

Eulerian-Eulerian -Increasing the gas velocity reduces the mean

[30] (with kinetic theory of residence time, although the effect of baffles is more
granular flow) pronounced.

-Particle flow and outflow fluctuations are more stable
in baffled beds compared to free beds, leading to
smoother solids discharge.

-Compartmentalization with baffles narrows the RTD
and reduces backmixing, promoting plug flow.

[36] -Increasing the gas velocity or bed outlet height leads
to faster solids discharge but broadens the RTD,
indicating increased dispersion.

Computational Fluid -Higher mass inflow rate or fluidization velocity
[29] Dynamics - Discrete Element | results in shorter, narrower RTDs, approaching plug-
Method (CFD-DEM) flow behavior.

19



2. Theory

2.4.1. Compartment model

The reactor design literature provides analytical models that describe idealized flow patterns,
most notably those in the continuous stirred tank reactor (CSTR) and the plug flow reactor
(PFR). In the CSTR, perfect mixing yields uniform concentrations and temperatures, whereas
in the PFR, no axial mixing is assumed, resulting in concentration gradients along the flow
path. PFRs generally achieve higher conversion rates for fast or highly selective reactions,
whereas CSTRs are preferred for processes that require uniform mixing and temperature
control. In practice, reactors frequently exhibit non-ideal behavior, such as dead zones, short-
circuiting, and channeling, which affect the dynamics of solids transport. In fluidized beds,
dead zones are localized regions where solid particles remain largely immobile and do not
participate in bulk movement [71]. Short-circuiting describes the rapid passage of solids from
the inlet to the outlet via pathways that bypass the main flow, often due to insufficient
fluidization or poor reactor design [71]. Channeling refers to the development of preferential
flow paths that allow the fluid and solids to move quickly through specific regions, resulting
in an uneven distribution and limited interactions across the bed [71].

Figure 2-5 illustrates ideal reactor concepts alongside common deviations observed in
practical operation. To represent real systems more accurately, it is often necessary to combine
ideal reactor models with explicit consideration of non-idealities.

Channeling

Flow in |_—w» Short circuiting

low out
e o

Dead zone

Dead zone

() (b)

Figure 2-5: Schematic of the non-ideal flow patterns in: (a) a continuous stirred tank reactor
(CSTR); and (b) a plug flow reactor (PFR).
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2. Theory

A compartment model represents the flow within a reactor by combining distinct subunits,
enabling quantification of the flow parameters—such as dead zones—by fitting the model’s
predicted residence time distribution (RTD) to experimental measurements [71]. In this work,
solids mixing in the crossflow direction is modeled as a series of CSTRs that capture the
dispersive component of the flow, in combination with a PFR to represent the convective
component, as illustrated in Figure 2-6.

Ncstr in series

Vprr

A 7

Vd

Figure 2-6: Schematic of the compartment model employed, featuring a plug flow reactor
(PFR), a series of continuous stirred tank reactors (CSTRs), and a stagnant compartment.

The model parameters include the number and volume of the CSTRs (N¢srr, Vesrr), the
volume of the PFR (Vprgr), and an additional stagnant compartment (volume V) representing
the dead zones—corresponding to defluidized regions that reduce the effective solids flow
volume. The selection and layout of the compartments require general information regarding
the expected flow behavior (typically extracted from concentration transients), and the process
involves some iteration. The configuration shown in Figure 2-6 is a suitable representation of
the system studied in this work.

For this layout, Eq. [11] provides the transient outlet concentration of a tracer given its input
concentration Cy, (t). Here, m; and Q, denote the mass and volumetric flowrate of the injected
tracer, respectively; t is the mean residence time of solids; and i; represents the volume
fraction of the dead zones (V) in the system [71].

NCSTR _ NCSTR_]- t—1
ﬁ{ 1 Nesrr [(t Tprr) e_NCSTR( pER)

. = .. T(l_id)
ot = Cuin®) * 0 T =10 Wesrn — D1 | 13 — i) i

Furthermore, the solids residence time distribution (RTD), or E-curve, for the compartment
model layout in Figure 2-6 is given by:

Nestr—1 _
Et) = 1 Nestr"“TR [(t = prr)] " o NesTr (i(ffiFdR)) [12]
T(1 —ig) (Nestr — D 7(1 = ig)
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2. Theory

2.4.2. Macroscopic transport model

The inclusion of convection and dispersion terms enables quantification of both the advective
transport and the spreading of solids within the system. In this study, two transport
equations—for solids species conservation and energy conservation—are employed to
characterize these transport modes. The equations are applied in a simplified 1D discretization
of the geometry, with the spatial coordinate corresponding to the horizontal direction of the
solids crossflow, as depicted in Figure 2-7. This approach does not resolve complex flow

structures, dead zones, or recirculation phenomena.

! !
Psus| : Psus| I
Xi-

xi+Axi

i I

I Ax I

¢ >
X ! ! x; + Ax

Figure 2-7: Schematic representation of the species conservation equation applied to a
1D domain along the horizontal direction of solids flow considered in this study.

The species conservation equation, in its transient form (Eq. [13]), describes the change in
concentration of a given species over time and space [107]:

ps 0%ps  0ps

S _p. By 13

at Sox2 % ox 1]
The energy conservation equation expresses the heat balance, yielding a temperature profile
across a domain, T(x), as a function of the dispersion coefficient, the solids velocity, and the

gas flow parameters included in the rightmost source term [107]. In its stationary form, it is
described by:

0°T dT AT
0= AW — psts(1 — €5)Cp s Ix + pgung,gH—b [14]
where the effective thermal conductivity of the bed is expressed as [55]:
A =Dys(1—¢5)psCps [15]

2.4.3. CFD model
(i) Eulerian-Eulerian model

In the present study, the Eulerian-Eulerian model is employed, incorporating the kinetic
theory of granular flow. Table 2-3 summarizes the governing equations and constitutive
relations used in the model.
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2. Theory

Table 2-3: Governing equations and constitutive relations employed in the computational
fluid dynamics (CFD) framework.

Conservation of mass equations:

a -
5 (8aPg) + V- (ggp4ig) = 0 [16]
a -
a (Ssps) +V- (Sspsus) =0 [17]
Momentum balance equations:
a — - — = = — —
at (ggpgily) +V - (g4pgiigliy) = —£gVP + V- Ty + £gpgd — Bys(ily — Us) (18]
a — - — = - — —
& (sspsus) +V- (gspsusus) =—&VP—-VE+V- T, + Espsg + ﬁgs (ug - us) [19]
Granular kinetic energy transport equation:
3 20, _ .
5 EsPs [a_ts + UV 95] =1,:Vug+ V- (KQSVGS) — Yo, [20]
Constitutive equations:
_ 2
Gas-phase stress tensor: 7, = —¢, [<§g - §ug) (V-2 +py (Vﬁg + (Vﬁg)T)] (21]
_ 2
Solids-phase stress tensor:  T; = —g, [(fs - §us) (V- U + p (Vg + (Vﬁs)T)] [22]
3 e&pgliy — U
Bys == Cp s gpgl g N 265, for g, > 0.8 [23]
4 dy
Inter-phase momentum 24 0.687
14 0.15(g,R , Re, <1000
exchange coefficient Cp = {&4Res [ (egRes) ] % [24]
[108,130-132]: 0.44, Re, > 1000
2 — —
_ EsHg EsPgltly — ]
Bys = 150 v R for e, < 0.8 [25]
Solids shear viscosi
[133]: vy Us = Use T Usp T+ Us s [26]
1
- o 4 65\2
Collisional viscosity [132]:  us. = Eespsds go(1+e) (;) [27]
[psds/@ 2
Kinetic viscosity [134]: Usy = Ps@sy s (1 +-(1+e)(3e - l)esg(,) [28]
* =63 —e) 5
[ P;singy
Frictional viscosity [130]: Usg = |7T—7F7— [29]
Solids bulk viscosity 4 0, 7 30
[108,132]: §s = 3&ipsdsgo(1 +e) (;) [30]
Solids pressure [108,132]: P, = pses6s[1 + 2(1 + e)go&s] [31]
171
Radial distribution & \3
. O ge=|1- [32]
function [79,108,132]: Esmax
Granular conductivity 150p,ds+/0,m 6 2 5 0
_ 6 % 33
[132,135]: Ko, 384(1 + €) g [1 + z g90(1+ e)] + 2pseids(1 + e)go - (33]
Collision ener 12(1 —e?)g
s Vo, = ———=——pse2[03 [34]
issipation [130]: dm
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2. Theory

(ii) Lagrangian particle tracking

Lagrangian particle tracking (LPT) is used to analyze individual particle trajectories by solving
the equations of motion along their paths, as summarized in Table 2-4. This method requires
local pseudo-fluid properties, such as time-resolved velocity, volume fraction, density, and
viscosity, which are extracted from the gas—solids model outputs of the preceding two-fluid
(Eulerian-Eulerian) simulations. The resulting pseudo-field database provides the necessary
input for LPT calculations, enabling detailed trajectory analysis based on established
methodologies [136-138]. A key assumption in the Lagrangian tracking applied in this work
is the use of a one-way coupling scheme, i.e., tracers are modeled as passive, point-like
particles that do not influence the gas or solid flow fields. Accordingly, the force balance
includes only the weight, buoyancy, and drag from the surrounding pseudo-fluid. Tracer
interactions with bed boundaries are treated as perfectly elastic collisions.

Table 2-4: Governing equations for Lagrangian particle tracking (LPT) in monodisperse gas-
solids suspensions.

Pseudo-fluid properties:

¢pf = Egd)g + g5¢s

where ¢=u,p,u (3]
Particle equations of motion:
dxlp =
= 1%}
diy,
mlp —dt = FD + FB [37]
Particle buoyancy force:
nd}
Fy = (pr = Por) —¢ -9 [38]
Particle drag force:
I
Fp=3 Co.ipRew diptyr (U = pr) [39]
Particle drag coefficient:
Corp = (063 + -5 2 [40]
pip =\ BO2 T R0
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3. Methodology

3. Methodology

This chapter is organized into five sections. Section 3.1 presents the methodology used for
fluid-dynamic scaling. Section 3.2 describes the experimental setup, including various
configurations designed to drive horizontal solids convection. Section 3.3 introduces the
experimental methods used to characterize solids flow by determining key flow parameters.
Section 3.4 details the specific CFD model settings employed in this work, the analysis of
simulated data, and the validation of the simulations. Lastly, Section 3.5 outlines the
experimental matrix, providing an overview of the variables and operational ranges explored
in this study.
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3. Methodology

3.1. Fluid-dynamic scaling

Fluid-dynamic downscaling enables the investigation of gas—solid flow phenomena in large-
scale, high-temperature, or high-pressure systems by reproducing their flow behaviors in
laboratory-scale units under ambient conditions. These cold-flow models provide enhanced
operational and geometric flexibility, facilitate the implementation of diagnostic techniques,
and permit safer, more cost-effective experimentation. The scaling methodology adopted in
this work follows Glicksman’s simplified set of scaling laws [139,140]. Thus, the following
dimensionless numbers must be kept as similar as possible between the full-scale (hot) unit
and the downscaled model.

ug ps uo Gs Ly

] ) ;_,(p,PSD
9Dy pg Ums psio Lo

This set of scaling laws is a validated experimental method [140-142] that substitutes the
Reynolds number in the original full set of scaling laws [139] with the ug/uy¢ ratio. This
substitution enables greater flexibility in length scaling, as it depends on the minimum
fluidization velocity ratio for the gas-solids pair:

2
umf

[L] = Leowa _ [g . Fr]cold _ <[umf]cold>

LhOt u72nf [umf]hot
g Fr
hot

2

[41]

The experimental apparatus used in this work was designed with a length scaling factor of
0.12. This choice was influenced by the laboratory's constraints, including airflow capacity and
the availability of suitable bed material. The experimental unit is designed to replicate large-
scale hot conditions, in which silica sand with a mean size of 950 um is fluidized with flue
gases at 800°C. The scaling of biomass fuel particles (wood chips) with two different densities,
415 kg/m? and 897.5 kg/m?, is also considered in this work. Table 3-1 provides a comparison
of the cold-flow model and its corresponding high-temperature reference system with respect
to the operating conditions, bed material (bulk-phase), and fuel particles (lean-phase).

Table 3-1: Main parameters used in the fluid-dynamically scaled model.

Parameter Units Hot unit Cold model
Temperature °C 800 24
Fluidization gas - Air or flue gases Air

Gas density kg/m®*  0.359 1.187

Gas viscosity m?2/s 1.4x10-4 1.54%10-5
Bed geometry m Lot 0.12L ¢
Bed material - Silica sand Bronze
Particle density, bulk solids kg/m? 2,650 8,770
Mean particle diameter, bulk solids pm 950 125
Particle density, lean solids kg/m? 415, 897.50 1,370, 2,970
Particle size, lean solids mm J20x30 D23

Gas superficial velocity m/s Uo,hot V0.12ug o
Minimum fluidization velocity m/s 0.31 0.074
Solids mean velocity m/s Ug pot V0.12ug o
Solids dispersion coefficient m?2/s Ds not 0.042D; o1
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3. Methodology

3.2. Experimental setup

The cold-flow model (CFM) used in this study, depicted in Figure 3-1, operates under
bubbling fluidization conditions. The apparatus, which is constructed from acrylic glass, has
a footprint of 0.5 x 0.4 m? and a height of 0.5 m. A central rectangular section, referred to as the
“centre box,” forms a closed annular channel in which fluidized solids circulate in a clockwise
direction. As illustrated in Figure 3-1a (top view), the annular channel comprises a transport
zone, where the solids are fluidized in the bubbling regime, and a conveying zone with
independently controlled airflow, in which a crossflow of solids is induced by high-velocity
nozzles and baffles (specific configurations are presented below).

L]
TRANSPORT CENTRE TRANSPORT
ZONE BOX ZONE

CONVEYING
ZONE

(a) Top view

(b) Isometric view
Figure 3-1: Fluid-dynamically down-scaled model of the experimental setup. The induced
crossflow of solids is indicated by a dashed light-blue arrow.
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3. Methodology

This study evaluates five configurations for their effectiveness in conveying solids
horizontally, as illustrated in Figure 3-2: (a) free solids splashing; (b) confined solids splashing;
(c) slugging; (d) solids entrainment; and (e) directed gas injection.

THRESHOLD

(a) Free solids splashing (b) Confined solids splashing

GAS-SOLIDS
SEPARATOR

SLUGGING ELUTRIATION
. . TUBE ARRAY
------ M .---"“

(c) Slugging (d) Solids entrainment

(e) Directed gas injection

Figure 3-2: Configurations for solids conveying tested in this work.
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Each configuration is based on a distinct gas—solids interaction mode and was designed to
explore different mechanisms for promoting horizontal transport. The specific operating
principles and setup details are presented in Paper II [143]. The free solids splashing
configuration operates in the bubbling fluidization regime, where particles in the dense phase
are intermittently lifted by rising gas bubbles. When these bubbles burst at the surface, they
eject solids into the freeboard, resulting in ballistic backmixing with high particle velocities
and a wide range of ejection angles. The confined solids splashing configuration employs
turbulent fluidization, which is characterized by high kinetic energy and chaotic particle
motion. The narrower lateral confinement compared to the free solids splashing configuration
enhances horizontal transport through turbulence- and buoyancy-driven movement. The
slugging configuration promotes the coalescence of gas bubbles into large slugs. The rise and
collapse of these slugs, in combination with gravitational settling, generate recirculation and
pronounced pulsating flow within the bed. The solids entrainment configuration relies on a
high-velocity gas to lift particles from the dense bed, particularly under fast fluidization and
pneumatic regimes. As the gas velocity increases, solids are entrained into the dilute phase,
necessitating separation and recycling to sustain a continuous flow. The directed gas injection
configuration introduces fluidizing gas through inclined nozzles, imparting horizontal
momentum to the bubbles and solids. Rows of angled nozzles are used to induce and control
the horizontal movement of solids.

The solids velocity, and consequently the solids conveying rate, is determined using the
magnetic solids tracing technique (see Section 3.3.4). The pressure drops experienced by the
gas when injected into the conveying module and by the solids suspension as it moves along
the transport channel are measured to analyze the efficiency of each configuration in
converting gas compression energy (see Eq.[3]) into net solids flow energy (see Eq.[2]).

3.3. Methods for solids flow characterization

In this study, five measurement techniques were employed to quantify the key parameters of
the solids flow, as detailed in the following subsections. Table 3-2 summarizes these methods,
specifying the measurement approach, technique, measured variables, equations or analytical
tools used, and the extracted variables.
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3. Methodology

Table 3-2: Overview of measurement methods, including techniques, analytical tools, and solids flow parameters studied.

Measurement Measurement Measured Equation (o) analytical tool Extracted
method technique variable 1 y variables
Integral mass Weight Am 1
Mass fl t =
accumulation difference ass towrate Us =t Pouc HW Us
Differential mass Pressure Dynamic pressure w = d_P Apccumulation 1 u
accumulation sampling gradient Soodt g Pouc HW §
Transport equation (energy conservation):
a*T dT AT
. Temperature field 0= AW ~{psus (1~ )G} ax {PtgCos) H,
Thermal tracing Thermography (2D) where, ug Dy
D — A
 (1=9)psCps
Transport equation (species conservation):
ac; 9%C; ac; us, Dg
' . Transient tr.acer ot 5 oxz Wox
Magnetic tracing Inductance concen‘;rlahon Compartment model:
profile N Nestr—1 _ ig, N
1 N CSTR [(t — _ (t—TpFRr) d» NCSTR/
Ciout () = Cyin (8) + s — ( TPI.TR) e VTR | Tppp & T
' ' Q¢ (7(1 = ig) (Nesrr — D (1 — i)
Transient tracer | Transport equation (species conservation):
Inductance concentration a¢; 92C; a¢; Us
profile 3t Uoxz T W ox
Fannine friction factor: AP 2fppriuiatis’
Crossflow fluidized annng triction factor: AL D,
bed rheometry AP
Pressure Steady-state Wall shear stress: 7, =Dy - — For Ty, K*, 10"
sampling pressure gradient AL Friwr
.
Power-law model: 7, = k* <8u5)
Dy
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3. Methodology

3.3.1. Integral mass accumulation

The mean solids velocity is determined by directly measuring the mass of solids that is
collected in a container over a specified time interval. The experimental setup, shown in Figure
3-3, comprises two collection boxes: Box 1, which is easily removable and serves as the primary
measurement device; and Box 2, which is securely attached to the unit walls to capture any
minor leakage of solids. The opening of Box 1 remains closed (via a sliding wall) until stable
fluidization conditions are established in both the transport and conveying zones. The mean
solids mass flow is calculated from the collected mass and the collection duration.
Subsequently, the mean horizontal solids velocity is obtained by dividing the mass flow rate
by the effective cross-sectional flow area in the transport zone.

.......

CENTRE TRANSPORT

BOX ZONE
CONVEYING ;;L; """"""" 2 s PR (R
ZoNE [ ... ... .. TR
''''''''''''''' wl
(a) Top view of the unit setting (b) Box-block arrangement

used in the transport zone
Figure 3-3: Experimental setup used for integral mass accumulation.

The time-averaged solids velocity can be determined from:

_Am 1

Us = o [42]

This method is limited by its inherently unsteady operation. The progressive reduction in the
fluidized solids inventory decreases the bed height, thereby altering the solids flow rate over
time. In addition, the presence of the collection boxes reduces the total solids inventory and
available volume within the system, making the experimental conditions less representative
of a standard circulating operation.

3.3.2. Differential mass accumulation

The differential mass accumulation method also involves the accumulation of conveyed solids,
while permitting continuous assessment. This is achieved by fluidizing the accumulation area
and monitoring the resulting transient pressure increase, which corresponds to the rise in bed
height. Once steady-state conditions are established, a vertical wall separator is inserted into

31



3. Methodology

the transport zone (as illustrated in Figure 3-4a), dividing the system into an accumulating bed
(blue section) and an emptying section (green section).

WALL
SEPARATOR .................
..................................... B
ACCUMULATION | EMPTYING |7 | |
SECTION | SECTION [~ | °
TRANSPORT CENTRE TRANSPORT ||
ZONE BOX ZONE
CONVEVYING |, o
ZONE T T )
....... E,Iv] .

1500

1270

1040

810
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-340

I

I
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-800 I/_

0 20 40 60 80 100 120 140 160 180 200
Time (s)
(b) Transient pressure profiles

Figure 3-4: Experimental setup used for the differential mass accumulation method.
Conditions: FNrz, 3; H, 0.08 m; Qcz, 0.0143 m%s. A = accumulation; E = emptying; P =
plenum. Pressure probes I/II are located at 7.5 cm and 5.25 cm above the plate, respectively.

Wall separator
insertion time

The observed pressure change ‘dP’ in the accumulating bed is then used to determine the mass
accumulation rate and, subsequently, the solids velocity:

_ ar AAccumulation 1

U = —
Sodt g PouuHW

[43]

Pressure is measured at three points in the accumulating and emptying beds: within the air
plenum and at 5.25 cm and 7.5 cm above the gas distributor. Representative pressure transients
are shown in Figure 3-4b. Stabilization of the pressure signals indicates maximum
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accumulation of the material. The mean solids velocity is calculated from the time derivatives
of pressure during intervals with a constant gradient, using data from the accumulating bed.

This method offers operational simplicity and enables time-resolved measurements of
accumulation rates, thereby correcting for underestimation caused by decreasing mass flow
over time. Accurate pressure measurements are crucial, especially at low solids flow rates,
where pressure changes are subtle. At higher flow rates, minor leakage between the
accumulation and discharge zones can occur through wall gaps, although visual inspection
indicates that these losses are negligible. Nevertheless, since the process is inherently
unsteady, some level of inaccuracy is unavoidable.

3.3.3. Thermal tracing

The non-intrusive method of thermal tracing determines the mean solids velocity by relating
it to the bed’s horizontal heat transport capacity. A temperature gradient is established along
the solids flow by fluidizing the bed with air at 80°C in a designated heating zone (Figure
3-5a), while the remaining sections contain ambient air. Thermal imaging captures a 2D
temperature field at the bed surface, which is integrated along the y-axis to yield a 1D
temperature profile. A steady-state, 1D energy equation, discretized using the finite volume
method, is then fitted to the measured temperature profile, T(x), to estimate the horizontal
solids velocity (see Eq. [14]). For each experiment, the solids dispersion coefficient, Dg, is first
determined under bubbling conditions without a crosstlow(Eq. [15]), such that the convection
parameter, A, remains the sole unknown. Figure 3-5b presents an examples of the experimental
and modeled temperature profiles for the determination of solids dispersion (red curves) and
convection (blue curves). Boundary conditions are defined by in-bed temperature
measurements at the start (Ty) and end (T;) of the measuring zone.

The lateral dispersion coefficient of the solids is assumed to be constant for each fluidization
velocity and bed height, and it does not depend on the horizontal solids flow rate. Subsequent
analysis revealed that this assumption leads to an overestimation of the calculated mean solids
velocity; further discussion of this limitation is provided in Section 4.1.

The temperature field exhibits inherent fluctuations due to the bed dynamics, e.g., variations
in bed height and bubble eruptions at the surface, as well as changes in the ambient
temperature and heater control. These fluctuations may fall within the thermographic
camera's sensitivity range (approximately 0.04K), potentially affecting measurement
accuracy. However, the main limitation of this method at high solids flow rates is the reduced
temperature gradient across the bed, which decreases the precision with which the solids
velocity can be inferred. In addition, at high flow rates, the increased thermal inertia and wall
friction may influence the surface temperature of the fluidized particles. While particle
emissivity is generally stable, changes in surface properties or bed composition can further
affect the accuracy of thermographic measurements.
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(a) Top view of the unit setting
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(b) Temperature profiles in the absence/presence of macroscopic solids convection.
Figure 3-5: Experimental setup used for thermal tracing and the associated results.
Conditions: FN7gz, 3; H, 0.08 m; Q¢z, 0.0143 m?/s. The temperature scale is in Kelvin.
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3.3.4. Magnetic solids tracing
(i) Bulk-phase solids

With this technique, the mean solids velocity is determined from a tracer-pulse measurement.
A small amount of magnetic tracer material, selected for its similarity in fluid dynamics to the
bed material, is introduced into the system, and its concentration is subsequently tracked over
time at varying downstream locations using inductance coils. Table 3-3 lists the physical
properties and dimensionless particle sizes (Archimedes numbers) of the materials employed.

Table 3-3: Comparison of the bed material and magnetic tracer.

Parameter Unit Bed solids Tracer
Material - Bronze Fe-based alloy
Particle density kg/m? 8,770 7,988

Bulk density kg/m? 5,522 4,520

Particle size distribution

d1o-dso-doo um 80-112-132 25-69-123
Sauter mean diameter (d3,) pum 126 102
Archimedes' number, Ar!/3 - 8.386 6.127
Minimum fluidization velocity m/s 0.074 0.039
Magnetic susceptibility - 0 0.9

Four inductance coils arranged around the perimeter of the cross-sectional flow area are
positioned within the measuring zone (see Figure 3-6a) to monitor changes in tracer
concentration over time. A batch of iron-based tracer is injected upstream of the first coil (C1),
as shown in Figure 3-6. The resulting transient concentration signals are recorded and used to
determine the tracer residence time distribution, as well as the horizontal solids flow velocity
and dispersion coefficient. Figure 3-6b illustrates typical transient concentration signals
obtained from coils C1 to C4 during a tracer experiment.

Limitations of this method include the time-consuming separation of magnetic tracer material
after each experiment and the difficulty of precisely matching the tracer’s physical properties
to those of the bed material. Additional errors may arise from tracer segregation at the unit
corners and weaker coil signals at low solids circulation rates.
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(b) Transient profiles of the measured tracer concentration at each coil
Figure 3-6: Experimental setup for the magnetic solids tracing method and corresponding
transient concentration profiles. Conditions: FNrz, 3; H, 0.08 m; Q.z, 0.0143 m?/s.
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Data from the magnetic solids tracing experiments were analyzed using two approaches:
fitting to the transient convection—dispersion model (Section 2.4.2) and fitting to a
compartment model (Section 2.4.1), each of which enabled investigation of distinct aspects of
flow behavior, as shown in Figure 3-7.
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Figure 3-7: Analysis of bulk-phase solids using magnetic solids tracing. (a) Transient
concentration profiles with fitting to the convection-dispersion model. (b) Solids RTD
curves from compartment model fitting. Conditions: FN1z, 3; H, 0.08 m; Q., 0.0143 m?3/s.
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In the first approach, the transient convection-dispersion equation (Eq. [13]) is fitted to
experimental data to estimate the solids” mean velocity and dispersion coefficient. The tracer
mass balance is solved numerically using the finite volume method with a fully implicit
discretization for stability and accurate time integration. The hybrid differencing scheme
combines the precision of central differencing in uniform regions with the stability of upwind
differencing in areas of steep gradients. The modeled domain extends from coil 1 to the
boundary between the transport zone and the solids-conveying section. Boundary conditions
include a transient Dirichlet condition at coil 1 (based on the measured tracer concentration)
and a zero-gradient condition at the conveying section inlet, simulating a wall that permits
convection but not dispersion. Figure 3-7a displays typical model fits, where the sharp tracer
peaks at all coils gradually broaden downstream due to dispersion, eventually converging to
a uniform concentration, indicating complete tracer mixing in the circulating loop.

In the second approach, compartment model parameters are determined by non-linear fitting
of the model output (Eq. [11]) to the measured tracer concentrations at each coil. The signal
from coil 1 serves as the model input, with fitting performed to minimize discrepancies
between the modeled and measured signals at coils 2—4. In addition, a robust fitting strategy
tackles multiple local optima by varying the initial parameter estimates. This process yields
the best-fit parameters for each experiment, allowing calculation of the residence time
distribution (Eq. [12]). The flow rate (Q; = V/1), with 7 determined from the first moment of
E(t), is used as the model input, and the fitting loop is repeated until convergence is achieved.
Figure 3-7b presents the RTD curves derived from the compartment model analysis,
illustrating the shift and broadening of the distributions along the transport zone. This
broadening reflects both an increase in the mean residence time and a broader distribution,
driven by increased dispersion as the tracer moves through the system.

(ii) Lean-phase solids

The transport characteristics of the lean-phase solids were investigated using materials of two
different densities, representing distinct stages of biomass conversion: fresh biomass (high-
density material) and devolatilized biomass (low-density material). Table 3-4 summarizes the
physical properties of the lean-phase solids used, and compares them to those of fuel particles
under hot, large-scale conditions.

A global volume fraction of 9vol% was used for the lean-phase solids, corresponding to
1.1 wt% for the low-density solids and 2.5 wt% for the high-density solids. These values are
similar to typical fuel fractions observed during large-scale, high-temperature operation (1-
5wt%). For each test, a batch of magnetic tracer with properties (size, density) identical to the
lean-phase solids was added, following the measurement technique described above. The
tracer concentration was approximately 0.12-0.16 wt% of the lean-phase.

The transient concentration profiles obtained (see Figure 3-8) exhibit well-defined peaks and
progressive profile broadening across the four coils as the tracer moves along the transport
channel. The transient concentrations of the magnetic lean-phase tracer were analyzed using
the transient convection—dispersion model (Eq. [13]), in line with the approach used for bulk-
phase solids. A notable difference between the lean-phase solids and bulk solids is that, after
uniform distribution is achieved, persistent signal fluctuations are observed. This is likely due
to the tendency of lean-phase solids to aggregate near the bed surface, where they are affected
by bubble eruptions. Nonetheless, the model fitting remained robust.
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Table 3-4: Comparison of the properties of lean-phase solids used in the experiment with
those of simulated fuel particles.

Parameter Unit Fuel particles | Lean-phase particles Tracer particles
Material - Wood chips PA 6 - low density . ty .
. . PPS with magnetic filler
PA 12 - high density . .
—high density
Conversion stage: Devolatilized biomass
Particle density | kg/m?® | 414 1,360 1,370
Bulk density kg/m® | 233.5 658 773
Particle size mm 20x30 2x3 2x3
Magnet.lc' ' ) 0 0 0.04
susceptibility
Conversion stage: Fresh biomass
Particle density | kg/m? | 897.50 2,910 2,970
Bulk density kg/m® | 342 1,483 1,131
Particle size mm 20x30 2x3 2x3
Magnet.lc' ' ) 0 0 0.32
susceptibility

0.009

0.008

total

0.007

kg

0.006

tracer

0.005

0.004

0.003

0.002

Concentration [kg

0.001

Time [s]

Fitted variables: u4=6.93%x10 m/s, D3=5.99%x10° m?/s
Figure 3-8: Transient tracer concentration profiles for lean-phase solids measured by
magnetic tracing, using convection-dispersion model fitting. Conditions: pgeqn, 2,970
kg/m? FNrtz, 3; H, 0.08 m; Qcz, 0.0143 m?¥/s.
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3.3.5. Crossflow fluidized bed rheometry

The measurements of solids velocity and horizontal pressure drop across the transport channel
are central to quantitative mechanistic analyses of frictional losses and the bed’s rheological
properties. The solids velocity was determined using magnetic solids tracing, with the coil
arrangement shown in Figure 3-9a, positioned just downstream of the injection probe. Two
pressure probes were installed within the measurement zone—one upstream and one
downstream of the coil array —as illustrated in Figure 3-9a. The channel width was varied in
this study by adjusting the width of the central box, as depicted in Figure 3-9b.

Based on the pressure and velocity data, the Fanning friction factor and wall shear stress were
calculated using Eqs. [4] and [5], respectively. The relationship between wall shear stress and
apparent shear rate for the gas-solids suspension was then established using the power-law
model (Eq. [7]), enabling determination of the flow behavior and consistency indices. Finally,
the u(I) constitutive law (Eq. [9]) was applied to quantify the bed’s frictional behavior, using
the macroscopic friction coefficient u(I) derived from the calculated wall shear stress.

CHANNEL
WIDTH

ADJUSTED

(@) (b)
Figure 3-9: Schematic of the CFM setup designed for the study of frictional losses in the
direction of the solids crossflow, indicating: (a) the pressure probe positions in the
measuring zone; and (b) the channel width adjustments.

3.4. CFD Model

3.4.1. Simulation setting

The 3D-CFD simulations for solids in the bulk phase were conducted in ANSYS Fluent, to
investigate eight conditions that resulted from variations in three operational parameters:
static bed height, H (0.08 m, 0.10m); air volumetric flow rate in the conveying zone, Q.
(2.58 x 10 m3/s, 14.3 x 10 m?/s); and fluidization number in the transport zone, FN7; (1.83, 3).
Each simulation encompassed the entire gas—solids system and represented 30—40 seconds of
real process time, depending on the condition tested. Details of the computational model
parameters are provided in Table 3-5.
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Table 3-5: Summary of parameters used in the CFD model.

Model parameter Setting

Bed geometry dimension [3D] (m) 0.5x04x05

Settled bed height (m) 0.08, 0.10

Bed inventory (kg) 63.5,79.3

Mesh size (m) 0.004

Mesh resolution, Ax/d, 10-20

Inlet boundary condition Velocity

Outlet boundary condition Pressure

Wall boundary condition No slip

Velocity inlet (transport zone) (m/s) 0.14,0.23

Velocity inlet (conveying zone) (m/s) 0.26, 1.48

Solid Bronze

Particle diameter (um) 125

Particle density (kg/m?) 8,770

Friction packing limit 0.61

Initial solids volume fraction 0.607

Maximum packing limit, &4 0.63

Angle of internal friction 30°

Coefficient of restitution 0.9

Gas Air

Operating pressure (Pa) 101325

Pressure-velocity coupling Phase-coupled SIMPLE
Pressure PRESTO!
Momentum Convective term: First-order upwind

Spatial discretization method Diffusive term: Second-order accurate

central differencing scheme

Volume fraction First-order upwind

Transient formulation First-order implicit

Timestep 10°s

3.4.2. Analysis of simulated data

While the entire gas-solids domain was simulated, the section highlighted in green in Figure
3-10 was chosen as the primary area for analysis due to its relatively long, straight geometry
and its suitability for direct comparison with existing experimental results for validation.
Within this selected region, the predominant solids convection occurs along the x-axis (x=0.14—
0.44 m), the channel spans the z-direction (z=0.04-0.16 m), and the bed height is measured
along the y-axis, with y=0 corresponding to the location of the gas distributor plate. Sixteen
sampling planes, perpendicular to the direction of solids transport and spaced at 0.02m
intervals along the x-axis, were established as reference points for extracting simulation data.

Prior to analyzing the simulation results, a time interval corresponding to steady-state
conditions had to be identified. Steady state was assessed by monitoring the temporal
evolution of the solids-phase velocity in the flow direction. In all cases, steady-state conditions
were achieved after 10 s of simulation time (for details, see Paper IV [78]).
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Figure 3-10: Schematic of the cold-flow model highlighting the analysis region (green area,
left) and the data sampling planes along the x-direction (slices, right).

(i) Bulk-phase solids

To investigate the flow patterns of bulk solids, particle trajectories were obtained by
numerically integrating the time-averaged solids velocity fields generated in the simulations.
A fourth-order Runge-Kutta (RK4) algorithm was employed to calculate these trajectories
[144]. The initial positions of the pathlines were uniformly distributed on a grid within the
channel’s physical boundaries, with their orientations set perpendicular to the direction of
solids flow at the channel inlet plane (x=0.14 m). These trajectories were subsequently used to
assess the macroscale dispersion of solids along the flow direction, applying the Einstein
relation.

(ii) Lean-phase solids

To analyze the flow characteristics of particles in the lean phase, the Lagrangian particle
tracking technique (Table 2-4) was applied in conjunction with the Eulerian—Eulerian
framework for gas—solids flow (Table 2-3). Particle tracking was conducted as a post-
processing step, using fields from Eulerian—Eulerian simulations to generate time-resolved 3D
pseudo-fields of velocity, density, and viscosity (see Section 2.4.3). At each timestep, data from
multiple planes were interpolated onto a uniform grid using scattered data interpolation with
Delaunay triangulation.

As the effect of lean-phase solids density on flow parameters was empirically found to be
minimal, only one of the two particle densities tested experimentally (2,970 kg/m?3) was used
in the simulations. The simulation included 5,000 tracer particles, which were assumed to be
spherical with a diameter of 2.55 mm—an equivalent value based on the projected area of the
non-spherical cylindrical pellets used in the experiments (diameter, 2mm; height, 3 mm;
sphericity, =0.86). The particles were released at the start of the simulation and uniformly
distributed within a specified region of the analysis domain: x=0.20-0.42m (streamwise);
¥=0.07-0.08 m (channel height); and z=0.06-0.14 m (channel width).

To quantify the particle transport mechanisms in the lean phase, simulated particle trajectories
were analyzed to determine the time-dependent fractions of particles in the dense bed and
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splash regions. The boundary separating these regions was defined by a threshold value, i.e.,
the height marking the transition from the dense bed to the splash region, obtained from the
Eulerian—Fulerian simulation results (0.095/0.115m for low/high bed height conditions). At
each timestep, particles were assigned to regions based on their vertical position, and regional
fractions were computed as the proportion of tracked particles. Data analysis was restricted to
times t>0.2 s, to exclude initial transients associated with particle introduction. This approach
enables direct quantification of the spatiotemporal distribution of lean-phase particles,
providing details as to where the particles are present over time. This information cannot be
resolved experimentally, as only cross-sectionally averaged data are available. The temporal
evolution of these regional fractions are presented in Figure A 4 and Figure A 7.

Time-averaged fractions for each region were then obtained, enabling quantitative
comparisons of particle distribution across simulated conditions. This was calculated as the
mean of the instantaneous fractions over all timesteps after t>0.2 s:

N
_ 1
fregion = N Z fregion (t) [44]
i=

where fr.04i0n(t;) is the fraction of particles in the specified region at timestep i, and N is the
total number of analyzed timesteps.

After quantifying particle fractions across different regions, particle motion angles in the x—y
plane were calculated at each timestep for all trajectories, yielding a large set of directional
observations. Each observation was classified as belonging to either the dense bed or splash
region based on the particle’s position relative to the bed surface at each timestep. Angular
distributions were compiled using 1° bins over the full 0-360° range, and normalized by
dividing each bin count by the total number of observations in the respective region. This
normalization yielded relative frequencies, enabling direct comparisons of the prevailing
transport directions under varying operating conditions.

3.4.3. Model validation

The first validation tool compared bed voidage data from simulations and experiments, given
its sensitivity to the closure models used in the Eulerian—-Eulerian framework. The CFD model
accurately reproduced the experimental bed voidage, with values of 0.50/0.54 observed
experimentally and 0.49/0.53 predicted for low and high FNr;, respectively. This agreement
demonstrates the model’s capability to capture key features of the gas—solids flow.

The second validation tool evaluated the solids transport characteristics by comparing the
convection and dispersion values from simulations and experiments across various operating
conditions, for both bulk-phase and lean-phase solids. The mean solids velocity and dispersion
coefficient in the streamwise direction were obtained from CFD simulations, with the latter
calculated from particle pathline data using the Einstein relation over the analysis domain (see
Figure 3-10). Both parameters were compared to experimental values derived by fitting a 1D
convection—dispersion transient model, as explained in Section 2.4.2. The results are shown in
Figure 3-11. The high level of agreement, in terms of both the order of magnitude and observed
trends, between the simulated and experimental values demonstrates that the model reliably
captures solids transport across all the operating conditions tested.
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Figure 3-11: Comparison of the CFD-predicted and experimental global transport

parameters under various operating conditions.

3.5. Test matrix

This thesis revolves around six research questions, as outlined in Section 1.2. The first five
questions are addressed individually in separate research papers (see Table 1-2), whereas RQ6
is investigated directly in this thesis. Each study utilizes a specific set of experiments. The test
matrix (Table 3-6) summarizes the key variables extracted and analyzed for the
characterization of both the bulk-phase and lean-phase solids flows. Five main operating
parameters were controlled: fixed bed height; channel width; fluidization number in the
transport zone; volumetric flow rate in the conveying zone; and solids-conveying
configuration. These variables were systematically combined according to the objectives of the

individual research questions.
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Table 3-6: Experimental matrix for solids flow characterization addressing the different research questions (RQs).

conveying zone, Qc; [m3/s]

Operating parameters RQ1 RQ2 RQ3 RQ4 RQ5 RQ6
Fixed bed height, H [m] 0.08-0.10 0.08-0.10 0.08-0.10 | 0.08-0.10 | 0.08-0.10 0.08 - 0.10
wn wn
) a a
Channel width, W [m] = 0.12 0.12 0.12 0.07-0.12 0.12 = 0.12
©) @)
Fluidization number in th 0 0
Hidization itmbe € A | 1.834.00 3.00 1.83-3.00 3.00 1.83-3.00 | & | 1.83-3.00
transport zone, FNr; [-] < <
an s
1 tric f1 te in the = =
Volumetric flowra % | 0-0015 0-0.015 0-0.015 0-0.010 0-0015 | Z | 0-0015
- =5
/m -

Solids conveying configuration,

Free solids

Free solids splashing, Confined
solids splashing, Slugging, Solids

Free solids

Directed gas

Free solids

Free solids

[-] splashing entrainment, Directed gas injection splashing injection splashing splashing
Characterization of solids flow

1. Solids convection X X X X X X

2. Solids dispersion (macro-scale) X X X X

3. Solids dispersion (micro-scale) X

4. System non-idealities X

5. Fanning friction factor X

6. Solids conveying efficiency X
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4. Results and discussion

This chapter summarizes the principal findings of the thesis, structured into four sections.
Section 4.1 evaluates the measurement methods used for quantifying the solids mass flow
rate. Section 4.2 examines the performances of different solids-conveying configurations and
assesses their conveying efficiencies. Section 4.3 presents the flow characterization of bulk
solids, divided into three subsections: solids transport parameters (convection—dispersion
relationship), fluidization quality, and rheological analysis. Section 4.4 addresses lean-phase
solids, focusing on the transport parameters (convection—dispersion relationship), the impact
of solids crossflow on particle transport, and trajectory analysis.
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4.1. Methods for quantifying solids convection

This section addresses RQ1 (Paper I) regarding how the solids circulation rate in the
investigated system, a bubbling fluidized bed with solids crossflow, can be measured
accurately. Figure 4-1 presents the mean solids velocity, us,, which is proportional to the
forced convective flow of solids, as determined using four measurement methods (integral
mass accumulation, differential mass accumulation, thermal tracing, and magnetic solids
tracing). The results are shown for a range of experimental conditions, enabling assessment of
the system’s response to variations in bed height (H), fluidization number in the transport zone
(FNrz), and volumetric air flow rate in the solids-conveying zone (Q.z). The vertical bars in
Figure 4-1 indicate the variance for three replicate measurements for each set of conditions; in
some cases, these bars are not visible due to their small magnitude. All four methods yield
similar qualitative trends: increases in any of the three operational variables lead to higher
solids flow rates. However, the absolute values and rates of increase differ among the methods.
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Figure 4-1: Solids velocity obtained using four different measurement methods, assessed
under varying operational conditions.

The two mass accumulation methods yielded comparable solids flow rates, which were
generally lower than those obtained by the other techniques. This discrepancy is likely due to
a reduction in the flow rate as accumulation progresses, as well as to material losses during

48



4. Results and discussion

the measurement. Both methods have limited accuracy at low solids-conveying rates. The
integral method fails to register low rates when splashed material does not reach the collection
box, whereas the differential method requires that the pressure increase substantially exceed
the pressure signal's noise level to be reliably associated with the flow rate.

The thermal tracing method yielded solids flow rates that were significantly higher—by a
factor of 2.5 to 2.8—than those measured by the mass accumulation techniques. This is
attributed to the method’s reliance on surface-temperature data, where solids dispersion due
to bubble splashing occurs more rapidly than in a dense bed. As a result, the thermal method
may yield higher horizontal dispersion values, leading to lower estimates of convective
velocity. Further evidence of this is presented in Figure 16 in [145], which compares the
dispersion values obtained using the thermal and magnetic solids tracing methods. In
addition, at high solids flow rates, the small spatial temperature gradients further reduced the
accuracy of this method. The magnetic solids tracing method reported the highest solids flow
rates among the four techniques. It is regarded as the most reliable method for determining
solids flow rates due to its capacity for continuous measurement—unlike the start-stop
approach of mass accumulation methods—and its robust signal detection. The magnetic tracer
produces distinct, transient responses that are easily separated from the background noise,
ensuring accurate results under varying operating conditions and minimizing susceptibility
to interference.

A regression analysis was conducted to assess the effects of operational parameters on solids
flow rates measured using the four measurement methods; the resulting factorial effect size
statistics are presented in Figure 4-2.
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Figure 4-2: Comparative analysis of factorial effect sizes for the three
operational parameters across the four evaluated measurement methods.

Across all four methods, the airflow rate in the solids-conveying zone exerted the strongest
effect on solids velocity, accounting for 48%—-60% of the total factorial effect, underscoring its
central role in regulating solids transport. A fixed bed height was the second-most-influential
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parameter across all methods, except for thermal tracing, where the fluidization number in the
transport zone was more significant (25%); it had only a minimal effect (8%—12%) in the other
techniques. This distinct sensitivity pattern suggests that the thermal solids tracing method is
less reliable and potentially less accurate. In contrast, the mass accumulation and magnetic
solids tracing methods showed consistent responses to the operational variables, with the
latter demonstrating the highest overall accuracy.

To summarize, magnetic solids tracing is selected as the most accurate method for quantifying
the solids circulation rate and is therefore applied to address the remaining research questions.

4.2. Solids conveying efficiency

This section addresses RQ2 (Paper II) by examining how the horizontal flow of fluidized
solids can be achieved and assessing the effectiveness of the resulting convective transport.
Figure 4-3 presents, for each of the five solids-conveying configurations examined, the
relationship between the energy flow associated with the horizontal transport of fluidized
solids (Eq. [2]) and the energy input supplied to the conveying zone (Eq. [3]), along with the
resulting efficiency. The differences in performance observed between the tested
configurations are attributable to variations in their underlying fluidization dynamics and
gas—solids interactions.
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Figure 4-3: Characterization of the conveying zone dynamics in a BFB-BFB bed using
analysis of the energy input and solids energy flux for the five tested configurations. The
dashed lines indicate the solids-conveying efficiencies (1)). Source: Paper II.

Among the tested configurations, the free solids splashing setup exhibited the highest energy
transfer efficiency, attributed to macroscopic particle transport in the bubbling regime, where
bubble bursting effectively transfers kinetic energy in the horizontal direction. In contrast, the
confined solids splashing and solids entrainment configurations, both characterized by highly
erratic particle motions and rapid gas streams, exhibited lower energy transfer efficiencies, as
a larger fraction of the energy was consumed to sustain fluidization and mixing at finer scales
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rather than for bulk solids movement. The slugging and directed gas injection configurations
achieved intermediate efficiencies, benefiting from substantial, albeit less chaotic, solid—gas
interactions. These findings highlight the significance of the conveying configuration and the
nature of the solid-gas interactions in determining the overall energy efficiency of the
operation. More-organized gas flow structures, such as well-defined bubbles or slugs, are
shown to enhance energy transfer to the solids. In addition, although bed height generally
affects energy efficiency, this effect was most pronounced in the free solids splashing
configuration.

Compared with conventional risers in CFB systems, both free splashing and directed gas
injection configurations exhibited higher solids-conveying efficiencies. These configurations
achieved solids circulation at lower fluidization velocities compared to traditional risers.
Under up-scaled conditions (900°C), the solids circulation rates were in the range of 5x102-
2x10° kg/m?:s at fluidization velocities in the range of 0.3—4.3 m/s (see Figure 10 in Paper II
[143]). These results indicate that the tested configurations offer a more energy-efficient
approach to driving solids circulation than traditional risers.

To summarize, the results demonstrate that the horizontal flow of fluidized solids can be
effectively induced by specific conveying configurations, with free solids splashing and
directed gas injection exhibiting the highest efficiencies for convective transport.

4.3. Flow characterization of bulk-phase solids

This section addresses three research questions, each focusing on a different aspect of the bulk
solids flow characterization in a bubbling fluidized bed with solids crossflow. Section 4.3.1
investigates global solids transport by analyzing the relationship between the solids velocity
and dispersion coefficient using a macroscopic transport modeling approach (RQ3—Paper
III). Section 4.3.2, using CFD simulations based on the Eulerian-Eulerian framework, explores
the roles of transport parameters in shaping the overall flow structure. It further examines the
local solids velocity, granular temperature distributions, and distinguishes between micro-
scale and macro-scale dispersion types (RQ4—Paper IV). Section 4.3.3 evaluates fluidization
quality using ideal reactor models (PFR/CSTR comparison) and the dead zone index,
employing a compartment modeling approach (RQ3—Paper III). Section 4.3.4 investigates the
influence of frictional losses on the horizontal flow and the rheological behavior of the gas—
solids suspension, utilizing established literature models alongside a newly proposed
correlation (RQ5—Paper V). Regarding experimental techniques, magnetic solids tracing
(Section 3.3.4) is used for RQ3 and RQ4, while crossflow fluidized bed rheometry (Section
3.3.5) is used for RQ5.

4.3.1. Solids transport parameters

Figure 4-4a displays paired values of the solids velocity and solids dispersion coefficient (us,
D;) for bulk-phase solids in the streamwise direction, across all the tested operational sets,
defined by fluidization number in the transport zone (FNrz), fixed bed height (H), and solids-
conveying velocity (Q¢z). Error bars indicate the variability observed across three replicate
measurements for each set. Notably, a strong, almost linear relationship is apparent between
the two parameters, suggesting that convection, via friction-induced shear mixing, enhances
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the horizontal mixing of solids. It is also evident that both transport parameters exhibit
increasing trends as the operational variables are increased.

3
5 X1O T LI) T T T T
— g N
(@} / r
_45f 9 " & s
0 o) O‘.D Q@
o~ [«
g 47 1
2 Y
.2 35 B !
2
E 3+ 27
8 =
g 25 B A
2 O .
B ol pe” |
5 151 .
FN.._ 1.83, H 0.08
g 0 e . it
= z e FN_ 183 H0.10m
n O o FN._3.00,H0.08m
05F l-.-l TZ -
® FNTZ 3.00,H0.10 m
OO 1 1 1 1 1
0 0.01 0.02 0.03 0.04 0.05 0.06

Solids velocity [m/s]

(a) Correlation between the solids dispersion coefficient and the solids velocity. The

dashed lines on the plot indicate Péclet numbers.
100 .

I Solids velocity
90 + I Solids dispersion coefficient|

80 1

70 1

60 [ .

50 - .

40

Factorial effect [%]

30

20

10

FNTZ ['] H [m] QCZ [m3/S]
Factors

(b) Regression analysis of parameter contributions.
Figure 4-4: Impact of operational parameters on global transport parameters for bulk-
phase solids in the streamwise direction. Source: Paper III.

The regression analysis (Figure 4-4b) quantifies the contribution of each operational parameter
to the solids velocity (blue bars) and the solids dispersion coefficient (orange bars). The Q7
parameter is the dominant factor affecting the solids velocity (48%), followed by bed height H
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(40%), which increases the active conveying zone and, thus, the velocity. FNy; contributes to
a lesser extent (12%) by enhancing voidage and reducing friction in the circulation path. For
the solids dispersion coefficient, the Q7 factor also has the strongest influence (39%), whereas
FNrz and H account for 34% and 27%, respectively. These trends are consistent with previous
studies [129] that employed stationary fluidized beds, linking increased airflow and bed height
to enhanced bubble activity and the formation of larger bubbles at higher solids flow rates.
Notably, the solids crossflow affects the system to a similar extent.

In summary, the global transport parameters (u;, D) for bulk-phase solids exhibit a strong
linear correlation, and systematically increase with the tested operational parameters (RQ3).
The analysis also shows that, although the Péclet number (Pe) generally increases with
velocity, it reaches a plateau at higher values—especially in taller beds—implying that
increasing velocity alone does not achieve plug flow, as higher velocities tend to promote back-
mixing rather than purely forward transport.

4.3.2. Solids flow structure

Examining flow structures is essential for understanding global trends in solids transport,
particularly the linear velocity—dispersion relationship in the crossflow direction, as identified
in Section 4.3.1. Figure 4-5 displays the particle pathlines for FNr; of 3 at two values of fixed
bed height and solids-conveying velocity, respectively. Representative pathlines for FNr; of
1.83 are shown in Figure A 1 and are not presented here in the main text, as the trends are
similar. The particle pathlines are color-coded from blue to yellow, ordered by increasing
initial injection height. Across all the tested conditions, it is evident that the operating
parameters significantly affect the position, distinctness, and size of the vortex structures. At
low solids crossflow rates, prominent macrostructures corresponding to large-scale
recirculation zones are observed, in which particle trajectories follow compact, coherent
vortical paths, thereby limiting the characteristic transport length. The visualizations also
reveal that the sizes of these structures increase with bed height, consistent with the trend of
increased dispersion seen in Section 4.3.1. In contrast, increasing the solids crossflow rate
disrupts the distinct recirculation vortices, producing more elongated and less organized
pathlines that may be associated with enhanced internal mixing.

To better understand the mechanisms underlying the observed particle pathlines and vortex
structures, the spatial variation of the solids velocity in the streamwise direction and the
turbulent granular temperature (calculated using Eq.[22] in Paper IV [78]) are analyzed.
Figure 4-6 summarizes these results for a representative operating condition, with profiles
plotted as a function of bed height (top row) and channel width (bottom row). The data are
presented at selected streamwise positions, as indicated in Figure 3-10.
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For the solids velocity component (Figure 4-6a), the vertical profiles reveal notable changes in
the flow pattern along the channel length. Upstream (x=0.14-0.28 m), forward motion
predominates near the bed surface, while reverse flow is present closer to the distributor plate.
At downstream locations (x=0.34-0.44 m), this pattern is inverted, with reverse flow near the
bed surface and forward motion near the distributor. The high velocities near the distributor
plate arise from intense gas-solid interactions, where vertical gas jets and bubble formation
initiate macrostructure formation in the system. Subsequently, these structures redirect the
solids motion along the streamwise direction—either forward or backward, depending on
their orientation. In proximity to the bed surface and splash zone, bubble eruptions produce
ballistic particle trajectories with substantial horizontal displacement. An inflection point at
mid-bed height is associated with a sequence of vortices exhibiting alternating spin directions,
as further detailed in Figure A1 of Paper IV [78]; the exact structure varies with the operating
conditions applied. The corresponding profiles across the channel width demonstrate an
asymmetric flow profile with steep velocity gradients close to the sidewalls. This asymmetry
reflects the influence of strong wall effects and the organization of vortex structures within the
cross-section (see Figure A2 in Paper IV [78]). The proximity of counter-rotating vortices to
the walls enhances local shear and contributes to the formation of shear layers. The z-direction
is defined such that the channel width extends from z=0.04 m to z=0.16 m.

The laminar granular temperature is about two orders of magnitude lower than its turbulent
counterpart, indicating that random particle motion and collisions play minor roles in solids
mixing compared to the turbulence generated by the bubble dynamics and large-scale eddies
(see Figure 11 in Paper IV [78]). The profiles presented in Figure 4-6b indicate that microscale
dispersive transport reaches a local maximum just above the bottom plate, then sharply
declines with height, followed by a moderate rise within the dense bed. The dispersion reaches
its highest value in the splash region, which is attributable to the ejection of solids by erupting
bubbles. Above this zone, in the dilute region, the dispersion decreases further with increasing
height. This trend is consistent throughout the channel and aligns with previous studies,
showing that bubble eruptions account for 30%-90% of horizontal solids mixing, depending
on the system configuration [55,146,147]. Across the channel width, dispersion remains largely
uniform, with only slight variations apparent near the sidewalls. This indicates that bubble-
induced mixing is laterally consistent within the channel core and that wall effects are
minimal.

The comparable orders of magnitude between the micro-scale (turbulent, see Table Al in
Paper IV [78] for values) and macro-scale dispersion in the streamwise direction suggest that
the mixing contributions from local turbulence and large-scale structures are similar.

In summary, this analysis shows that solids transport parameters (us, D) directly shape the
global flow structure (RQ4). At low crossflow rates, solids motion is governed by counter-
rotating vortices, resulting in significant backmixing and alternating regions of forward and
reverse flow. As the crossflow rate increases, these vortex structures are disrupted, leading to
predominantly forward transport, more elongated macrostructures, and higher dispersion
coefficients.
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4.3.3. Fluidization quality

Figure 4-7 illustrates the influence of operational conditions on the dead zone index (Figure
4-7a) and the number of CSTRs in series (Figure 4-7b), parameters that are defined in the
compartment modelling approach (see Section 2.4.1). The PFR component yielded negligible
magnitudes across all modeled cases, indicating that it need not be explicitly included in the
compartment model for the configuration studied.
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Figure 4-7: Impact of operational conditions on the variables extracted after
compartment model fitting. Source: Paper III.

As shown in Figure 4-7a, the dead zone index decreases with an increase in the fluidization
number, bed height, and air flow rate in the conveying zone. Notably, the effect of bed height
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observed here contrasts with findings for stationary bubbling beds, where greater bed height
typically negatively affects gas—solids mixing due to higher bed-to-distributor pressure drop
ratios and larger bubble sizes. However, the relatively narrow range of bed heights examined
in this study likely limits the observed impact. The data further indicate that a higher solids
crossflow is more effective in reducing the extent of stagnant zones in taller beds. Regarding
the number of CSTRs in series (Figure 4-7b), a pronounced increase is observed with higher
conveyed solids rates, fluidization numbers, and bed heights. This trend reflects a transition
from the uniform, well-mixed behavior characterized by higher dispersion to a regime
dominated by convection, with solids transport becoming more plug-flow-like.

To summarize, the analysis demonstrates that increasing any of the operational parameters
improves fluidization quality by reducing the extent of stagnant regions. This promotes a shift
from strong backmixing to a more convective transport in the direction of the solids crossflow

(RQ3).
4.3.4. Solids flow rheology

Figure 4-8 presents the relationship between the macroscopic pressure drop gradient and the
mean solids velocity in the streamwise direction. The results show that the pressure drop
increases with higher solids velocities and with decreasing channel width. Regression analysis
shows that channel width has the most significant factorial effect, accounting for 70.6% of the
variance. In comparison, fixed bed height and solids velocity contribute only 11.4% and 18.0%,
respectively (see Figure 4 in Paper V [148]).
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Figure 4-8: Macroscopic horizontal pressure gradient as a function of the solids velocity
in the direction of the crossflow. Source: Paper V.

The relationship between the Fanning friction factor (see Eq. [4]) and the Péclet number
(Figure A 2) shows that the value of f decreases as Pe increases, reflecting reduced viscous
resistance and a lower energy demand as convective transport becomes dominant. At high Pe,
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frictional losses are minimal, whereas at low Pe, viscous effects prevail, resulting in greater
frictional resistance and higher energy consumption.

To investigate the rheological behavior of the suspended solids flow, the experimental data
presented in Figure 4-8 were analyzed using established rheological models, as described in
Section 2.3.1. By fitting the measurement data, the empirical constants for the flow consistency
index in non-circular channels in Eq. [8] were determined as Cy,=-5.85x10" and Cy,=6.51x10-.
Figure 4-9 summarizes the results of the comparison of the measured and predicted wall shear
stresses, along with the observed rheological flow curve for the fluidized solids.
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Figure 4-9a presents the results from the proposed model, showing the relationship between
wall shear stress (5-55Pa) and true wall shear rate (0.002—4.5s), demonstrating a shear-
thinning behavior. Figure 4-9b compares the measured wall shear stress with the model
predictions to assess predictive accuracy. The R-squared values for the Kozicki et al. [91-94],
Kostic-Hartnett [96,97], and Delplace-Leuliet [95] models were 0.314, 0.291, and 0.351,
respectively, indicating notable discrepancies between the model predictions and
experimental results. These models, originally developed for single-phase flow in rectangular
channels, have not been previously validated for gas-fluidized solids and exhibit limited
applicability in this context, underscoring the need for more suitable models. In contrast, the
new model developed in this work shows strong agreement with the experimental data (R-
squared = 0.785).

Additional insights into the rheological flow behavior are obtained by fitting the experimental
data to a constitutive granular flow model, enabling identification of the operating regime, as
described in Section 2.3.2. Figure 4-10 presents the effective friction coefficient as a function
of the inertial number, with the data fitted to the u(I) constitutive law(Eq. [9]). The u(I) model
provides an adequate description of the experimental results, which span inertial numbers in
the range of 101072, corresponding to the dense flow regime, with u(/) values in the range
of 0.03-0.3. This indicates that both interparticle friction and collisions significantly contribute
to momentum transfer in the solids flow.

It should be noted that, while the model fit suggests threshold inertial numbers and potential
regime transitions, validating these thresholds would require a broader experimental range
than was available in the present study.
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To summarize, the horizontal pressure gradient increases with the solids velocity and bed
height, but decreases as the channel width increases, while the bed solids suspension exhibits
shear-thinning behavior. The Fanning friction factor decreases with rising Péclet number,
indicating reduced viscous resistance and lower energy demand as convective transport
becomes more significant. The granular flow analysis confirms that the system operates in the
dense flow regime.

4.4. Flow characterization of lean-phase solids

This section addresses RQ6 by examining the impact of bulk-solids crossflow on the transport
of lean-phase solids. Using a macroscopic transport modeling approach, Figure 4-11a shows a
positive correlation between the mean velocity and the dispersion coefficient in the crossflow
direction for lean-phase solids, evaluated across various operating conditions. Overall, the
dispersion coefficients remain similar at both fluidization levels, while the macroscopic solids
velocity is significantly reduced at higher fluidization velocity. Under conditions of high
fluidization (FN7;=3), intense splashing and bubble activity dominate the transport of lean
solids. In contrast, at low levels of fluidization (FN;;=1.83), visual observations indicate a
marked change in the flow pattern: solids crossflow leads to the formation of a layer of lean
solids on the bed surface, which slides over the bed of bulk solids with a greater convective,
plug-like transport (with Pe>1) that predominates over the splashing-driven transport. A
comparison with the transport parameters for bulk-phase solids (see Figure A 11) shows that
the dispersion coefficients for lean-phase particles are consistently higher across all
fluidization levels. Furthermore, while lean-phase particles exhibit weaker convection than
bulk-phase solids at high F Ny, they show stronger convection at low FNr;.

Figure 4-11b presents the results of the regression analyses for the solids velocity (bottom-left)
and solids dispersion coefficient (bottom-right), illustrating the influences of operating
parameters—fluidization number in the transport zone (FNrz), bed height, and conveying
zone flow rate (Q¢z)—on the velocity and dispersion of the lean-phase particles. With regard
to velocity, the lean-phase particles are primarily affected by FNr; and Q.z, with bed height
exerting minimal influence. FNr; exerts a greater impact on the horizontal velocity of lean-
phase particles, as lower-density particles are more easily entrained and conveyed by the
increased gas flow. With respect to the dispersion coefficient, Q7 emerges as the primary
driver, reflecting the increased susceptibility of these particles, particularly those of lower
density (1,370 kg/m?3), to entrainment and lateral transport by the gas flow. For high-density
(2,970 kg/m?3) lean-phase solids, FNy; also exerts significant influence, as a higher fluidization
energy is required to overcome its inertia and promote dispersion.
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Figure 4-11: Impact of operational parameters on global transport parameters for lean-phase

solids in the streamwise direction.

A comparative study of (up-scaled) cold-flow results and hot-scale experimental data is

presented in Appendix E.

In addition, a trajectory-based assessment was conducted to distinguish the particle dynamics
in the dense bed and splash regions. This analysis applied the LPT technique, supported by
local pseudo-fluid properties obtained from the Eulerian-Eulerian simulations. The
trajectories of the lean-phase particles were examined under two key operating conditions: (i)
varying fluidization number in the transport zone (FNrz, Figure 4-12); and (ii) varying
volumetric flow rate in the conveying zone (Q¢z, Figure 4-13). In each figure, the left panels
display the simulated particle trajectories at the low (top panel) and high (bottom panel) values
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of the operating parameter. The dense region is highlighted in blue, with the splash zone
shown above. Visual inspection indicated that lean-phase particles are transported mainly
within the splash zone, i.e., above the bed surface. To quantify these observations, regional
particle fractions were calculated using the approach described in Section 3.4.2 (see Eq. [44]).
The resulting angular distributions, shown in the polar plots (right panels: splash region, light-
brown; dense bed region, dark-brown), represent the normalized frequency of particle
displacements for each one-degree interval.

A marked shift in particle transport behavior is observed as FNr; is varied, as shown in Figure
4-12. At low FNrz, nearly all of the lean-phase particles (~98%-99.95%; Figure A 9) remain
confined to the splash region. This reflects the formation of a dense, compact layer above the
bed that mainly restricts particle mixing to this zone, as discussed previously. The
corresponding angular distributions indicate that, under these conditions, particle motion in
the splash region is strongly aligned with the streamwise direction. In contrast, at higher FNr,
the fraction of particles in the splash region decreases (=70%—-85%; Figure A 9), indicating that
enhanced splashing and bubble activity facilitate a broader spatial distribution of particle
trajectories throughout the bed height. Examining the effect of increased Q.; reveals a
pronounced alignment of particle transport with the direction of the bulk-solids crossflow, as
shown in Figure 4-13. This trend is evident in the normalized angular distributions: in the
splash region, the proportion of particles transported in the crossflow direction increases from
42% to 60%, while in the dense bed, it increases from 60% to 80% under the conditions
presented.

The proportional contributions of the splash and dense bed regions to net particle transport
are summarized in Figure A 10. These observations can be further interpreted in the context
of the transport mechanisms outlined in Figure 2-3. Under low fluidization (FN7; of 1.83),
almost all transport occurs in the splash region (>94%), where lateral scattering, surface
suspension, and sinking through the emulsion phase (mechanisms i-iii) can occur. As
fluidization increases (FNr; of 3) and with higher conveying velocities, the contribution from
the dense bed expands sharply, often exceeding 60%—70%. This indicates a shift in transport
pathways from the splash region to the dense bed, where entrainment into bubble wakes,
upward transport with bubbles, and release from bubble wakes (mechanisms iv—vi) can occur.
While angular distribution analysis provides a useful means for distinguishing regional
transport behaviors, it remains challenging to separate conclusively the individual
mechanisms based solely on trajectory angles, highlighting the need for more refined
classification methods.

To summarize, solids crossflow promotes a convective, plug-like transport of lean-phase
particles under low fluidization conditions, shifting the dominant mechanism from dispersion
to convection. However, solids dispersion remains comparable across both fluidization levels.
The trajectory analysis supports this trend: at low fluidization, particle transport is largely
confined to the splash region, whereas at higher fluidization it extends through the dense bed,
indicating a clear shift in transport pathways.
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5. Conclusions

This thesis examines the dynamics of solids transport in bubbling fluidized beds with induced
horizontal circulation. The experimental work employs a cold-flow model that is designed in
accordance with Glicksman’s simplified fluid-dynamic scaling laws. This setup operates at
ambient temperature (20°C, fluidized with air) and simulates the conditions of a large-scale,
high-temperature process (900°C) that uses silica sand (Geldart B-type solid) with an average
particle size of 950 pm.

The study initially evaluates four different methods for quantifying horizontal solids flow:
integral mass accumulation; differential mass accumulation; thermal tracing; and magnetic
solids tracing (RQ1). Magnetic solids tracing proved to be the most effective method due to
the resolution and quality of the acquired information, as well as the consistency of the
measurements across a broad range of solids flow rates. In addition, the influences of three
operational parameters—air flow rate in the conveying zone, bed height, and overall
fluidization velocity —on the established solids flow rate were systematically investigated. The
results show that increasing any of these parameters increases solids circulation, with the air
flow rate in the conveying section having the most pronounced effect.

Subsequently, the study focused on examining the following conveying configurations: free
solids splashing; confined solids splashing; slugging; solids entrainment; and directed gas
injection (RQ2). Among these configurations, free solids splashing operating under the
bubbling fluidization regime exhibited the highest efficiency in converting energy input into
horizontal solids transport. The measured solids circulation rates ranged from 5x1072 to
2x10° kg/m?-s (up-scaled) for fluidization velocities of 1.9-4.3 m/s (up-scaled).

To characterize the global solids transport and evaluate how operational changes influence
flow mechanisms and fluidization quality, the study employed 0D/1D modeling techniques
(RQ3). The transient convection—dispersion model provided an accurate description of
horizontal solids transport, with an average error of 12%-18% between predicted and
measured solids tracer concentration transients across a range of operating conditions. A
nearly linear relationship was observed between the dispersion coefficient and velocity in the
direction of the solids crossflow, within the ranges of 2.41x104-1.20x10"! m?/s and 8.66x10->-
1.73x10" m/s (up-scaled values), respectively; this trend is attributed to shear mixing from
bed-wall friction. In addition, compartment model analysis demonstrated that an increased
solids crossflow effectively reduces the extent of stagnant zones, indicating enhanced
fluidization quality. To investigate in greater detail the influence of crossflow on solids flow
structures and the observed linear relationship between transport parameters, a 3D Eulerian—
Eulerian modeling framework was employed (RQ4). At low Péclet numbers, this interplay
results in the formation of coherent, counter-rotating vortices along bubble paths. In contrast,
at high Péclet numbers, convection becomes dominant, disrupting these macrostructures and
producing more elongated solids flow patterns, which, in turn, enhance solids mixing.
Microscale dispersion was found to be primarily driven by bubble- and eddy-induced
turbulence, rather than by random particle motions or collisions.

The investigation of frictional losses induced by solids crossflow (RQ5) revealed a nonlinear
relationship between the normalized pressure gradient and the mean horizontal solids
velocity (ranges of 15485 Pa/m and 0-0.101 m/s, respectively, on an up-scaled basis). The wall
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5. Conclusions

shear stress values were in the range of 10-140Pa, with corresponding wall shear rates of
2x10°-0.45s7, exhibiting shear-thinning behavior. The solids velocity decreased with
increasing channel width, highlighting the significant impact of bed-wall friction on solids
transport. Furthermore, frictional resistance, as characterized by the Fanning friction factor,
decreased with increasing Péclet number, reflecting reduced viscous losses and lower energy
demand as convective transport became dominant. Rheological analysis using the u(I)-
constitutive model confirmed that the system operated within the dense flow regime, with
inertial numbers in the range of 10°-10-2 and effective friction coefficients in the range of 0.03-
0.3.

Analysis of lean-phase particle transport (RQ6) revealed a positive correlation between
dispersion and convection. The dispersion coefficients for lean-phase particles were
consistently higher than those for bulk-phase solids, and they remained similar across varying
fluidization levels. Under high fluidization conditions, the lean-phase particles exhibited
lower horizontal velocities than the bulk phase. In contrast, at low fluidization numbers, they
formed a uniform layer above the dense bed and were transported at higher horizontal
velocities than the solids crossflow. The trajectory analysis indicated that the majority (70%-—
85%) of the lean-phase particles resided above the dense bed surface, where increased bulk
solids crossflow and bed height promoted forward movement.
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6. Future work

6. Future work

This thesis focuses on the characterization of transport mechanisms for both bulk-phase and
lean-phase solids in bubbling fluidized beds with solids crosstlow, with particular emphasis
on thermochemical conversion applications. The work was performed under non-reactive
conditions, using established scaling laws to ensure industrial relevance. However, in many
industrial systems, particle properties evolve over time due to chemical reactions, thermal
effects, or processing steps. In thermochemical reactors, fuel particles undergo
transformations, such as reductions in size and density, ash formation, fines generation, and
increased cohesion at high temperatures, each of which can significantly impact mixing,
hydrodynamics, and process stability. Similarly, during pharmaceutical manufacturing,
dynamic changes in the particle size distribution, surface properties, and moisture content
during operations, such as granulation or drying, also affect the mixing and product
uniformity. Future research should investigate how changes in particle properties under
reactive or processing conditions influence the mixing, solids circulation, and interactions
between solid phases over time.

The modeling approach used in this thesis for the bulk-phase solids flow, specifically the
Eulerian—Eulerian CFD model, enables detailed characterization of both macro- and micro-
scale transport mechanisms. This approach provides insights into vortex structures, bubble-
driven eddies, and the interplay between convective and dispersive transport across a range
of operating conditions. However, these models do not fully resolve the detailed particle-
bubble and particle-particle interactions that can influence local mixing behaviors. Fully
particle-resolved simulations, such as the Discrete Element Method (DEM), could in principle
provide this level of detail. However, DEM simulations of dense beds with millions of particles
are currently computationally prohibitive. Future research could therefore pursue hybrid or
coarse-grained modeling strategies in conjunction with advanced experimental diagnostics to
resolve and validate fine-scale phenomena. For the lean-phase particles, the current modeling
framework uses a decoupled Eulerian—-Eulerian field with Lagrangian tracking for the
secondary phase, assuming that the lean-phase solids do not influence the dynamics of the
bulk-phase solids. While this assumption is appropriate at low concentrations of lean-phase
solids, at higher loadings or in systems where stronger coupling is expected, two-way or four-
way coupling may be necessary to capture interactions with greater accuracy.

Furthermore, the analysis presented in this work is conducted on a section of the transport
zone located sufficiently downstream of the conveying zone, where the flow is assumed to be
stabilized, and the resulting flow structures are characteristic of the overall transport loop.
Although the fluidization velocity in the conveying zone is the primary parameter influencing
the solids crossflow, it is systematically controlled, and the conveying zone constitutes only a
minor fraction of the horizontal flow path. Therefore, a detailed investigation of its dynamics
was not required to meet the objectives of this study. However, in actual industrial designs
(e.g., for pharmaceuticals, chemical reactors, food processing) in which the conveying and
transport regions are closely integrated, careful analysis of the configuration that introduces a
solids crossflow can be crucial for understanding the flow patterns and overall process
performance.
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6. Future work

This study employs non-intrusive magnetic solids tracing, which is restricted to surface-
resolved measurements and requires signal conversion via a calibration factor to estimate
concentration profiles. Therefore, future work should consider advanced diagnostics. In
particular, there is a need for high-resolution, simultaneous measurements of the velocity and
solids concentration within the dense region of the bed, where conventional methods cannot
capture the full three-dimensional complexity of solids transport. Advancements in this area
would enable more precise characterization of local mixing, phase distribution, and
mechanisms of solids transport. This knowledge will be essential for improving the
mechanistic understanding and validating high-resolution CFD models of crossflow systems.
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Nomenclature

A Cross-sectional area [m?]

Ar Archimedes number [-]

@b Geometrical parameters, as defined by the Kozicki et al. model; L]
see Table 2-1.

C Geometrical constant [-]

Cp Drag coefficient [-]

C; Concentration [kg/m?3]

Cp Specific heat capacity [kJ/(kg-K)]

Cu Cy Geometrical parameters, as defined by the proposed rheological L]
model

D Dispersion coefficient [m?/s]

D, Equivalent bed diameter [m]

Dy, Hydraulic diameter [m]
Mean particle diameter

@ Also denoted as d, in some instances. [m]

E Energy flux [W]

E(t) Exit age distribution [-1

e Coefficient of restitution [-1
Particle force

F Note: Superscripts B and D denote the buoyancy and drag [kg-m/s?]
components, respectively; see Table 2-4.

FN Fluidization number, uo/ups [-1

Fr Froude number [-]1

Fregion fractior’l, of particles in the specified region (either “dense” or L]

splash”)

fr Fanning friction factor [-]

G Solids’ circulation rate [kg/(m2s)]

g Gravity constant, 9.81 [m/s?]

9o Radial distribution function [-1
Bed height

H Note: The “b” in the subscript denotes the “expanded” bed [m]
height; see Eq.[8].

I Inertial number [-]

Iy Constant, u(I) constitutive law [-1

Lp 2nd invariant of the deviator of the rate of strain tensor [s2]

ig Dead zone index [-]
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K Flow consistency index constant; see Table 2-1. [Pa-sn]

k* Flow consistency index [Pa-s™]

L Length [m]

m Mass [kg]

Nesr Number of reactors in the tank-in-series component of the [l
compartment model

n* Flow behaviour index [-]

P Pressure [Pa]

AP Pressure drop [Pa]

B, Particle pressure [Pa]

PSD Particle size distribution [-]

Q Volumetric flowrate [m3/s]
Reynolds number

Re Note: An asterisk in the superscript denotes a “generalized” -]
Reynolds number; see Table 2-1.

T Temperature K]

AT Temperature difference K]

t Time [s]

u Velocity [m/s]

U Fluidization velocity [m/s]

U Minimum fluidization velocity [m/s]

%4 Volume [m?]

w Channel width [m]

o~ C;'artesia'n coordinate system axes: x/z lie in the horizontal plane, [m]
y is vertical

Greek letters:

P Geometrical parameter, as defined by the Delplace-Leuliet model; L]
see Table 2-1.

Bgs Inter-phase momentum exchange coefficient [kg/(m3s)]

y Isentropic expansion factor [-]

Yo, Granular collision energy dissipation [kg/(m-s3)]

Va Apparent shear rate [s1]

YV Wall shear rate [s7]

€ Volume fraction [-]
Solids conveying efficiency [-]

B Granular temperature [m?/s?]
Ko, Granular energy conductivity [kg/(m-s)]
A Effective thermal tracing conductivity [W/(m-K)]
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Viscosity

u Note: Superscripts ¢, f, and k denote the collisional, frictional, and | [kg/(m's)]
kinetic parts, respectively, for solids shear viscosity; see Table 2-3.

u(h) Effective friction coefficient [-]

Uy Friction coefficient at high inertial numbers, u(I) constitutive law | [-]

Us Static friction coefficient, u(I) constitutive law [-]

'3 Bulk viscosity [kg/(m-s)]

p Density [kg/m?3]

T Mean residence time [s]

T Stress tensor [Pa]

Ty Wall shear stress [Pa]

@ Particle sphericity [-]

oy Angle of internal friction [-]

® Geometrical parameter, as defined by the modified Kostic- L]
Hartnett model; see Table 2-1.

Subscripts:

CSTR Continuous stirred tank reactor

czZ Conveying zone

fluid Fluidized state

g Gas phase

Ip Lagrangian particle

Mz Measuring zone

pf Pseudo-fluid

PFR Plug flow reactor

s Solid phase

TZ Transport zone
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Appendix A

Macrostructure
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Figure A 1: Particle pathlines in the analysis region for low and high bed heights (H) and volumetric flow rates of air in the conveying zone

(QCZ), at FNTZ Of 1.83.
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Appendix B

Peclet number, Pe [-]

Fanning friction factor, f [-]
Figure A 2: Péclet number versus Fanning friction factor in the direction of the crossflow

for the bed solids suspension studied.
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Appendix C
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Figure A 3: Lagrangian particle trajectories in the analysis region for low and high bed heights (H) and volumetric flow rates of air in the

conveying zone (Qcz), at FNyz of 1.83.
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Figure A 4: Temporal evolution of the fraction of lean-phase particles in the dense bed and splash regions, based on particle trajectories

obtained from the LPT simulation. Results are shown for low and high bed heights (H) and volumetric flow rates of air in the conveying
Zzone (ch), at FNTZ of 1.83.
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Figure A 5: (a) Time-averaged regional fractions and (b, c¢) normalized polar spike plots showing the angular distributions of the displacement
directions for lean-phase particles in the dense bed and splash regions. Results are shown for low and high bed heights (H) and volumetric

flow rates of air in the conveying zone (Q;z), at FN7z of 1.83.
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Figure A 6: Lagrangian particle trajectories in the analysis region for low and high bed heights (H) and volumetric flow rates of air in the

conveying zone (Qcz), at FNyz of 3.
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Figure A 7: Temporal evolution of the fraction of lean-phase particles in the dense bed and splash regions, based on particle trajectories

obtained from the LPT simulation. Results are shown for low and high bed heights (H) and volumetric flow rates of air in the conveying
zone (ch), at FNTZ of 3.
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Figure A 8: (a) Time-averaged regional fractions and (b, c¢) normalized polar spike plots showing the angular distributions of displacement
directions for lean-phase particles in the dense bed and splash regions. Results are shown for low and high bed heights (H) and volumetric
flow rates of air in the conveying zone (Q.z), at FN1z of 3.
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The mean velocity in the streamwise (x) direction and the fractional sample count were
determined separately for the splash (light-brown) and dense bed (dark-brown) regions.
Results are shown in Figure A 10 for a range of operating conditions at fixed bed height (H)
and conveying zone velocity (Qcz), at two fluidization levels: FNy; of 1.83 (top panel) and FNr,
of 3 (bottom panel). Regional contributions to net transport were calculated by summing all
the x-velocity observations within each region and normalizing with the combined sum from
both areas, thus quantifying the proportional influence of each region on the overall
convective transport.
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Figure A 10: Fractional sample counts in the splash (light-brown) and dense bed (dark-
brown) regions for low and high bed heights and air-conveying zone velocities (Q;z), at
two fluidization levels (FN; of 1.83, top; FNrz of 3, bottom).
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Appendix D
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Figure A 11: Comparison of lean-phase and bulk-phase solids in relation to: (a) solids
velocity; and (b) dispersion coefficient, both as functions of the corresponding bed solids
parameter (x-axis). The dashed gray line represents the reference value for bed solids.
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Appendix E

For the purpose of comparison, hot, large-scale experimental data from the dual fluidized bed
(DFB) system at Chalmers University were considered (described by Guio-Pérez et al. [149]).
This facility consists of a retrofitted 12-MW circulating fluidized bed (CFB) combustor
connected to a 2-4-MW bubbling fluidized bed (BFB) pyrolyzer, in which indirect heating is
achieved via external circulation of hot bed material from the CFB furnace. Only the BFB
pyrolysis unit—where a solids crossflow is established —is considered for comparison. Table
A 1 lists the key operating conditions, geometric parameters, and material properties for both
the Chalmers BFB module and the corresponding up-scaled values for the cold-scale unit used
in this study (length-scaling factor of 0.12).

Table A 1: Summary of the main parameters for the industrial-scale fluidized bed and up-
scaled cold-flow model ([L]=0.12).

Parameter Unit Cold-flow model ((;c;ii—cficl);)model ?E;?;debe q
Cross-sectional area m2 0.11x1.24 0.92x10.35 1.44

Bed height m 0.08-0.10 0.67-0.83 0.40
Temperature °C 20 800 830
Fluidization velocity [m/s] | 0.14-0.23 0.39-0.65 0.097-0.155
Fluidization number - 1.83-3.00 1.83-3.00 1.93-3.09
Fluidization medium - Air Air Steam

Bed material - Bronze Silica sand Silica sand
Mean particle size, bed material | pm 125 950 270

Particle density, bed material kg/m3 | 8,770 2,650 2,655

Particle size, fuel particle mm D2x3 20%30 g::?;;g*%*
Particle density, fuel particle kg/m3 ;:g;g:* g;g; 0+ ??0493* 66+

x| Devolatilized biomass

** | Fresh biomass

Bed material was circulated in the BFB pyrolyzer such that solids entered at one corner of the
reactor and exited through an overflow baffle at the opposite end of the unit, establishing a
crossflow of solids over the bed. Batches of woody biomass pellets (85-130 g) were introduced
for each run, with 5-6 repetitions performed for each combination of bed solids crossflow rate
(0.004 and 0.01 m/s) and superficial gas velocity (0.027, 0.036, and 0.044 m/s). Fuel mixing was
characterized by tracking pellet motion at the bed surface using a non-intrusive camera probe
positioned above the bed, enabling time-resolved video capture of a good part of the bed
surface [149,150]. Digital image analysis was applied to the video frames to segment and track
the positions of individual biomass particles over time, using centroid detection and linking
positions between consecutive frames, as described by Sette et al. [150].
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Figure A 12: Left: Schematic showing the camera probe position within the retrofitted 2-4-MW BFB module. Center: Representative video

frame from the digital image analysis, indicating the direction of the bulk-solids crossflow alongside the marked inlet/outlet bands. Right:
Residence time distributions for observed fuel particles at the inlet and outlet bands, derived from image-based tracking.
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Horizontal dispersion was quantified from the distribution of particle observations in the inlet
and outlet bands (see Figure A 12), enabling approximate construction of RTD profiles.
Dispersion coefficients were estimated from the RTD data using Einstein’s relation, assuming
dispersion-dominated transport with negligible net convection [149]. The characteristic length
was defined as the distance between the two bands (~1.2 m in this case) [149].

Figure A 13 presents the relationship between the fuel dispersion coefficient and bed solids
crossflow, comparing results from the cold-flow model (up-scaled values reported in the
figure) with those derived from the hot-scale experiments. In both cases, the data indicate that
increasing the solids bed crossflow significantly enhances the fuel dispersion coefficient. The
steepest trend is observed in the hot-scale experiment (0.4 m), while less-pronounced slopes
of 0.67 m and 0.83 m are seen in the up-scaled cold-flow cases.
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Figure A 13: Comparison of the fuel dispersion coefficients as a function of the bed solids
crossflow in the cold-flow (up-scaled) and hot-scale experiments.
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