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The mixing of larger particles (e.g., fuel particles) in a bubbling fluidized bed is governed by buoyancy and drag,
which correspondingly promote segregation and internal circulation. Prior studies have shown that gas released
from such particles during drying or devolatilization can generate so-called endogenous bubbles, which exert an
effective lift force on the particle. However, the impact of gas release under bubbling conditions and with over-
bed particle feeding, remains unexplored. This study investigates how gas release influences the mixing of such
particles in a bubbling fluidized bed. Experiments were conducted in a fluid-dynamically downscaled model
simulating biomass pyrolysis at 700 °C in a bed of silica sand fluidized with flue gas using magnetic particle
tracking and gas-releasing tracers. Different behaviors were observed depending on the fluidization velocity. At
low fluidization velocities (up/ups < 2), buoyant particles sink slightly deeper by locally reducing the concen-
tration of surrounding suspension, whereas heavy particles experience inhibited sinking resulting in preferred
positions closer to the bed surface. As fluidization velocity increases beyond up/ums > 3.5, the effect of gas
release on axial mixing diminishes, while the lateral mixing becomes more pronounced, with the dispersion

coefficient enhanced by up to 40%. These findings inform industrial fluidized-bed design.

1. Introduction

Fluidized beds are widely used at industrial scales due to their higher
degree of gas-solid mixing, which results in superior interphase heat and
mass transfer rates compared with other gas—solid contacting systems.
These advantages have supported their extensive commercial applica-
tion since the early 1940s in synthesis, thermochemical conversion, and
various physical operations [1-4]. In many applications, fluidized beds
contain more than one solid phase, each with distinct physical proper-
ties. While the fluidization of a single solid phase already produces a
complex heterogenous system, the introduction of a secondary solids
phase gives rise to additional interactions that can strongly influence the
process performance. A homogenous solid distribution is often desirable
to ensure effective contact between reactants, whereas controlled
heterogenous distributions can be advantageous in processes aiming at
narrow residence time distribution or solids separation [5,6]. Conse-
quently, the mixing of solid phases becomes a key aspect of the process
design that must be understood and controlled. In fact, previous studies
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have investigated the mixing behavior of the lean solids phase (e.g. fuel
particles) relative to the bulk solids phase, providing valuable insights
into the systems where such lean solids particles undergo thermal and/
or chemical conversion [7-13]. These conversion systems involve
industrially important fluidized-bed processes, in which the mixing of
the lean solids phase relative to the bed material directly governs the
process performance. Examples of this are: (i) in biomass fast pyrolysis
and gasification, woody feedstocks (such as wood pellets, wood chips,
torrefied biomass, or coarser residues) are continuously fed over a bed of
silica sand or olivine, and their residence time and axial position in the
bed govern the degree of devolatilization, and the char and tar yields
[14-18]. (ii) In the pyrolysis of plastics (chemical recycling), denser
polymer flakes such as PET tend to segregate axially and accumulate
near the bottom of the fluidized bed, where their segregation and ag-
gregation behavior is directly linked to local residence time, fluidization
quality, and the risk of bed defluidization [19-21], which in turn can
influence conversion and the resulting product quality. (iii) In catalytic
and thermal pyrolysis of mixed-feedstock, fuel particles of one density
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and size class come in contact with catalyst or bed-material particles of
very different properties, and the relative mixing and segregation of
these phases governs fuel-catalyst contact and thereby the conversion
rates [22-24]. Underlying these examples is a complex interplay of
particle properties and fluidization conditions that govern particle
mixing in fluidized beds and directly influence conversion rates and
process efficiency.

The bubble flow has shown to play a pivotal role in the solids mixing
in fluidized beds [25-29]. Rising bubbles drag both bulk and lean solid
particles in their wake, creating regions of upward solids flow. Upon
eruption at the dense bed surface, the lifted particles are splashed back
onto the bed surface [30,31]. Meanwhile, solids in the suspension
around the rising bubbles move downwards to fill the void, creating
regions of downward solids flow [32]. The bubbles driving these solids
mixing can originate from the excess fluidization gas — called the exog-
enous bubbles. Alternatively, bubbles may evolve from gases released by
particles themselves during physical and/or chemical processes (e.g.,
drying, devolatilization) — in which case they are called endogenous
bubbles. In the industrial conversion processes described above, these
two bubble sources act simultaneously: the fuel particles generate
endogenous bubbles as they release gas, while being driven through the
bed by the solids circulation induced by the exogenous bubbles.

Previous experimental studies on endogenous bubbles, reviewed in
Section 2, have advanced understanding of single-particle lift but share
methodological limitations that restrict their applicability to industrial
conditions. Most of these investigations focused on buoyant gas-
releasing particles fed beneath the surface of a bed at minimum fluid-
ization conditions, thereby making it possible to observe both the for-
mation of distinct endogenous bubbles and unequivocally correlate
them to the lifting effect on the studied particles [33-37]. The studies
conducted at fluidization velocities beyond minimum fluidization [35]
covered a very low fluidization range (1 < ugp/upf < 2) and faced the
challenge of differentiating between endogenous and exogenous bubbles
as bubbles of these two types exchange gas and are likely to coalesce.
Furthermore, the mixing of solids in the lateral directions, despite its
importance in reactor design, remains largely unexplored. In fluidized
beds containing several types of solids (e.g., bulk solids and fuel parti-
cles), the rate of lateral mixing can vary significantly between solids
[38-40], suggesting that gas release may also affect the lateral disper-
sion of solids.

Fluidized beds aimed at processing gas-releasing solid feedstock (e.
g., materials with high moisture and/or volatile content such as biomass,
waste, and plastics) typically involve fluidization velocities well above
minimum fluidization. These conditions have not been studied in liter-
ature. Industrial setups also often use over-bed feeding rather than in-
bed feeding considered in previous work. Typical feedstock particles
are generally lighter and larger than the bulk solids and tend to segre-
gate to the dense bed due to buoyancy [9,41-45]. Moreover, all the
previous studies on gas-releasing particles used spherical particles with
gas release across the entire particle surface, whereas gas release from
drying and devolatilization of larger biomass particles occurs preferen-
tially along the fiber structure [46]. It results in directional gas release
that can have the potential to push the particle by means of a small
thrust [47].

The primary aim of this study is to investigate the effect of gas-
release on the mixing behavior of particles larger and lighter than
bulk solids in a fluidized bed under bubbling conditions. Both axial and
lateral mixing are examined along with the net force acting on the
particle to quantify the impact of gas release. To achieve this, 3D mag-
netic particle tracking is employed, enabling non-invasive, high-reso-
lution measurement of particle trajectories. The effect of fluidization
velocity, the gas-release rate, and the density and size of the gas-
releasing particle are studied under operating conditions relevant to
industrial applications (a 0.71 x 0.71 m? bed at Up/Upf = 1.5-5,
reproduced through fluid-dynamic scaling).
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2. Research Background

The concept of endogenous bubbles was first introduced by Yates
et al. [48] who, based on empirical observation, suggested that volatiles
released from coal particles ascend through the bed in the form of
bubbles and proposed modeling their contribution to bed dynamics
using the two-phase theory of fluidization. Subsequently, research
employing advanced measurement techniques also indicated structural
and behavioral similarities between exogenous and endogenous bubbles
[49]. Using X-ray imaging at 730 °C under minimum fluidization con-
ditions (thus in the absence of exogenous bubbles), Iannello et al. [49]
observed that endogenous bubbles formed during the conversion of 12
mm beech wood injected at the bottom of the bed closely resembled the
features of exogenous bubbles. These bubbles exhibited a gas-rich core, a
surrounding cloud of entrained bulk solids, and a dense wake region
beneath them where solids are dragged upward.

Fiorentino et al. [33] examined, also under minimum fluidization
and in-bed feeding conditions at 850 °C, the impact of endogenous
bubbles on the mixing of various fuel particles. They found that gas-
releasing particles segregate to the bed surface on timescales much
shorter than their devolatilization time. Buoyant particles ascended
almost instantaneously, lifted by a single endogenous bubble, whereas
heavier particles required multiple endogenous bubbles and therefore
rose in a stepwise manner. Ascent times ranged from 2 to 10 s depending
on the density and volatile content of the particle and were essentially
independent of the particle size of the bulk solids. In contrast, similarly
heavy particles did not rise to the bed surface in the absence of gas
release or required much longer than 10 s to do so, even in the presence
of exogenous bubbles. These findings led to the conclusion that, under
minimum fluidization conditions, endogenous bubbles contribute to
particle lift and promote faster axial segregation of buoyant particles.
Bruni et. al [37] extended this work, still under minimum fluidization
conditions at 800 °C, using x-ray imaging of biomass particles devola-
tilizing in a bed of hot sand. They reported that, in the presence of lighter
bulk solids with a density comparable to that of the gas-releasing par-
ticle, the endogenous bubbles failed to lift the particle, resulting in an
oscillatory axial motion instead, and thus did not enhance the segrega-
tion. These contrasting results pointed towards a dominant impact of net
buoyancy on segregation.

Tannello et al. [19] observed that converting plastic particles melted
instantly and tended to agglomerate with the bulk solids, remaining near
their injection point. This occurred regardless of whether the particles
were introduced below or at the bed surface. This behavior contrasts
with the biomass or coal particles, which consistently segregate towards
the bed surface in the presence of gas-release.

Solimene et al. [35] investigated the effect of endogenous bubbles on
the upward motion of non-buoyant gas-releasing particles injected at the
bottom of the bed at fluidization velocities slightly above minimum (1 <
up/upyf < 2) in a cold bed. They observed the formation of endogenous
bubbles at minimum fluidization conditions and further quantified their
contribution to the particle lift at velocities above minimum by esti-
mating the net upward force generated during the bubble growth, which
they then termed lift force. They also proposed a correlation linking this
lift force to the particle size and the gas-release rate, which has since
been widely adopted [34,36,50,51]. Iannello et al. [36,49] experimen-
tally measured the size of endogenous bubbles (under conditions similar
to [27]) and refined the original lift force correlation by introducing a
fitting parameter representing the fraction of released gas that contrib-
utes to bubble formation.

The momentum flux of gas-releasing particles reflects the intensity of
local disturbances imparted to the surrounding bed. Based on the data
reported by Solimene et al. [35], the calculated momentum flux is
relatively high (10~° kg.m/s?), indicating that the particles strongly
influence the local bed hydrodynamics, potentially creating bubbles or
jets. Based on the data from Iannello et al. [49], the estimated mo-
mentum flux is much lower (107%-1077 kg.m/s?), suggesting a
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comparatively minor contribution to the surroundings of the particle.
3. Methodology

3.1. Experimental setup and procedure

The cold flow model used in this work is designed and operated
according to Glicksman's full set of fluid-dynamic scaling laws [52]. The
model resembles the gas-solids flow for biomass pyrolysis at 700 °C in a
bed of silica sand (760 pm, 2600 kg/m?>) fluidized by flue gas in a unit of
0.71 x 0.71 m? and with a static bed height of 0.16 m. Table 1 lists the
scaling ratios as well as the operational conditions and the gas and solids
properties for both the reference unit and the cold model. With a length
scaling factor of 0.26, the cold model has a cross-section of 0.17 x 0.17
m? and a bed height of 0.04 m (at rest), consisting of bronze particles
(189 pm, 8492 kg/m>) fluidized by ambient air. The minimum fluid-
ization velocity of the gas-solids pair used in the cold model is 0.084 m/
s. Fig. 1 schematizes the cold flow model and the corresponding in-
struments used in this work. While many fluidized-bed units for endo-
thermic reactions employ cylindrical geometries, square and rectangular
cross-sections are common in large-scale fluidized bed systems involving
large solids streams, e.g., indirect gasification/pyrolysis or direct
reduction of iron ore, where it is cost-advantageous in terms of con-
struction and integration with solids inlets/outlets and for control of the
residence time distribution. A representative example is the Chalmers
2-4 MWy, indirect biomass gasifier [14], which has a rectangular cross-
section.

Two types of solids tracers are used in this study: non-releasing
(hereafter called blank) and gas-releasing. The blank tracers are used to
capture the dynamics of a large particle immersed in the bed and serve
as a control against which the behavior of the gas-releasing tracer is
evaluated. Rather than focusing on the formation and dynamics of
endogenous bubbles, the present work centers on the resulting move-
ment of the particle in response to the gas release. To this end, particle
motion is tracked using the non-invasive 3D magnetic particle tracking
(MPT) technique [53], implemented with a measurement system pro-
vided by the Research Institutes of Sweden (RISE). The MPT system
consists of eight sensors mounted on the outer surface of the bed walls,
enabling spatial localization of a magnet embedded in the core of the
tracer particle (Fig. 1c). Particle positions were resolved with an accu-
racy of 1 mm at a sampling rate of 100 Hz.

The tracers used have a cylindrical shape with a length-to-diameter

Table 1
Characteristics of the reference reactor and the corresponding cold model. Fluid-
dynamical scaling done according to Glicksman's full set [52].

Parameter Hot reactor Cold flow
simulated model used
Temperature [°C] 700 20
Operational Pressure [atm] 1 1
diti Mini fluidizati
conditions inimum fluidization 0.16 0.084
velocity [m/s]
Flue gas Air
Fluidization gas Density [kg/m>] 0.36 1.20
Viscosity [N/(mes)] 4,07 x 107° 1.83 x 107°
Silica sand Bronze
B ial bulk
ed ma:zlri‘;s "K' particle density [kg/m®] 2600 8492
Mean particle size [mm] 0.789 0.189
Wood chips Tracer
Feeg:i"cclt Particle density [kg/m?] 300-700 990-2300
P Mean particle size [mm] 1-130 0.26-34
Scaling ratios Length 0.26
cold Time 0.509
[Tm] Mass 0.06

Fuel Processing Technology 291 (2026) 108542

ratio of ~1.5. Three tracer classes were used (each of which was engi-
neered in both blank and gas-releasing versions): (i) Reference (size and
density representing a typical large biomass pellet or wood chip), (ii)
Larger (increased size compared to reference, representative of coarser
woody feedstock such as directly fed wood chunks), and (iii) Heavier
(increased density compared to reference, representative of denser
feedstock such as anthracite or densified char/coal). The physical
properties of these fuels represented by these tracer classes are plotted in
Fig. 2 and contrasted against the properties of typical bed material
(Silica Sand or Olivine) and industrial fuel and feedstock particles.

The tracer particles consist of a cylindrical case holding a 3 x 3 mm
cylindrical magnet in its center. The gas-releasing tracers additionally
contain dry ice, which sublimates as CO; gas (hereafter referred to as
tracer gas) and is released from the particle through porous caps at both
flat ends of the cylindrical particle, thus mimicking the directional
release of moisture and volatiles during biomass drying and devolatili-
zation (Fig. 1b). Gas-releasing tracers have the exact same size as their
corresponding blank counterparts, while density differs by 5-10%, i.e.,
small enough to assume no significant impact on their mixing behavior.
The difference in mass progressively decreases during the experiment as
the dry ice sublimates, leading to increasingly similar particle densities.
The properties of all 6 different tracer particles are listed in Table 2.

Given the presence of dry ice in the tracers, the bed temperature
could potentially drop. However, a thermocouple immersed in the bed
registered a stable temperature throughout the experiment and between
repetitions. The CO5 concentration is measured at the outlet duct of the
setup using a gas probe. The sampled gas is analyzed in an X-STREAM
Gas Analyzer (XEGK, Emerson), and the concentration is logged at 1 Hz.
To ensure representative sampling, the gas leaving the unit is homoge-
nized upstream of the sampling position by letting it pass through a
section of packings.

The time evolution of the gas flow released by each tracer is pre-
sented in Fig. 3, expressed as both superficial velocities at the flat sur-
faces of the cylindrical particles and as volumetric flowrates. This
instantaneous gas-release rate is calculated from a mass balance closure
using the total air flow rate injected for fluidization and the CO; con-
centration measured at the outlet duct. The corresponding volumetric
flowrates and superficial velocities are derived assuming the gas holds
the bed temperature measured by the thermocouple. Uncertainties in
the estimated release rates may arise from the imperfect mixing of COz in
the outlet gas, potential bypassing of CO2 through the tracer insertion
port, and the asymmetry in the gas release rate from both tracer ends.
The characteristic time delay of the gas measurement system is
measured beforehand and considered to build the time evolution curves
in Fig. 3. The COz concentration in ambient air is deducted as
background.

As shown in Fig. 3, the release of CO5 is not constant throughout the
experiment; an initial peak followed by a gradual decrease was consis-
tently observed for all experiments. Based on literature data for smaller
biomass particles (5-20 mm), which exhibit devolatilization times of
33-201 s under inert conditions at 560-740 °C [54], expected gas-
release velocities can be estimated for biomass particle considered
here. For the reference biomass particles resembled here (70 mm, see
Table 2), devolatilization times are expected to be 100-200 s for 80%
volatile content, yielding expected time-averaged velocities of
~0.06-0.12 m/s. The peak velocities observed here (~ 0.05 m/s) fall
slightly below the expected time-averaged release rate but are still
considered representative for a considerable part of the devolatilization
process. These velocity values are also comparable to the velocity range
calculated from the data reported by Iannello et al. [49] for 12 mm
biomass at 730 °C (0.01-0.1 m/s. For the higher release rates (30 x
107% m3/s) of the reference tracer, the corresponding momentum flux is
on the order of 10> kg.m/s?, within the range estimated from previous
works [35,49], and so, expected to noticeably affect the local bed
hydrodynamics.

Experiments were performed at four fluidization numbers (up/upns =
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Fig. 1. (a) Schematic of the experimental setup (0.17 x 0.17 m? in cross-section) indicating the location of the thermocouple and the gas measurement probe, (b)
depiction of the gas-releasing tracer particle, and (c) sensor arrangement for the Magnetic Particle Tracking (MPT) system.
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Fig. 2. Property-space map including the three tracer classes used in this work
(Reference L70 — p550, Larger L115 — p550, Heavier L67 — p1500) relative to
representative industrial fuel/feedstock particles and bed materials.

1.5-5). The tracer was manually released at 0.12 m above the bed sur-
face (from the tracer dropping hole illustrated in Fig. 1). Preliminary test
confirmed that this height has no effect on the resulting movement of the
tracer once in the bed. The trajectory acquisition was initiated 6 + 3 s
after the tracer release. The analysis, therefore, focuses on the lateral
mixing of lean-phase solids within the bed and excludes the initial bed

Table 2
Characteristics of the tracer particles used. All tracers have a length-to-diameter
ratio of 1.5.

Tracer Size (cylinder length) Density [kg/m3]
Particle [mm]
T
ype Resembled Cold Resembled Cold
hot down- hot down-
condition scaled condition scaled
test test
Reference Blank 498 1800
Tracer
Particle 70 17 Gas-
L70 - releasing 553 2000
p550
Larger Blank 525 1900
Tracer
Particle 115 28 Gas-
L115- releasing 553 2000
p550
Heavier Blank 1438 5200
Tracer
Particle 67 16 Gas-
L67 - releasing 1507 5450
p1500

immersion period. Blank tracers are tracked continuously for 60 min,
whereas gas-releasing tracers are tracked until complete sublimation of
dry ice, typically 10-15 min. Each experimental condition is repeated 5
times to ensure the statistical robustness of the data acquired.
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Fig. 3. Time evolution of gas release velocities and corresponding gas release
rates for the different tracer types and fluidization velocities. Values in the plot
are upscaled using scaling factors listed in Table 1. Shaded regions indicate
variability between repetitions. (a) Reference tracer L70-p550; (b) Larger tracer
L115-p550; and (c) Heavier tracer L67-p1500.

3.2. Data processing

The tracer trajectory throughout the experiment is provided by the
MPT system. The tracer axial positions recorded within the dense bed (i.
e., excluding the splash zone) are used to calculate the mixing index, M,
ranging from 0 (complete segregation) to 1 (perfect mixing), according
to:

M=1— Gdistribution (1)

Gmax
where, 6gisribution 1S the variance of the measured axial distribution of
tracer particle positions, and o, represents the variance at complete
segregation (the hypothetical state in which the particle remains
confined to a single horizontal layer of the dense bed).
The lateral dispersion coefficient of the lean solids (Dx,) is calcu-
lated using the Einstein relation for Brownian motion [55]:

2
Ayy

Dy, =
Y 2At

(2)

where A, is the lateral net displacement over the time interval At. To
ensure that the calculated dispersion reflects macroscopic mixing, a
threshold value of A,y = 0.125 m (upscaled) is used to disregard small-
scale motions, following the methodology of [56]. Each time the tracer
displacement from the last recorded position exceeds this threshold
length, a new dispersion coefficient value is calculated, and the refer-
ence position is reset, yielding multiple independent values per trajec-
tory. Further, only conditions where the tracer made at least one
qualifying displacement every 10 s on average were included. By
differentiating the tracer position in time, the tracer acceleration and,
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consequently, the net external force acting on it at any given time can be
calculated.

4. Results

The acquired trajectories are studied for axial and lateral movement
separately, both in aggregated (combining repetitions) and dis-
aggregated (specific trajectories) form. The results presented in this
section are shown on an upscaled basis, i.e., applicable to the hot and
large-scale conditions listed in Table 1. The three tracer classes — L70-
p550 and L115-p550 representing buoyant biomass feedstocks (wood
pellets and barks / branches / residues, respectively) and L67-p1500
representing densified char — span the property range of industrial
fluidized-bed fuel particles mapped in Fig. 2.

4.1. Axial mixing

Fig. 4 compares the distributions of axial positions of gas-releasing
and blank tracers for all three tracer classes and across four tested
fluidization velocities. Irrespective of whether the tracer releases gas or
not, the reference (L70-p550) and larger (L115-p550) tracers predomi-
nantly remained near the bed surface (buoyant behavior), whereas the
heavier (L67-p1500) tracer exhibited substantial immersion within the
bed (non-buoyant behavior). Increasing fluidization velocity has a
similar effect in all cases: shifting the axial distributions upward, and
making it broader (most clearly observable in Fig. 4a). In other words,
higher fluidization velocities led to broader axial distributions for all
tracers, meaning an enhanced mixing, which is consistent with the
trends reported in the literature [10,12].

When comparing blank and gas-releasing pairs, the effects are
different depending on the buoyancy of the particles. For the reference
(L70-p550) and larger (L115-p550) tracers (Fig. 4a and b), at lower
fluidization velocities (up/ums < 2), the gas-release has the effect of
shifting the average vertical location to slightly lower locations
(compared to the blank counterparts), indicating the partial immersion
of the particles that would otherwise float at the bed surface. This effect
weakens with increasing fluidization velocity and becomes negligible at
ug/upys > 3.5.

In contrast, gas release strongly affects the distribution of axial po-
sitions for the heavier (L67-p1500) tracer (Fig. 4c). At low fluidization
velocities (up/ums < 3.5), the blank tracer is predominantly confined to
the lower third of the dense bed, whereas the gas-releasing tracer exhibits
a significant share of positions near the upper dense bed, particularly at
ugp/upms = 2. With increasing fluidization velocity, this difference pro-
gressively diminishes until disappearing at up/upms = 5, where the axial
distributions of gas-releasing and blank tracers are nearly indistinguish-
able from each other.

Fig. 5 assesses the effect of the magnitude of the gas release by
presenting the mean axial positions of the tracers as a function of the
instantaneous gas-release rate. Unlike Fig. 4, which aggregates data of
entire experiments (with changing release rates, see Fig. 3), Fig. 5 links
the instantaneous axial position and gas-release rate. The case up/umpf =
2 is taken here as it consistently exhibited the most substantial differ-
ences between the blank and gas-releasing tracers (already perceived in
Fig. 4). Higher gas-release rates are represented by relatively fewer data
points, as most experimental data correspond to intermediate or lower
release rates (see Fig. 3). Data corresponding to the blank tracer particles
appear at zero gas-release rate (in blue color). The location of the dense
bed surface is indicated by the grey-shaded band, for reference.

For the heavier (L67-p1500) tracer (of rather non-buoyant nature),
the magnitude of the gas release shows a clear connection with the axial
position. Fig. 5 shows that the gas-releasing tracer occupied positions
closer to the bed surface compared to the blank counterpart, for all,
except the higher gas release rates (> 40 x 10°° mg/s). Under those
conditions, the average position of the gas-releasing tracer became
similar (or even somewhat lower) than that of the blank tracer. The
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Fig. 4. Probability density function of the axial positions of the tracer particles for different fluidization velocities (up/ums = 1.5 and 2 in the upper row, and up/Um¢
= 3.5 and 5 in the bottom row); (a) Reference (L70-p550) tracer; (b) Larger (L115-p550) tracer; and (c) Heavier (L67-p1500) tracer.
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Fig. 6. Selected trajectory sections that exemplify the behavior of heavier (L67-
p1500) tracers for up/um¢ = 2. For the gas-releasing tracer, the trajectory cor-
responds to an intermediate release rate ~ 30 x 10~® m%/s. Each trajectory
collects 60 s of data. The grey-shaded slice indicates the bed-height interval.

reference (L70-p550) tracer (of rather buoyant nature) exhibits the
opposite trend and to a lesser extent. At low and intermediate gas-
release rates, the gas-releasing tracer was located deeper in the bed as
compared to the blank tracer (though still close to the bed surface),
whereas at high gas-release rates their mean axial position becomes
similar to that of the blank tracer. For the larger (L115-p550) tracer (also
buoyant), the gas-releasing tracer consistently exhibited slightly lower
average axial positions than its blank counterpart across the entire range
of gas-release rates.

To shed some light on the actual motion of the particle, the analysis is
complemented by examining single trajectories. While the information
aggregated from several repetitions identifies the statistically favored
regions as a function of the gas release rate, the single trajectory reveals
the nature of the underlying displacements. This is done exclusively for
the heavier (L67-p1500) tracer, as it was the one exhibiting the strongest
response to gas release. Fig. 6 shows a representative section of the
trajectory of the heavier (L67-p1500) gas-releasing tracer at up/Umps = 2
(as in Fig. 5), at a relatively higher gas-release rate of ~ 30 x 10~ m%/s
and compares it with the trajectory section of the corresponding blank
tracer.

The individual trajectory section shows that the gas-releasing tracer
has a rather restricted motion, both in axial and lateral directions. While
the particle may be found in a range of heights across different
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Fig. 8. Top view of the trajectory sections (60 s) of the reference (L70-p550)
tracer for up/ums = 5, for both blank and gas-releasing versions.

experiments, as indicated in Fig. 5, its displacements within a single
trajectory remain rather small. In contrast, the blank tracer traverses
nearly the entire bed height and a large fraction of the lateral cross-
section throughout the experiment. Similar restricted motion has been
reported by Bruni et al. [37] for particles with densities comparable to
that of the suspension.

To characterize the general ability of the tracer to mix in the bed and
compare different fluidization and gas release conditions, the mixing
index is calculated. Fig. 7 shows the mixing index for the heavier (L67-
p1500) tracer at different fluidization velocities and gas-release rates,
with the first column representing the blank tracer variants. Note that
the third row corresponds to the data series plotted in green in Fig. 5.
The mixing index increased with fluidization velocity for both blank and
gas-releasing tracers, highlighting the significant impact of the fluidiza-
tion conditions. At low fluidization velocities (up/ups < 2), the impact of
the gas release becomes more dominant, with increased gas-release rates
consistently yielding lower mixing index values than the blank
counterparts.
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Fig. 7. Mixing index of heavier (L67-p1500) tracer as a function of the release rate of tracer gas. The first bin (x = 0 m®/s) represents blank tracer particles.
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Fig. 9. Lateral particle dispersion coefficients of blank and gas-releasing tracers, for different fluidization velocities. Markers indicate values yielded by individual
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4.2. Lateral mixing

Gas release affects both the vertical and lateral motion of the particle.
Fig. 8 exemplifies lateral trajectories of the reference (L70-p550) tracer at
Uo/Upf = 5, comparing its blank (blue) and gas-releasing (red) variants. As
seen, the blank tracer tends to remain confined to a relatively small part
of the cross-section, with motion predominantly near the corner and
along the sidewalls, whereas the gas-releasing tracer traverses an
extensive part of the bed cross-section.

To quantify the ability of a particle to move and mix laterally, the
lateral dispersion coefficient is calculated. Fig. 9 presents this coefficient
for the four fluidization velocities tested, comparing values of the gas-
releasing tracers with their blank counterparts. Data for tracers at
lower fluidization velocities (up/umf < 2) are omitted because these
particles were stagnant in the bed, invalidating the calculation of a
dispersion coefficient that assumes free particle movement. For both
blank and gas-releasing tracers, the lateral dispersion coefficient gener-
ally increases with fluidization velocity, consistent with previous studies
[39]. In general, blank and gas-releasing tracers show coefficients of the
same order of magnitude; however, gas release typically enhances
lateral dispersion by 30-40%, with only a few exceptions: the larger
(L115-p550) tracer at up/ups = 5 and the heavier (L67-p1500) tracer at
ug/ums = 2. Dispersion coefficients resolved by release rate intervals of
tracer gas are reported in the appended Fig. A.3.

Understanding that the observed behaviors result from the in-
teractions between the particle and the surroundings, and how this
interaction is affected by the gas release, the net forces on the particle
are calculated and analyzed statistically. Fig. 10 shows the standard
deviations of the net external force acting on the heavier (L67-p1500)
tracer, along each spatial direction, comparing blank and gas-releasing
particles across three representative gas-release rate intervals (high —
30 x 107® m?/s, medium — 20 x 107® m3/s, and low — 10 x 107° m?/s).
The other two tracers exhibited similar trends, though with slightly
different magnitudes, and are not shown to avoid redundancy. The
magnitude of the standard deviations of the net force increases with
fluidization velocity for all cases. Differences between gas-releasing and
blank tracers are small across the three gas-release rates, indicating
comparable ranges of instantaneous net force fluctuations.

5. Discussion

In the following discussion, the tracer classes are referred to as

“lighter” and “heavier” (relative to the bulk solids) to keep the argument
applicable to fuel-mixing in general. The three tracers correspond to
specific industrial fuel particles: the Reference (L70-p550) represents
wood pellets, the Larger (L115-p550) represents bark, branches, and
other coarse residues, and the Heavier (L67-p1500) represents densified
char.

The motion of a particle immersed in a fluidized bed results from its
continuous momentum exchange with the surrounding gas-solids sus-
pension. Consequently, the properties of both the particle and the bed,
along with the prevailing bed dynamics, play a major role. Within this
momentum balance, one can make a division between surface forces
(like the drag force, determined by the relative velocity and solids
concentration of the immediate surrounding) and body (volume) forces
(like the net buoyancy of the particle relative to the bed, determined by
the density difference between the particle and the solids concentration
in its immediate surrounding), where the relative significancy of the
latter increases with the size of the particle studied (as the volume-to-
surface ration increases).

In the absence of gas release, the motion of large particles is gov-
erned by the competition between buoyancy and drag. At low fluidiza-
tion velocities (up/umf < 2), buoyancy dominates: blank lighter
(buoyant) tracers remain near the bed surface, while heavier (non-
buoyant) tracers immerse into the dense bed (Fig. 4a—c). This
behavior is consistent with previous studies [11,12,57-60] and reflects
conditions under which volume forces exert a stronger influence on
particle motion. Increasing the fluidization velocity (up/ums > 3.5)
strengthens the convective motion (velocities) in the bulk solids
resulting in increased drag forces, promoting both axial and lateral
transport [28,51]. Consequently, tracer axial distributions broaden
(Fig. 4) and lateral dispersion increases (Fig. 9).

When the particle releases gas, the outward gas flux (Stefan flow) is
expected to modify the local momentum exchange between the particle
and the surrounding suspension [13,33,35-37]. The underlying hy-
pothesis is that the released gas would displace nearby solids and could
create small, transient gas pockets near the release points at the longi-
tudinal ends of the particle [46]. As a result, the solids volume fraction in
these regions would decrease, producing local variations in the forces
that act on the particle, in particular, the effective downward drag force
acting on the particle would be weakened [61]. If the gas flow is suffi-
ciently high, it could induce an upward motion of the surrounding bulk
solids within the released-gas flow field. This upward bulk solids motion
could lift the gas-releasing particle upwards towards the bed surface, a
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mechanism often described in the literature as pseudo buoyancy or a lift
force [35,37,62]. These modified hydrodynamic interactions would lead
to a shift in the preferred axial position of the particle relative to the non-
releasing counterparts (Fig. 4), as discussed below.

Fluidization velocity is shown to modulate the extent of the impact of
gas release as seen in Fig. 4. The gas release can significantly impact on
the vertical distribution of the particle at low fluidization velocities (top-
row plots), while the impact is hardly noticeable at higher fluidization
velocities (bottom-row plots).

At low fluidization velocities, ug/ums < 2-3.5, where bulk solids
convection is weaker and the bed remains relatively dense, the gas voids
originating from the gas release may persist long enough to produce a
noticeable local increase in voidage around the particle. Under these
conditions of relatively low downward drag, the impact of the gas
release on the particle's behavior depends primarily on the particle's
body forces (i.e. net buoyancy). For lighter (buoyant) particles floating
near the bed surface, gas release displaces surrounding solids and causes
a slight downward shift in the mean vertical position of the particle
(Fig. 4a-b). For heavier (non-buoyant) particles fully immersed in the
suspension (Fig. 4c) the released gas is expected to rise in the bed as a

Fuel Processing Technology 291 (2026) 108542

region of high voidage, thus inducing a local rearrangement of the bulk
solids in its wake that effectively pushes the particle up by drift. This
mechanism is analogous to the entrainment induced by exogenous
bubbles [30] and also reported previously in literature [33,35-37]. This
pseudo buoyancy provides the heavier gas-releasing particles with an
extra lift that shifts its vertical distribution upward in the bed in com-
parison to the blank counterpart (see Figs. 4c and 5). In contrast to the
lighter particles, this lift is insufficient to bring the heavier particle near
the bed surface, but the combination of the negative buoyancy and the
asymmetric gas release (which might generate alternating void forma-
tion) are likely to contribute to the fluctuations in net vertical force
experienced by the particle. This yields an alternation of upward and
downward motions and thus a sort of vertical circulation. These vertical
excursions, however, remain limited in extent compared with the ver-
tical mixing of the blank counterpart (Fig. 6), consequently, yielding a
lower mixing index as reported in Fig. 7.

At high fluidization velocities, ug/ups > 2-3.5, bulk solids convec-
tion intensifies, and the fluidization gas gains more ability to sweep
away the gas released from the particle. Under these conditions, the
sustained formation of high-voidage regions around the particle is
minimized or prevented altogether. As a result, gas release produces
little or no modification of the particle immediate surround, thus
yielding no significant impact on the effective drag nor buoyancy.
Consistent with the literature [61], the effects of Stefan flow on the
mixing of the larger gas-releasing particles become negligible beyond a
certain fluidization number (ug/ups > 2 for lighter particles and ug/umps
> 3.5 for heavier particles, according to Fig. 4). While these threshold
values are specific to the particle and bed properties studied here, a
similar trend is expected for other systems. Above these thresholds,
particle axial motion is governed primarily by the bubble-induced cir-
culation of the bulk solids, with upward transport in bubble wakes
balanced by downward motion in the surrounding dense emulsion phase
[63]. Prior studies have shown that Stefan-flow effects weaken both at
high solids holdup and at high particle Reynolds number [61,64,65],
corresponding to conditions where the gas released is either strongly
confined by dense solids or rapidly advected away by the surrounding
gas flow. Consistent with these findings, the present results indicate that
gas-release effects are, across all particle types, noticeable for ug/upms <
3.5 and most pronounced at up/upys = 2.

Regarding mixing in the lateral direction, the impact of gas release
manifests at higher fluidization velocities by enhancing the lateral
dispersion (Figs. 8 and 9). This is likely associated with the asymmetric
gas release [47] between the particle ends, which induces repeated and
random small lateral displacements that increase lateral dispersion
beyond that experienced by blank tracers. This increase in lateral
dispersion due to the gas release is substantial under those conditions for
which the axial mixing is not significantly impacted, e.g., up/ums > 3.5,
see Fig. 4c and Fig. 9c.

Gas release does not significantly alter the fluctuations in the net
force experienced by the particles, as shown in Fig. 10. Instead, the local
perturbations in drag and buoyancy induced by gas release manifest as
shifts in the preferred axial position and spatial distribution, i.e. the gas
release makes the tracer find a new likely location/distribution in the
bed where it experiences similar force dynamics. While our measure-
ments reveal the particle trajectories and spatial distributions, they do
not sample the instantaneous properties of the gas-solids suspension
surrounding the particle, such as voidage or velocity. Consequently, the
contributions of modified buoyancy and drag due to gas release cannot
be quantified. Future work combining the present trajectory tracking
with local measurements or simulations of the particle surrounding is
therefore needed to fully characterize how the gas release alters the
motion of larger particles in fluidized beds.

6. Conclusion

The influence of particle-generated gas on the mixing of larger
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particles in a bubbling bed was investigated under different fluidization
velocities and for varying particle size and density, with the particles
being fed over the bed surface. Magnetic particle tracking was employed
in a fluid-dynamically downscaled unit to extract the motion of such
larger particles, investigating both gas-releasing and non-releasing
particles. Gas release was attained by dry ice sublimating from cylin-
drical particle tracers.

Results show that axial particle distribution is primarily governed by
particle density relative to the bed, while particle size plays a secondary
role. At low fluidization velocities, the buoyant particles (reference
tracer) experience a slight downward displacement into the dense bed as
gas-induced voids displace solids beneath them, which has been
observed during experimental runs. Particles of bigger size than the
reference tracer (larger tracer) exhibit the same axial behavior, indi-
cating that particle size has a limited effect on axial mixing under low
fluidization conditions. Non-buoyant particles of higher density (heavier
tracer), on the contrary, shift upwards their axial distribution along the
bed height upon gas release and exhibit a more restricted axial circu-
lation than their counterparts not releasing any gas.

As fluidization velocity is increased, the intensification of bulk solids
mixing fades the influence of gas release on the axial motion of the tracer
particles, disappearing beyond certain thresholds (up/ums > 2 for
buoyant and larger particles, and up/uys > 3.5 for heavier particles).
Instead, beyond these thresholds, the lateral dispersion of the tracer
particles is enhanced through small asymmetric impulses.

The fluctuations of the net force experienced by the tracer particles
are dominated by fluidization velocity rather than particle-generated
gas release. Thus, under specific conditions, a particle may modify its
spatial distribution upon gas release, but the new distribution adopted is
such that the dynamics of the net force experienced remain almost
unvaried.
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This appendix complements the data shown in Figs. 4 and 9. Fig. A1l provides the distributional statistics (median, quartiles, and event counts) that

characterize the underlying populations.
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Fig. A.1. Violin plots of the vertical tracer position for the three tracer classes, the blank and gas-releasing modes, and the four fluidization velocities tested
(Complementary to Fig. 4 in the main text). Each violin shows the kernel density estimate of the position distribution; the horizontal bar inside each violin marks the

median. Values are reported on an upscaled basis.

Table A.1 provides the numerical distributional statistics of the vertical tracer position for every condition shown in Fig. 4 and Fig. A.1, including
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the median, quartiles, IQR, skewness, and sample size. For unimodal distributions, the skewness value quantifies the lopsidedness of the single peak;
for bimodal or trimodal distributions (notable at several conditions of the heavier tracer), a single skewness value does not faithfully describe the
distributional shape and should be interpreted alongside the corresponding violin plot in Fig. A.1.

Table A.1
Distributional statistics of the vertical tracer position [m] for the three tracer classes in the blank and gas-releasing modes, and all the fluidization velocities tested
(Complementary to Fig. 4 in the main text). Values are reported on an upscaled basis.

Particle FN Mode Median Q1 Q3 IQR Skewness Datapoints
15 Gas-Releasing 0.2144 0.2067 0.2244 0.0178 0.498 476,705
Blank 0.2168 0.2082 0.2247 0.0166 —0.052 399,910
9 Gas-Releasing 0.2325 0.2263 0.2382 0.0119 —0.067 437,414
Reference Tracer Particle Blank 0.2437 0.2394 0.2477 0.0083 -0.31 359,985
L70 - p550 35 Gas-Releasing 0.2578 0.2461 0.2712 0.0251 0.598 420,665
: Blank 0.2535 0.2424 0.266 0.0236 0.617 358,999
5 Gas-Releasing 0.2583 0.2369 0.2819 0.045 0.331 377,261
Blank 0.2527 0.2337 0.273 0.0393 0.396 316,591
15 Gas-Releasing 0.2492 0.2332 0.2708 0.0376 0.426 697,422
Blank 0.2577 0.252 0.2636 0.0116 0.269 361,733
2 Gas-Releasing 0.2606 0.2529 0.2682 0.0153 0.064 574,660
Larger Tracer Particle Blank 0.273 0.2679 0.2787 0.0108 0.588 362,460
L115 - p550 35 Gas-Releasing 0.2791 0.2605 0.3008 0.0404 0.712 699,452
: Blank 0.27 0.2511 0.2903 0.0392 0.396 360,014
5 Gas-Releasing 0.2819 0.265 0.301 0.036 0.633 390,236
Blank 0.2791 0.2628 0.2959 0.0331 0.374 360,074
15 Gas-Releasing 0.0442 0.0345 0.0538 0.0192 2.594 330,956
: Blank 0.0511 0.0386 0.0636 0.025 0.9 332,886
9 Gas-Releasing 0.1567 0.1143 0.174 0.0596 -0.8 277,425
Heavier Tracer Particle Blank 0.0881 0.0599 0.1381 0.0782 0.398 243,766
L67 - p1500 35 Gas-Releasing 0.1253 0.0771 0.1737 0.0966 0.121 296,820
: Blank 0.0945 0.0592 0.15 0.0909 0.467 370,210
5 Gas-Releasing 0.1528 0.0972 0.1966 0.0995 —0.061 316,287
Blank 0.1456 0.0913 0.1902 0.0989 0.024 363,532

Fig. 9 reports the average value and standard deviation of the distribution of lateral dispersion coefficients calculated for each condition, directly
comparing gas-releasing to their blank counterparts. In virtue of the fact that some distributions exhibit some degree of skewness, Fig. A.2 reports the
median of each case (applied to the same populations of Fig. 9). For most conditions, the two summaries are in close agreement, and the gas-releasing
versus blank counterpart trend is preserved; the only condition where the mean and median differ noticeably is the Reference tracer (L70-p550) at up/
Unpf = 3.5, where the right-skewed tail of the distribution shifts the mean above the median. In spite of this, the conclusions drawn in the discussion
remain unaffected.
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Fig. A.2. Distributions of the lateral dispersion coefficient for the three tracer classes at up/umf = 2, 3.5, and 5, shown as boxplots for the blank and gas-releasing
modes (side by side) (Complementary to Fig. 9 in the main text). Each box shows the median, Q1, and Q3; whiskers extend to the minimum and maximum data
points within 1.5 x IQR, and points beyond are plotted individually as outliers. The population size (corresponding to the number of qualifying displacement events)
per condition is annotated for each box.

The full distributions of lateral dispersion coefficients grouped by CO; release rate are presented in Fig. A.3, elaborating on the mean values
presented in Fig. 9 and Fig. A.2. No consistent trend is observed between the CO; release rates and the dispersion coefficient. The sample counts (n),
however, reflect a notable asymmetry: higher release rates (> 20 x 10~® m®/s) occur only briefly (consistent with Fig. 3) but generate many qualifying
displacement events due to high tracer mobility. In contrast, lower release rates span longer periods yet yield fewer valid values as tracer mobility
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diminishes. Thus, it can be said that the higher release rates are the main responsible for the trends observed in Fig. 9 and Fig. A.2. The blank tracer,
measured over a significantly longer periods than any gas-releasing condition, correspondingly shows the largest sample counts at 0 m>/s.”
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Fig. A.3. Lateral dispersion coefficients as a function of the CO; release rate and presented as distributions for the three tracer types at different fluidization velocities
(up/up). The blank tracer dispersion coefficient is shown at 0 m>/s. Boxes represent the interquartile range (IQR), the horizontal line within each box denotes the
median, and whiskers extend to the most extreme non-outlier values within 0.75 x IQR from Q1 and Q3. Transparent markers show the distribution of individual
dispersion events.
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